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Abstract

:

Alpha-1 antitrypsin deficiency (AATD) is a genetic disorder characterized by the insufficient production of the AAT protein. Due to availability limitations, not all AATD patients receive protein therapy treatment. In this study, the technoeconomic analysis of different processes (conventional and intensified) producing 200 kg/year of PEGylated recombinant AAT (PEG-AAT) using a Chinese hamster ovary cell line was investigated. All bioprocesses consist of upstream, downstream, and PEGylation sections. A base-case model (process A) of the conventional fed-batch production bioreactor was developed using SuperPro Designer software (Version 13) to evaluate the economic feasibility of the process. The cost of goods (COG) was estimated to be approximately USD 387.6/g. Furthermore, an intensified process (B) was modeled and evaluated to reduce the COG. Process intensification was implemented in the process (N-1 perfusion bioreactor). The specific operating COG for process B was found to be 10% less than that of process A. Scenario analysis was performed to assess the impact of process capacity (100–1000 kg/year) and cell-specific productivity (30–90 pg/cell/day). With an increase in process capacity, the specific operating COG was reduced for all processes. Increasing cell-specific productivity decreases the specific operating COG at different rates for each process, depending on the titer level. Future investigations into the PEGylation section are required since it has the highest COG of all the sections.
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1. Introduction


Alpha antitrypsin is a well-known member of the serine protease inhibitor (SERPIN) superfamily. Its primary function is to protect tissue from serine proteases released during inflammation, including neutrophil elastase and proteinase 3 [1]. Moreover, it has the ability to neutralize other proteases like cysteine proteinases and metalloproteases [2]. AAT protein is produced and secreted into the serum by hepatocytes with a mean concentration of 1–2 g/L. Its mature form consists of nine alpha helices, three beta sheets, and a reactive canter loop (RCL), which form the initial interaction with the target protease during inhibition [3,4]. AAT consists of 394 amino acid residues (~52 kDa), of which three N-glycosylation sites are located at positions Asn-46, Asn-83, and Asn-247. The total carbohydrate mass is roughly 15% that of the mature protein [5]. Strongly affected by glycosylation, the serum half-life of AAT protein is 4–5 days [6].



As a key player in the protease–antiprotease balance in the lung, AAT protein is the chief antiprotease ensuring lung homeostasis. If this balance is disturbed, an excess of protease causes inflammatory damage in the lung tissue, as seen in a number of viral infection diseases [7,8]. Furthermore, this imbalance involves the progression of a number of chronic diseases, such as chronic obstructive pulmonary disease (COPD) and emphysema [9]. On the genetic level, AATD is one of the major causes of COPD [10]. AATD is caused by point mutations in the amino acid sequence of mature alpha antitrypsin protein, resulting in lower circulating alpha antitrypsin in serum. The most clinically relevant mutants are S (E264V) and Z (E342K). The names of these mutants are associated with their mobility in isoelectric focusing: S is slow and Z is very slow relative to normal AAT [11,12]. The serum AAT level associated with milder AATD genotypes ranges from 1–1.8 g/L to 0.45–0.8 g/L, depending on the AATD genotype [13].



Homozygotes for the Z allele corresponding to patients with a serum level of AAT at about 10% of the normal serum level are the most severe forms of AATD [14]. This level is below the threshold needed for protection of 11 μM [15]. In order to determine the magnitude and distribution of AATD, several publications have estimated the prevalence of PiZ allele mutation and PiZZ homozygous mutation worldwide. For example, Blanco et al. estimated that there are roughly 250,000 patients with the PiZZ homozygous mutation worldwide, half of whom are in Europe [16]. Thus, developing therapeutics for AATD is a necessity and an unmet need.



Different therapeutic approaches for the treatment of lung and liver diseases associated with AATD have been proposed in the literature, as summarized by McElvaney et al. [17]. Augmentation with plasma-derived authentic AAT remains the only approved treatment for AATD-related lung disease. The management protocol for the disease currently consists of life-long augmentation therapy with weekly infusions of 60 mg AAT/kg body weight [18,19,20]. Although authentic human AAT has been purified to a great extent from human plasma and Cohn fraction IV [2], limited resources for authentic human AAT from plasma or its derivates make this process unsustainable. For example, in the U.S., only 5000 severely deficient patients out of an estimated 60,000 PiZZ carriers receive a weekly dose based on the required amount mentioned earlier [5,16]. Thus, the development of recombinant-form AAT not only helps to expand the number of severely deficient recipients receiving treatments but also helps to reduce the risk of blood-prone pathogen transmission and lower production costs [18].



Immortalized Chinese hamster ovary cells (CHO cells) represent an attractive tool for the production of the vast majority of recombinant protein therapeutics (~70%), including monoclonal antibodies [21]. Recombinant AAT is no exception, as CHO cells are capable of producing recombinant AAT at high titers [22]. Moreover, the ability to engineer cell lines or the protein to have superior properties compared to authentic human AAT makes the production platform attractive [23,24,25]. Traditionally, production bioreactors are operated in fed-batch mode due to their operational simplicity, high product yield, and reproducibility and scalability [26,27]. Nonetheless, fed-batch production processes require large-volume bioreactors to meet demand. To meet biopharmaceutical protein demand, process intensification stands as a tool to reduce the footprint, decrease the capital cost, and improve productivity. As described by Chen et al., it stands for a collection of efforts to increase the volumetric productivity of the bioprocess by either increasing cell-specific productivity, increasing viable cell density, or decreasing the non-productive stages of the culture through the combined effects of media optimization, cell engineering, or increasing seed cell density [28]. For example, Xu et al. showed an increase in product titer and an order-of-magnitude decrease in COG for monoclonal antibody products when comparing conventional processes relative to hybrid intensified processes that involved process intensification at the seed culture step (N-1) and the continuous downstream process [29,30]. Müller et al. showed that N-1 perfusion used as an upstream process intensification approach to feed a high-seed fed-batch bioreactor was able to increase volumetric productivity by a two-fold increase due to a 50% increase in protein titer and by shortening the process from 14 days to only 10 days [31]. Therefore, process intensification is a valuable approach to reducing the bioreactor’s size and enhancing the economic metrics of the bioprocess (total capital cost (CAPEX, USD), the annual operating cost (OPEX, USD/year), and the unit production cost (cost of goods (COG), USD/g), as demonstrated in recent bioprocess technoeconomic modeling articles [32,33,34,35].



One of the inherited limitations of CHO cell culture is the sialylation extent of the N-glycans of recombinant proteins, which is known to have a beneficial effect on the half-life of therapeutic proteins [36,37]. For example, Raymond et al. reported that the synergic effect of Fc mutation (F243A) and co-expression of β 1,4-galactosyltransferase 1 and α2,6-sialytransferase 1 was necessary to boost the percentage of sialylated N-glycans in the Fc region of humanized trastuzumab. The percentage changed from <1% for the wild-type case with no co-expression of glycosyltransferases to greater than 75% upon Fc mutation and the co-expression of glycosyltransferases [38]. One of the technologies to increase the protein half-life is PEGylation, which is a covalent conjugation of polyethylene glycol polymer to amino acid residues, causing the protein to have improved physiochemical properties as well as an increase in size and retention in the body [39]. It is a widely used therapeutic approach; there are more than 25 FDA-approved PEGylated recombinant protein drugs on the market [40]. Although random PEGylation (covalent attachment to lysine residue) is the route to producing PEGylated protein therapeutics for most approved drugs, random PEGylation suffers from creating PEGmers (monoPEGylated, diPEGyalted, and triPEGylated species). Moreover, producing positional isomers is possible due to the different reactivities of lysine residues, leading to pharmacologic, toxicologic, and immunogenic activities [41]. On the other hand, site-specific PEGylation is more desirable in order to avoid creating multiple PEGmers [42]. Since cysteine accounts for roughly 1% of the amino acid residues in proteins, it represents an attractive option for bioconjugation, especially if the proteins have free cysteine, which is not involved in disulfide bond formation [43]. Since alpha antitrypsin has a single cysteine, it is an ideal bioconjugation site for PEGylation, as shown by different research groups using either authentic human AAT or recombinant forms of AAT [44,45,46].



This article presents a technoeconomic simulation model of a hypothetical plant facility aiming at producing PEGylated recombinant AAT protein. The process is divided into three sections: the upstream section, the downstream section, and the PEGylation section. A process simulation using SuperPro Designer software (Version 13) was developed and run to perform a manufacturing cost analysis for the base case process (process A), aiming at a production level of 200 kg PEGylated AAT/year. The total capital cost (CAPEX, USD) and the annual operating cost (OPEX, USD/year) that includes facility-dependent cost, material and consumables cost, labor cost, and unit production cost (cost of goods (COG) USD/g) were analyzed. Moreover, an alternative intensified process (process B) that uses elements of process intensification at the seed culture step (N-1) to increase seed cell density in the production bioreactor was constructed and compared to the conventional process in terms of CAPEX, OPEX, and COG. Furthermore, alternative facilities were simulated by varying the production titer (i.e., varying cell-specific productivity) and production capacity at a fixed production titer for each process. The COG of each alternative bioprocess was compared to the base case with respect to its constituents (i.e., facility-dependent cost, material and consumables cost, and labor cost). To the knowledge of the authors, no previous study has discussed the technoeconomic modeling of intensified processes aiming to produce PEGylated recombinant protein.



Although hypothetical, the simulated facility is based on generally accepted bioprocess engineering design principles or parameters that are related to AAT. For example, in the upstream section, the cell-specific productivity is based on Chin et al., who showed that AAT productivity could go as high as 90 pg/cell/day using selection stringency on expression vectors for the production of AAT [22]. A cell productivity of 30 pg/cell/day was assumed. Furthermore, the doubling time was in the range of 30–45 h. Growth rates of 0.37 day−1 (doubling time 45 h) were assumed in the production bioreactor in the conventional process A, while a lower growth rate of 0.2 day−1 was assumed in the intensified process B, which is a consequence of high cell seed density [30,47,48]. Moreover, the feeding rate in the production bioreactor and the perfusion rate in the perfusion bioreactor, as well as the starting seed density of conventional and intensified bioprocesses, are within the general design parameters of CHO-based bioprocesses [29,30,48]. Furthermore, the selection of capture affinity chromatography [49] and orthogonal chromatography polishing steps to remove impurities such as host DNA and residual host cell proteins (HCP) related to AAT is widely used and resembles a conventional downstream step in bioprocesses [50,51]. The choice of appropriate buffers used in cyclic operations of different chromatography unit operations is based on the literature. Additionally, filtrate flux in tangential flow filtration unit operations applied for diafiltration or concentrating protein solution is selected based on manufacturing instructions [52]. Finally, the operating conditions in the PEGylation reactor (i.e., reaction buffer’s pH and temperature), the kinetic parameters constants used to evaluate the time to achieve a specific yield of PEG-AAT, and the operating conditions of chromatography unit operation to separate PEG-AAT from AAT were extracted from the literature [44,53].




2. Materials and Methods


2.1. Process Description


Traditionally, biopharmaceutical manufacturing for protein therapeutics contains the following sections: the upstream process, which includes inoculation, media preparation, seed culture expansion, and protein production; and the downstream process, which includes clarification, primary capture, and polishing. However, in our process, an extra section, protein PEGylation, is introduced. Inoculation is applied to the scale-up cell culture. Usually, it takes place in a series: shake flask, wave bioreactor, and stirred seed culture bioreactor (stainless steel or single-use). The production bioreactor begins with a certain viability and density from the seed train. The bioreactor runs at 36.5 °C with a dissolved oxygen level of 40%.



Two different processes were modeled that share the same downstream processing and PEGylation sections. They differ in upstream processes (conventional and intensified). In the conventional process (process A), seed expansion occurs in a series of Erlenmeyer flasks, wave bioreactors (50 L and 200 L), and seed N-1 single-use bioreactors (500 L). The wave bioreactors, N-1 seed bioreactors, and N-production bioreactors are associated with auxiliary equipment to prepare, filter, and sterilize the media. Moreover, air filters are modeled to be used in conjunction with N-1 seed bioreactors and N-bioreactors. The final cell density after the N-1 bioreactor is 4.0 × 106 cells/mL, and the expansion duration is roughly 17 days from the shake flasks to the N-1 seed bioreactor, based on a growth rate of 0.62 day−1. A seed inoculum density of 0.2 × 106 cells/mL is assumed. The capacity of the production bioreactor is 2000 L, with a 62% initial capacity. The cells are allowed to grow to reach a viable cell density of 1.8 × 106 cells/mL before being fed a solution of concentrated glucose and amino acids. In our process (process A), feeding was conducted daily with a 3% preceding volume present in the vessel for a total duration of 14 days, where the final cell density reached 5.1 × 106 cells/mL. The production bioreactor was modeled by having four different phases during the production, namely, the batch exponential phase, the exponential phase with feeding, the stationary phase, and the death phase. Cell-specific productivity was assumed at 30 pg/cell/day based on the number of Chin et al. [22] in order to solve the ordinary differential equations of the production N-bioreactor, as shown in the Supplementary Information (Equations (S1)–(S21); a more detailed explanation is included in Section 2.4), and the titer level was calculated. The main assumptions of the N-bioreactor are shown in Table S1. The titer level was calculated at a level of 1.5 g/L. Based on the annual production capacity of 200 kg PEG-AAT/year and the AAT protein titer of 1.5 g/L, four N-production bioreactors (V = 2000 L) were modeled. Based on the model, the amount of AAT protein per batch is 9.6 kg, and the total number of batches is 21/year.



The downstream process started with a centrifuge to remove the cell biomass from the supernatant. The supernatant, which contained the primary target protein (AAT) and HCP, was filtered to protect the primary capture affinity resin. The filtered supernatant was sent to the primary capture step, which was selectively bound to the AAT protein [49,54]. Based on the supplier’s information, the resin capacity is 10 g AAT/L resin. Due to the limited binding capacity and large amount of supernatant after filtration (V = 7570 L), the column ran in multiple cycles (resin volume was 500 L, which means that the number of cycles was 3, assuming a linear velocity of 150 cm/h). Phosphate-buffered saline was used as an equilibration buffer and wash buffer to remove the non-bound proteins from the resin after loading the sample. The elution buffer was a concentrated 2 M MgCl2 solution that disturbed the binding of the AAT and the ligand. The protein yield from this operation was assumed to be 90% based on the loss of proteins during capture affinity chromatography. The following step was diafiltration, where the protein solution was concentrated (2-fold), and excess salt used in protein elution was removed using tangential flow filtration. The tangential flow filtration was modeled, assuming it was operated at a flux of 50 L/m2/h. Multiple diafiltration volumes (15) of phosphate buffer were passed to exchange the buffer for phosphate buffer. Diafiltration was followed by viral inactivation (solvent/detergent rather than low pH [55,56,57]) by holding the purified protein solution in a storage tank. Polishing steps (anion exchange chromatography and hydrophobic interaction chromatography) were used to remove residual impurities such as HCP and DNA [50,58], and they were used in the downstream processing of human authentic and recombinant AAT [51,59]. Q-Sepharose (V = 90 L) was used as the anion exchanger in the B/E mode and was used primarily to remove DNA and HCP. Assuming a linear velocity of 150 cm/h, the number of cycles per batch was 2. The following polishing step was the HIC membrane adsorber in run in flow-through mode. The collected pure AAT fractions from the anion exchanger were mixed with ammonium sulfate to reach a concentration of 0.8 M. This concentration was assumed based on the work of Fan et al. in order to decrease the hydrophobicity of the AAT and prevent its binding to the membrane adsorber [51]. Diafiltration to exchange the protein’s buffer was employed (flux = 50 L/m2/h) to concentrate the pure collected AAT and to exchange the buffer into saline phosphate buffer by passing the 15 diafiltration volume. The resulting pure AAT protein solution was set at a concentration of 50 g/L in appropriate conditions (alkaline saline buffer) for the PEGylation reaction section. The overall yield of the downstream processing was 77%, which is close to alpha antitrypsin purification yields obtained using immunosorbents [60].



The PEGylation reaction section consisted of a reactor vessel and a TFF diafiltration step to prepare the solution for subsequent ion exchange chromatography. A second diafiltration step was used to change the buffer and concentrate the derivative PEGylated AAT protein. Based on the findings of Liu et al. [44], the yield of PEGylated AAT protein was 66% when the reaction was run for 60 min at pH 7, and the initial molar ratio of PEG/AAT was 4:1. A theoretical yield of 100% was not achievable, as PEG-maleimide is known for being susceptible to hydrolysis in aqueous buffers [61]. The initial concentration of AAT was 20 g/L after diluting the pure AAT sample from the downstream section with reaction buffer (alkaline phosphate saline buffer), while the initial molar concentration of PEG/AAT was 10:1. Based on the deactivation constant of the PEG-maleimide reagent [53], a 92% yield was estimated, as shown in the Supporting Information, by solving the ordinary differential equation for the batch reactor (Equations (S22) and (S23) after allowing the reaction to proceed for 90 min). The reaction mixture was sent to a diafiltration (TFF) unit to lower the salt for subsequent chromatography unit operation anion exchange chromatography (Q-Sepharose). Similar to the earlier TTF unit operations, a 50 L/m2/h flux was assumed. The stream after the PEGylation batch reactor was concentrated 2-fold, and 10 diafiltration volumes were passed. Anion exchange chromatography was modeled as a subsequent unit operation to purify PEG-AAT in B/E mode, which resulted in a yield of 88%. Finally, the pure PEG-AAT was concentrated, and the buffer was exchanged for phosphate-buffered saline by operating at a flux of 50 L/m2/h. The resulting PEG-AAT concentration was 15 g/L, with purity exceeding 99%.



Regarding the intensified process, process B was assumed to have an inoculum density of 8 × 106 cells/mL in the N-bioreactor. In order to reach such a high cell density, the N-1 perfusion bioreactor was assumed to run at a perfusion rate of 0.04 nL/cell/day to increase the seed biomass from 5.0 × 106 to 84 × 106 cells/mL after 7 days of operation. A similar operational procedure and cell-specific productivity (30 pg/cell/day) were assumed in the N-bioreactor in the intensified process. Based on the assumptions listed in Table S1 and with the aid of ordinary differential equations of the production bioreactor (Equations (S1)–(S21)), the titer level was calculated at a level of 3.5 g/L.



The volumes of the N-1 and N-production bioreactors were adjusted so that the amount of AAT protein produced per batch and, thus, the annual production level of PEG-AAT stayed the same across both processes. For example, process B had two N-1 200 L seed wave bioreactors and two 2000 L N-production bioreactors. On the other hand, process A had a single 500 L N-1 seed bioreactor and four 2000 L production N-bioreactors. Altogether, the production level of AAT per batch stayed at a level of 9.6 kg per batch, and all processes were scheduled to have 21 batches annually to produce the 200 kg PEG-AAT. The downstream and PEGylation sections of the intensified process B were mostly the same compared to those of conventional process A, except for the duration of the centrifuge and capture chromatography, which depend on the volume of the production N-bioreactor. Nonetheless, the duration difference has a negligible effect on the total annual number of batches.



The yield of the downstream and PEGylation sections is summarized in Table S2. Figure 1, Figure 2 and Figure 3 provide the process operation for process A in the upstream, downstream, and PEGylation sections, respectively. On the other hand, Figure S1 provides the upstream process operation for process B.




2.2. Economic Analysis and Process Simulation


The production expenditure consists of the total capital cost (CAPEX) and total annual operating cost (OPEX), which are similar to what is reported in the literature [33,34]. CAPEX and OPEX determine COG, which is defined as shown in Equation (1).


  C O G     USD   g     =     C A P E X   Y e a r s   o f   O p e r a t i o n       USD   year     + O P E X     USD   year       A n n u a l   P r o d u c t i o n (   g   year   )    



(1)







The selling price of the derivative PEG-AAT was assumed to be 500 USD/g, which is similar to the price of different authentic human AAT formulations, as reported by McNulty et al. [5]. All process simulations were performed using SuperPro Design Version 13 (Intelligen Inc., Freehold, NJ, USA), where different tasks can be set in a sequence for each unit operation. The software is capable of providing equipment occupancy charts and Gantt charts, among other features, after solving the material and energy balances of the process. Furthermore, economic analysis, such as an analysis of COG, can be performed. Equipment occupancy and Gantt charts for process A are shown in Figures S2 and S3, respectively. On the other hand, the equipment occupancy and Gantt charts for process B are shown in Figures S4 and S5, respectively.




2.3. Scenario Analysis


In order to investigate the impact of changing several process parameters on the process economics for all three processes, a scenario analysis was performed. In our model, the capacity of the plant for the two processes varied from 100 kg/year up to 1000 kg/year (the base case is 200 kg/year). Furthermore, cell-specific productivity was varied for each process from 30 pg/cell/day up to 90 pg/cell/day [22]. The COG was calculated and compared to the base case.




2.4. Bioreactors Mathematical Model


Each phase in the fed-batch operated production bioreactor was modeled to estimate the cell biomass and AAT protein concentration (batch phase: Equations (S1)–(S4), fed-batch: (S5)–(S12), stationary phase: (S13)–(S16), and death phase: (S17)–(S21)). In the batch phase, the volume of the media is assumed to be constant, and the biomass concentration increases exponentially over time, as shown in (S2). Making protein mass balance in the bioreactor enables solving for the increase in product mass over the batch period, as shown in (S4).     X   0   ,   V   0   ,   q   p   , μ , X ,   and   ∆ m   represent the seed cell density (cell/mL), the initial volume (L), cell-specific productivity (pg/cell/day), growth rate (day−1), cell biomass as a function of time (cell/mL), and the product mass (kg), respectively. In the fed-batch phase, feeding is assumed to happen on a daily basis, with feeding assumed to occur at a percentage of the preceding volume present in the vessel (b). Based on this feeding program, the volume increase can be calculated as a function of time, as shown in (S7). Subsequently, the biomass growth and product mass increase in the bioreactor can be found as shown in (S10) and (S12), respectively.   F ,   V ,   and   b   represent the flow rate in the vessel (L/day), the volume as a function of time (L), and the percentage of feeding flow relative to the preceding volume in the bioreactor (−), respectively. In the stationary phase, the biomass cell concentration is assumed to be constant and reach maximum cell density (S13), and the product mass concentration is calculated as in the preceding phase. In the death phase, the death constant (kd; day−1) is assumed for each process and used to estimate the decline in the biomass, as shown in (S19). The product mass is calculated, as shown in (S21).



As for the PEGylation reactor, the kinetics of conjugation are assumed to follow elementary kinetics, as shown in (S22), where   k ,   C   A A T     , C   P E G     represent the rate constant (L/mol/h), the concentration of AAT (M), and the concentration of PEG- maleimide reagent, respectively. Since the PEG-maleimide reagent is susceptible to deactivation in aqueous conditions, the kinetics of decreased concentration of PEG-maleimide reagent in the reactor are affected by both first-order deactivation and elementary conjugation, represented by     k   d     (h−1), and conjugation reaction, represented by   k   (L/mol/h).





3. Results and Discussion


3.1. Economic Analysis


As described by Müller et al., process intensification is a key trend in biopharmaceutical manufacturing that aims to increase process efficiency and lower COG with different approaches that can be utilized in upstream or downstream components of the bioprocess [31]. This is a concept that is based on step-change improvements in technology, resulting in an increase not only in productivity but also in footprint and economic metrics (i.e., CAPEX and OPEX) [62]. Economic metrics of processes are measured using “technoeconomic analysis”, which is an analysis that aims to provide a combination of process simulations and cash flow analysis to estimate mass/energy balance and economic metrics of processes that can be used to check the viability of processes before commercialization [63,64]. Principles of process intensification have been applied to biopharmaceutical bioprocesses, and the economic metrics have greatly improved [33,35,65].



This article describes the process of intensifying the PEGylated recombinant AAT protein. As mentioned in the process description section (Section 2.1), two processes were modeled (process A: conventional process; process B: intensified process). Each process has three sections: the upstream, downstream, and PEGylation sections. Process intensification was applied to the upstream part, while the downstream and PEGylation sections were kept the same for both processes. Conventional process A has a conventional fed-batch N-production bioreaction that starts with a seed inoculum of 0.2 ×106 cells/mL. Process intensification was applied to process B by having step changes in the N-1 seed bioreactor and N-production bioreactors, resulting in a much higher seed inoculum density (i.e., 8 ×106 cells/mL). In order to support the high cell seed density of the production bioreactor, changes were assumed in the N-1 bioreactor’s operation mode (i.e., perfusion bioreactor).



At first, a comparison of the cost evaluation of all three processes was performed for a base case annual production of 200 kg/year with a selling price of USD 500/g. The analysis indicates that the CAPEX of process A is estimated at USD 100 million, while for process B, the CAPEX was estimated to be USD 86 million, which represents a 14% reduction in this category. The OPEX for process A was estimated to be USD 79 million/year, while the OPEX for process B was estimated to be USD 72 million/year, which represents a drop of 9%. The total COGs of processes A and B were calculated to be USD 420.5/g and USD 378.3/g, of which the operating COGs were USD 387.6/g and USD 350.4/g, respectively. Under the assumptions of 15 years and a 7% interest rate, the net present value difference between intensified process B and conventional process A is USD 38 million. Our results are in agreement with the savings in COG reported when using N-1 perfusion as a means for process intensification for monoclonal antibody production [66].



Different approaches to process intensification in the upstream bioprocessing part, such as N-1 perfusion followed by a high-inoculation fed-batch, high-seed fed-batch production, and concentrated fed-batch production, have been utilized as means of process intensification [67]. Process intensification in the upstream section helps to increase the final titer or time savings per run, thus increasing the manufacturing capacity [68]. For example, Yang et al. showed that increasing the inoculum seed cell density from 0.4 × 106 to 10 × 106 cells/mL lowers the duration to achieve a 5 g/L titer from 17 days to only 12 days [69]. Furthermore, Stepper et al. showed that an intensified ultrahigh seed cell density fed-batch (seed density is 10 × 106 cell/mL) was able to achieve a titer at roughly half the duration of a conventional fed-batch process inoculated with 0.7 × 106 cells/mL [70]. Moreover, Schulze et al. showed that increasing the seed cell density from 0.3 × 106 to 5 × 106 was capable of increasing volumetric productivity by 45% due to a decrease of 30% in the process duration and a 13% increase in the cell-specific productivity [71].



On a cellular level, the specific production of lactate and ammonium is reduced in an intensified (ultrahigh seed density) fed-batch relative to the conventional fed-batch process, as an intensified fed-batch is shifted to the late exponential phase initially compared to the early exponential phase indicated by the reduced specific glucose consumption rate [72,73]. However, metabolic activity for both processes converges as the culture moves through the stationary phase, as reported by Schulze et al. [71]. Xu et al. conducted process intensification by employing N-1 perfusion/enriched batch media and redesigning the basal/feed media in terms of amino acid content, glucose concentration, and osmolality for the production of four monoclonal antibodies. They found that upon media optimization, the titer increased for mAb2 due to having a higher viable cell density but with comparable cell-specific productivity, while the titer increase in mAb1 was a result of the increase in viable cell density and cell-specific productivity [29]. The existing studies show that process intensification is capable of increasing volumetric productivity by either increasing cell-specific productivity and viable cell density or by decreasing the less productive cell growth phase [28]. Increasing the viable seed cell density is achievable using the perfusion mode for N-1 bioreaction operation, as perfusion allows for the continuous addition of substrate and the removal of undesirable metabolites such as ammonium and lactate [74]. Moreover, cell-specific productivity can be modulated by adjusting concentrations of amino acids in the feed, supplementing cellular metabolites in the feed, or adjusting feeding strategies [75,76,77]. Since volumetric productivity is greatly enhanced in the intensified process (0.24 g AAT/L/day) relative to conventional process A (0.11 g AAT/L/day), a significant reduction in bioreactor size and seed expansion footprint shrinkage are observed. For example, process A has a single N-1 inoculation bioreactor and four N production bioreactors of 500 and 2000 L, respectively, whereas process B has two N-1 inoculation bioreactors (200 L) and two N production bioreactors (2000 L).



Figure 4 and Figure 5 help visualize the breakdown of CAPEX and OPEX per section. Figure 4 shows that the contribution of the upstream section to the overall CAPEX is reduced from 56% in conventional process A to 48% in intensified process B. This means that a reduction in the upstream CAPEX of 26% is attainable. A similar observation can be found in the contribution of the upstream section to the overall OPEX as it decreases from 28% (process A) to 21% in the intensified process B (Figure 5). Moreover, intensification results in an upstream OPEX reduction of 32% for the intensified process B when compared to conventional process A. The detailed operation of COG for the upstream section per category is shown in Figure 6. The facility-dependent cost follows the same trend as CAPEX because it is highly dependent on the equipment cost, as observed by Ding et al. [33]. It decreases from USD 48/g (process A) to approximately USD 35/g (process B). Furthermore, material costs are heavily reduced due to a reduction in bioreactor size from the conventional process A (USD 40.7/g) to the intensified process B (USD 19.0/g). The material cost in the upstream section is dominated by the media (basel/feed) used in the production of the N-bioreactor. There is significant shrinkage in the bioreactor sizes as the process intensifies, moving from process A to process B. For example, the scale of the N-1 inoculation bioreactor in conventional process A is 500 L, while the volume of the N-1 inoculation bioreactor in intensified process B is 200 L. Moreover, the number of production bioreactors differs between the conventional process A and the intensified process B. Two production bioreactors are used in the intensified process B (2000 L), while four production bioreactors, each with 2000 L, are needed in the conventional process A. Altogether, this means that less media is needed in the production of AAT, and thus, the material cost is significantly reduced upon process intensification. It should be mentioned that having an N-1 bioreactor operating in perfusion mode in process B results in a higher contribution of materials (USD 0.28/g) to the operating COG relative to process A (USD 0.03/g) due to the greater consumption of media in the N-1 bioreactor. In support of our findings, Xu et al. observed an 8-fold increase in media cost when comparing a perfusion culture relative to a fed-batch culture [47]. Moreover, the contribution of labor (USD 2.1/g) to the COG at the N-1 bioreactor step is higher than that of conventional process A (USD 1.1/g).



Although using perfusion mode in the production N-bioreactor is one strategy for achieving upstream intensification, a high seed cell density fed-batch N-production bioreactor was selected in our technoeconomic model despite the findings that a fully continuous bioprocess has a lower cost of goods than a conventional bioprocess platform [78]. The reason for this is that the savings in manufacturing costs are captured in continuous downstream processing relative to conventional downstream processing, as demonstrated by Klutz et al. However, the trend is reversed when comparing fed-batch operations to continuous bioreactor operations [79]. The researchers compared the cost assessments for two different bioprocesses and found that cost savings are higher in the continuous downstream section than in the conventional downstream section. Moreover, they compared the specific COG for the upstream section of a conventional fed-batch bioreactor to a continuous perfusion bioreactor across a wide range of cell-specific productivities. They found that cell-specific productivity affects COG significantly, and fed-batch fermentation is more cost-efficient than perfusion fermentation at the same level of cell-specific productivity. This observation is corroborated by others as well [80].



In order to understand the contribution of all unit operations to all sections in the cost of goods, waterfall diagrams were constructed for each process, showing the operating COG of each unit of operation according to its category (Figure 7 and Figure 8). Figure 7 shows the waterfall diagram of the operating COG for the conventional process A. The main operating cost contributors are the N-production bioreactor (upstream, USD 87.3/g), capture affinity column (downstream, USD 57.9/g), and PEGylation reactor (PEGylation section, USD 167.8/g). As the operating COG for the N-production bioreactor is dominated by facility-dependent and material costs, the capture affinity column is dominated by consumables due to the high cost of affinity resin (USD 22.4/g) and material cost driven by the high consumption rate of the buffers, which results from the operation in bind-and-elute mode (27.8 USD/g), in line with the findings of Klutz et al. [79] and Hummel et al. [81]. On the other hand, the operating cost of the PEGylation reactor is highly driven by the cost of the PEG-maleimide reagent, resulting in a specific cost of goods of USD 161.3/g. It is worth noting that the absolute cost of goods for different unit operations in the downstream and PEGylation sections remains the same in process B because these sections were unchanged (Figure 8). Accordingly, Figure 8 shows a greater contribution of the capture affinity column and the PEGylation reactor in the operating COG for the intensified process.



Protein PEGylation is one of the approaches to increasing the recombinant protein’s half-life and making it comparable with the authentic human protein. Human authentic AAT is extensively sialylated with either diantennary disialylated or triantennary trisialylated glycans at positions Asn-46, Asn-83, and Asn-247 [82], and it is responsible for its long half-life in plasma. As stated earlier, the incomplete sialylation of recombinant protein produced in CHO cell culture derives from the need to assess other means of achieving a long circulation half-life. In this model, a 20 kDa PEG-maleimide was used for AAT conjugation to have a half-life comparable to that of the authentic AAT, as shown by Cantin et al. [83]. Despite the major contribution of the PEGylation section driven by the cost of the PEG-maleimide reagent and having other alternative approaches used for half-life extension, such as Fc-fusion, site-specific PEGylation was used in our model. Deveuve et al. evaluated the kinetics of hinge region cleavage in different classes of human monoclonal antibodies. Matrix metalloproteinase was used as a pathophysiological protease model. They found that the IgG1 hinge region was cleaved within 15 min of incubation at a ratio of 10 µg proteinase/50 µg IgG1 [84]. Moreover, matrix metalloproteinase was found to be elevated in the serum of COPD patients [85], which may raise the issue of the degradation of the Fc part. Furthermore, PEG conjugation to AAT confers stability against matrix metalloproteinases, which have been reported to digest authentic AAT [45].




3.2. Scenario Analysis


3.2.1. Throughput Analysis


A scenario analysis was conducted to elucidate the technoeconomic impact of the varying performance parameters, including performance indicators (e.g., protein titer), critical quality attributes (e.g., product purity), and market parameters (e.g., yearly production level) [86]. Here, the influence of the yearly production level of PEG-AAT and the AAT titer in the N-production bioreactor was investigated based on the economics of the three processes.



A throughput analysis was used to evaluate the plant capacity effect on the economics of manufacturing PEG-AAT through a conventional process and intensified processes, as shown in Figure 9 and Figure 10. Figure 9 shows that the cost of goods of PEG-AAT decreases as the throughput increases from 100 kg/year to 1000 kg/year for all processes. As shown in the figure, the decrease is slightly more pronounced in the intensified process B than in the conventional process A. This can be explained by the fact that an increase in throughput causes a non-uniform decrease in the specific operating cost of goods in the following order: downstream > upstream > PEGylation. Since the specific operating cost of goods in the upstream section has a greater contribution to the total COG in conventional process A than in intensified process B (Figure 4 and Figure 5), the operating COG for process A is less sensitive to throughput increases than intensified process B. This happens as a result of increasing the contribution of the PEGylation section to the overall CAPEX and OPEX for the intensified process B. The capacity increase has little effect on the specific COG of the PEGylation section (Figure 10A), as this section is dominated by the specific cost of the materials that are not affected by the capacity increase. In our model, the unit prices of the materials were considered the same, as information about buying materials on different scales was not readily available.



On the other hand, a decrease in the specific operating COG for the upstream and downstream sections was observed for both processes. For example, the decrease ratios of the specific operating cost of goods in the upstream section were 17% and 21% for processes A and B, respectively, when the capacity was increased from 200 kg/year to 800 kg/year. Moreover, the decrease ratios of COG in the downstream section were 25% and 26% for processes A and B, respectively. Although the decreased ratio of the specific cost of goods of the upstream and downstream sections was around 20%, it did not cause a similar decrease in the total operating COG since the specific operating cost of goods for the PEGylation section became more dominant with an increase in the throughput. Figure 10B shows the detailed operating COG for all processes as a function of throughput increase. The specific cost of labor and consumables and the facility-dependent cost all decrease with a capacity increase. The specific labor cost is inversely proportional to the capacity increase as the total labor cost is fixed [33,34]. Furthermore, the specific cost of consumables decreases as well, as there are savings in filters in the upstream and downstream sections. Moreover, facility-dependent costs decrease with an increase in throughput. Facility-dependent costs are highly dependent on capital investment. CAPEX increases are not exactly as linearly correlated as throughput increases are. Hence, savings of 35–40% in specific facility-dependent costs are observed for both processes as throughput increases.




3.2.2. Upstream Titer


The upstream titer represents the concentration of recombinant parent AAT protein that is harvested from the bioreactor in each batch to be purified and PEGylated in the downstream and PEGylation sections, respectively. A sensitivity analysis was conducted by varying the cell-specific productivity for each process. The base-case cell-specific productivity of the conventional process A and the intensified processes B and C are mentioned in the process description section. Here, the cell-specific productivity was increased for all processes from the base case (30 pg/cell/day) to the maximum theoretical 90 pg/cell/day [22].



Figure 11 presents the COG as a function of titer for all processes, showing that the conventional process A is more sensitive to titer increases than the intensified process B. Distinct sensitivity trends of the specific cost of goods with protein titers can be visualized. At low titer, the sensitivity is the greatest. As the titer increases, the sensitivity decreases significantly.



It should be noted that the annual number of batches decreases for all processes as the production rate increases due to an increased batch time. The increase in batch time is due to the increase in the number of cyclic operations of chromatography columns in the downstream and PEGylation sections. For example, the number of cycles per batch of the capture affinity columns (process A) increases from 3 to 9 when the cell-specific productivity increases from the base case to the maximum theoretical 90 pg/cell/day due to the limited binding capacity of the resin.



To help visualize the reasons behind the decrease in the specific operating COG for process A, Figure 12A,B show the detailed operating COG across a wide range of cell-specific productivities per section of the process and per category for conventional process A. The cost of materials and consumables decreases with the increase in protein titer levels. In order to explain the decrease in the cost of materials and consumables in all sections of the process, a detailed explanation is helpful. In the upstream process, the use of materials and consumables (e.g., media and filters) is the same per batch. However, due to the decreased number of batches annually (i.e., larger batch size), the specific cost of materials and consumables in the upstream section decreases. On the other hand, fewer filters are used due to a decrease in the number of batches across the timeline of the facility operation with an increase in protein titer. Thus, the specific cost of consumables is reduced. It should be noted that the amount of capture affinity resin is roughly the same across different case scenarios of cell-specific productivities due to the same number of capture cycles annually. A similar observation can be made for the consumables in the PEGylation section as well, where their cost per batch increases with an increase in protein titer, but their specific cost decreases due to a smaller number of batches annually. Moreover, the cost of the PEG-maleimide reagent per batch increases with an increase in protein titer. However, the specific cost of the PEG-maleimide reagent decreases due to a lower batch number annually. Thus, the cost of PEGylation, dominated by the cost of materials, decreases with an increase in productivity.



The total and specific facility-dependent cost is relatively the same for the upstream and downstream parts of the process across different protein titer levels. It should be noted that due to an increase in protein titer per batch, a second PEGylation reactor is used to meet the annual target of 200 kg. Hence, an increase in annual facility-dependent cost is observed when the cell-specific productivity reaches 60 pg/cell/day and beyond. Nonetheless, the specific facility-dependent cost is 5-fold lower than the specific cost of materials in this section, which means that the specific COG for the PEGylation section decreases with an increase in protein titer.



Figure 13 shows a comparison of the specific cost per category as a function of cell-specific productivity for both processes. Although the facility-dependent cost decreases as the CAPEX decreases for the intensified process B (i.e., a higher contribution of materials and consumables to the operating cost), the reduction percentage rate of consumables/materials is lower than that of the conventional process A. For example, the decrease in specific costs of materials and consumables for the intensified process B is 27% and 32%, respectively, when qp is raised from 30 pg/cell/day to 90 pg/cell/day. On the other hand, the decreased percentages of the above-mentioned specific costs are 32% and 35% for conventional process A when qp is raised from 30 pg/cell/day to 90 pg/cell/day. This can be explained by the greater specific cost of these two categories in the conventional process A, as process B causes a significant reduction in the specific cost of consumables and materials in the upstream part of the process. It should be noted that when comparing the conventional process A and intensified process B at the same protein titer level (i.e., conventional process A qp = 70 pg/cell/day and 90 pg/cell/day vs. intensified process B qp = 30 pg/cell/day and 40 pg/cell/day), a lower operating cost of goods is observed in the conventional process A, which can be explained by the larger batch size and lower number of batches annually, which result in a lower specific cost of the materials and consumables in the conventional process A.






4. Conclusions


Process intensification results in improving the volumetric productivity of therapeutic proteins by either increasing the viable cell density in the production bioreactor, increasing the cell-specific productivity, or decreasing the non-productive phase in the production bioreactor. Here, a conventional process was designed to produce a PEGlyated biopharmaceutical protein (AAT), and it was compared to an intensified process (process B). Process B uses an N-1 perfusion bioreactor. This causes a 40-fold increase in the inoculum cell seed density in process B compared to the conventional process A. The titer levels were calculated based on the assumptions mentioned in Table S1 and found to increase by 230% in the intensified process B compared to conventional process A. The total COGs of both processes were compared, and significant reductions in both CAPEX and OPEX were observed, especially in the upstream part of the process. A reduced footprint causes a reduction in CAPEX upon process intensification when comparing the conventional process A to the intensified process B. Moreover, a reduction is observed in the specific OPEX component costs (e.g., facility-dependent, material, and consumable costs) upon process intensification. Due to the significantly reduced bioreactor scales in the intensified process B, this leads to a reduction in media consumption in the N-production bioreactor and air filter sizes. Thus, a reduction in specific material and consumable costs is observed upon intensification. A scenario analysis was performed by varying the plant capacity from 100 kg/year to 1000 kg/year and the cell-specific productivity from the base case to the maximum theoretical 90 pg/cell/day. As the capacity increased, the specific cost of consumables and facility-dependent costs were reduced in all processes. On the contrary, the specific cost of materials was not different for all processes across the range of capacity. However, as the titer increased, the percentage reduction in the specific operating cost of goods differed among the two processes. While the specific costs of materials, consumables, and labor were reduced in the conventional process A with the titer increase, the percentage reduction in the specific operating cost of goods in the intensified process B was lower.



For future studies, process intensification approaches will be applied in the downstream and PEGylation sections to further reduce the total specific operating cost of goods. Using the continuous downstream section as part of the hybrid process helps to further reduce the specific cost of consumables, materials, and facility-dependent costs in the downstream part. Furthermore, the process optimization of the PEGylation section is desired due to the high specific cost of materials in the PEGylation reactor.
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Figure 1. Process flow diagram of the upstream section of conventional process A. 
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Figure 2. Process flow diagram of the downstream section of conventional process A. 
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Figure 3. Process flow diagram of the PEGylation section of conventional process A. 
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Figure 4. Capital cost (CAPEX) breakdown for all three processes in different sections of (A) conventional process A and (B) intensified process B. 
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Figure 5. Operating cost expenditure (OPEX) breakdown for all three processes in different sections of (A) conventional process A and (B) intensified process B. 
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Figure 6. Detailed operating cost of goods for the upstream section per category for all three processes. 
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Figure 7. Waterfall diagram of the operating cost of goods for the conventional process A. 






Figure 7. Waterfall diagram of the operating cost of goods for the conventional process A.



[image: Processes 12 00979 g007]







[image: Processes 12 00979 g008] 





Figure 8. Waterfall diagram of the operating cost of goods for the intensified process B. 
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Figure 9. Overall throughput analysis comparing the operating-specific cost of goods for conventional process A and intensified process B. 
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Figure 10. (A) Comparisons of the operating cost of goods are drawn per process section and (B) per category across a wide range of plant capacities for each process. 
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Figure 11. Operating cost of goods analysis as a function of protein titer for conventional process A and intensified process B. 
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Figure 12. (A) Detailed breakdown of operating cost of goods for conventional process A per section and (B) category across a wide range of cell-specific productivities. 
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Figure 13. Comparison of operating-specific costs of goods per category between conventional process A and intensified process B. 
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