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Supporting Information 4 

Supplement to Chapter 2.2: Equations of two-dimensional model of a tube of a FT-reactor 5 

The rearrangement of the Eqs. (8) and (9) (see main text) lead to the following mass and heat 6 
balances (Eqs. (S1) and (S2)). 7 

Mass balances for component i  8 

(R1: formation of CH4; R2: formation of C2+-hydrocarbons): 9 𝑢  = −𝑐  + 𝜈 ,  𝑟 , , , + 𝜈 ,  𝑟 , , , 𝜌          (S1) 10 

 with  𝜈 , = −1; 𝜈 , = −3; 𝜈 , = 1; 𝜈 , = 1 11 

  𝜈 , = −1; 𝜈 , = −2; 𝜈 , = 0.13; 𝜈 , = 1 12 

Remark on the mass balance for the production of C2+-HCs: For a chain growth probability of 13 
FTS for C2+-HCs of 0.85 [3], 92 wt.-% of the C2+-HCs have C-numbers of 2 to 25, assumed to 14 
be completely in the gas phase (for the conditions of a total pressure of 30 bar and 230°C as 15 
mean reaction temperature). The average C-number of the gaseous C2+-HCs with 2 to 25 16 
carbon atoms, is about 8. Hence, each mol CO converted into C2+-HCs leads to 0.13 mol of 17 
C2+-HCs in the gas phase. 18 

Heat balance: 19 𝑢 =  − 𝑇 +    +      20 

 + (𝑟 , , , (−Δ 𝐻 ) +  𝑟 , , , (−Δ 𝐻 ))       (S2) 21 

Change of superficial gas velocity us in volume element dV and differential length dz: 22 

Ideal gas law leads to the differential change of the volume rate: 23 

 = (   ) =                                                           (S3) 24 

The differential change of us in axial direction, Eq. (S4), is the result of a) the decreasing total 25 
molar flow rate by the methanation and the FT reaction, Eq. (S5), b) the change of the (radial 26 
mean) temperature, Eq. (S6), and c) the pressure drop, Eq. (S8): 27 

  = (   ) =  +   + 𝑛  𝑅 𝑇 ( )                         (S4) 28 

a) The change of the total molar flow rate 𝑑𝑛  depends on the change (here decline) of 29 
the total number of moles present in the gas phase by the methanation reaction (Δ 𝜈 ) 30 
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and by the FT reaction (Δ 𝜈 ). This leads to the following equation for the change of the 31 
gas velocity due to both reaction: 32 

  , =  𝑝𝑡𝑜𝑡𝑎𝑙 =  Δ𝑅1𝜈𝑖  𝑟 , , , + Δ𝑅2𝜈𝑖  𝑟 , , ,      (S5) 33 

 with Δ 𝜈 =  −2 and Δ 𝜈 =  −1.87 34 

b) The change of gas velocity us in a differential axial segment Δz is calculated from the 35 
difference between the temperature in the differential segment (n) and the temperature in 36 
the previous differential segment (n-1): 37 

  , =   =     =   =   38 

  = , ( , , )        (S6) 39 

Whereby the radial mean temperature in the cylindrical tube (fixed bed) is given by: 40 

      𝑇 , =      ≈ 𝑇 𝑎𝑡 𝑟 = 0.7 𝑟                             (S7)  41 

c) Analogous to the temperature dependence, the change of us as a result of the change of 42 
total pressure is calculated from the difference between the pressure in the differential 43 
segment (n) and the pressure in the previous differential segment (n-1): 44 

     , = 𝑛  𝑅 𝑇 ( ) = 𝑐  𝐴 𝑢  𝑅 𝑇 ( ) = 𝑝 𝑢 ( )
  45 

 = 𝑝  𝑢 , , ,          (S8) 46 

For an axial segment n of the tubes (fixed bed) with length Δz the pressure drop Δpbed,n is 47 
given by the Ergun equation [8,15]: 48 ∆𝑝 , = 𝑝 , − 𝑝 , = 𝑓     𝑢 ,                                       (S9) 49 

𝑓 = ( )  3.5 +  ( ) ≈ 33 +   (for spherical particles and εp ≈ 0.4)  (S10) 50 

Determination of the radial heat transfer from the fixed bed to the boiling water cooling 51 

The boundary condition at the inner wall of the tubes (r = rt) with Tt,bed as temperature of the 52 
fixed bed directly at the wall before a temperature jump (because of αw,int) occurs, is: 53 𝜆    =  𝑘 (𝑇 − 𝑇 , )                                        (S11) 54 

The thermal transmittance (from inner wall of tube to boiling water), kd, is thereby:  55 

=  , + ,   (  , ) + ,,                                                      (S12) 56 
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The effective radial thermal conductivity in the fixed bed (Rep = us dp/νg; Pr =νg ρg cp/λg) is 57 
calculated by:4-6 58 𝜆 = 𝜆  4 +     ,                                             (S13) 59 

The heat transfer coefficient at the inner tube wall 𝛼 ,  can be calculated by [8,11,12] 60 𝛼 , =  4 1.3 + 5 , + 0.19 𝑅𝑒 𝑃𝑟                                          (S14) 61 

The heat transfer coefficient 𝛼  (external tube wall to boiling water; W m-2 s-1) with 𝑝 ,  in 62 

bar and 𝑞  in W m-2 is given by correlations based on literature data [8,12-14]:  63 𝑞 = 3780 − 48 𝑝 ,                                                 (S15) 64 

with 𝑝 , = exp [12.5595 − .( )] for 150°C < Tcool < 250°C (values listed in Tab. 7).   65 

     For 𝑞 < 𝑞  (convection boiling):  𝛼 = 150 𝑞 .                        (S16) 66 

     For 𝑞 > 𝑞   (nucleate boiling):  𝛼 = 2.03 𝑞 .  𝑝 ,.            (S17) 67 

A similar correlation as Eq. (S17) is given by Fritz [16], 𝛼 = 1.95 𝑞 .  𝑝 ,. , which 68 
only leads to slightly higher results of 𝛼  (deviation = 1 − 1.04 𝑞 .  < 15%) for heat 69 

fluxes relevant for FT synthesis (𝑞  < 10 kW m-2 s-1). 70 
The external heat transfer coefficient (including heat conduction through tube wall) 𝛼 ,  is: 71 

, =  ,   (   , ) + ,,   = 𝑅 , , = 𝑅 , + 𝑅 ,                (S18) 72 
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Supplements to Chapter 3.1 73 

 74 

 75 

 76 

 77 

 78 

Fig. S1:  Influence of superficial gas velocity on the heat transfer parameters λrad and αw,int 79 
(230°C, ptotal = 30 bar; 20% CO, 44% H2, 36% CH4). 80 

 81 

 82 

Fig. S2:  Axial profile of Reynolds number Rep in the tubes of a multi-tubular FT reactor 83 
(model M3) and values of λrad, αw,int, us, ptotal, and νg for two selected values of Rep. 84 
Conditions: Ca = 3; us, z = 0 (230°C, 30 bar) = 1 m/s; ptotal = 30 bar; XCO,total = 95%; SCH4 85 
= 20%; molar H2-to-CO ratio = 2.2; Tmax = 240°C.  86 

 87 
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 89 

 90 

 91 

 92 

Fig. S3: Profiles of thermal resistance of tube wall and external heat transfer to boiling water 93 
(Rth,ex,total), and individual contributions of wall (Rth,wall) and external heat transfer alone 94 
(Rth,H2O) as calculated by all models except M0, see Eq. (S18) (conditions in Fig. 1).  95 

Note that the overall thermal resistance, which also includes the heat transfer in the bed (Rbed 96 
≈ 0.25 dt,int/λrad) and at the internal wall (Rw,int = 1/αw,int), i.e. Roverall = Rbed + Rw,int + Rth,ex,total) is 97 
around 0.0022 m2 K W-1. Roverall is almost constant along the tubes and corresponds to an 98 
overall thermal transmittance of about 460 W m-1 K-1 (= 1/Roverall = 𝑞 𝑇 − 𝑇⁄ ) 99 
Hence, the contribution of Rth,ex,total to Roverall is only about 28% (Rbed: 41%; Rw,int: 31%), i.e. the 100 
thermal resistances related to the effective heat conduction in the fixed bed and to the 101 
convective heat transfer at the internal wall dominate the overall radial heat transfer, as also 102 
shown by a typical radial temperature profile depicted in Fig. S14.   103 
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Supplements to Chapter 3.2 104 

 105 
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 110 

 111 

 112 

Fig. S4:  Profiles of reaction rate in the center of a tube of a multi-tubular FT reactor for model 113 
3 (considering Δpbed and change/decline of total molar flow by FT reaction). For 114 
comparison, results of model M1 (without Δpbed and without ∆𝑛 , i.e. constant us, 115 
dashed lines) are also shown (Ca = 3; us, z = 0 (230°C, 30 bar) = 1 m/s; other conditions 116 
in Tab. 3). Horizontal lines represent mean values. 117 

 118 

 119 

 120 

 121 

 122 

 123 

 124 

 125 
 126 
Fig. S5:  Profiles of reaction rate in the center of a tube of a multi-tubular FT reactor for the 127 

model 3 (considering Δpbed and change of the total molar flow). Results for model 128 
M1 (without Δpbed and assuming constant us) are also shown (Ca = 2; us, z = 0 (230°C, 129 
30 bar) = 0.5 m/s; other conditions in Tab. 4). Horizontal lines represent mean 130 
values. For model M1, the gas velocity is constant and thus also the heat transfer 131 
parameters αw,int and λrad. For M3, αw,int declines along the tubes from 1025 to 877 132 
W m-2 K-1 and λrad from 4.4 to 3.4 W m-1 K-1, which intensifies the effect of declining 133 
gas velocity on deviation of axial profiles of temperature and effective reaction rate. 134 
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Supplements to Chapter 3.3 135 
 136 

 137 

 138 

 139 

 140 

 141 

 142 

 143 

Fig. S6: Profiles of reaction rate of CO conversion at r = 0 (center of tube) (top) and CO 144 
conversion (bottom) in an isothermal FT reactor for model M3 (considering Δpbed and 145 
change of the total molar flow rate, but not the inhibition by steam/water) and for 146 
model M4 (considering also inhibition by steam). Conditions: syngas with only H2 147 
and CO; Ca = 4; us, z = 0 (230°C, 30 bar) = 0.5 m/s; ptotal = 30 bar; SCH4 = 20%; molar 148 
H2-to-CO ratio = 2.2; 240°C). Inhibition by steam gets strong for z > 4 m, i.e. for a 149 
CO conversion above about 40%. 150 

 151 
 152 
 153 
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 173 

 174 
Fig. S7: Influence of CO conversion on the effective reaction rate at r = 0 (center of tube) 175 

(top) and steam content (bottom) in an isothermal FT reactor for model M3 176 
(considering Δpbed and change of total molar flow rate, but not inhibition by 177 
steam/water) and for model M4 (considering also inhibition by steam). Conditions: 178 
Syngas with only H2 and CO; Ca = 4; us, z = 0 (230°C, 30 bar) = 0.5 m/s; ptotal = 30 bar; 179 
SCH4 = 20%; molar H2-to-CO ratio = 2.2; T = 240°C = const. Inhibition by steam gets 180 
strong for a CO conversion above about 40%, which corresponds to a volumetric 181 
steam content of 18% (about 5 bar). 182 

 183 

 184 

 185 
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Supplements to Chapter 3.4 186 

 187 

 188 

 189 
 190 
 191 
 192 
 193 
 194 
Fig. S8:  Influence of initial superficial gas velocity us, z = 0 (at 230°C and 30 bar) on axial profile 195 

of total pressure in the tubes of a multi-tubular FT reactor (model M4; Ca = 3; ptotal = 196 
30 bar; XCO,total = 95%; SCH4 = 20%; H2-to-CO ratio = 2.2; Tmax = 240°C). 197 

 198 

 199 

 200 

 201 

 202 
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 204 

 205 

 206 

Fig. S9:  Influence of initial superficial gas velocity us, z = 0 (at 230°C and 30 bar) on axial profile 207 
of rate of heat removal from fixed bed to boiling water in the tubes of a cooled multi-208 
tubular FT reactor. Tcool is 213°C for us,z = 0 of 0.5 m/s, 223°C (1 m/s), and 227°C (1.5 209 
m/s). Conditions: model M4; Ca = 3; ptotal = 30 bar; XCO,total = 95%; SCH4 = 20%; molar 210 
H2-to-CO ratio = 2.2; Tmax = 240°C. 211 

 212 
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 214 
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 218 

 219 

 220 

 221 
 222 
Fig. S10:  Influence of initial superficial gas velocity us, z = 0 (230°C, 30 bar) on axial profile of 223 

heat transfer coefficient from tube to boiling water (αw,ex) in the tubes of a cooled 224 
multi-tubular FT reactor (model M4; Ca = 3; ptotal = 30 bar; XCO,total = 95%; SCH4 = 225 
20%; molar H2-to-CO ratio = 2.2; Tmax = 240°C). 226 

 227 

 228 

 229 

 230 

 231 

 232 

 233 

 234 

 235 
 236 

Fig. S11:  Influence of initial superficial gas velocity us, z = 0 (at 230°C and 30 bar) on axial 237 
profile of heat transfer coefficient from fixed bed to internal tube wall (αw,int) in the 238 
tubes of a cooled multi-tubular FT reactor (model M4; Ca = 3; ptotal = 30 bar; XCO,total 239 
= 95%; SCH4 = 20%; molar H2-to-CO ratio = 2.2; Tmax = 240°C). 240 
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 242 

 243 

 244 

 245 

 246 

 247 

 248 

 249 
 250 

Fig. S12:  Influence of initial superficial gas velocity us, z = 0 (at 230°C and 30 bar) on axial 251 
profile of effective radial thermal conductivity (λrad) in the fixed bed of the tubes of 252 
a cooled multi-tubular FT reactor (model M4; Ca = 3; ptotal = 30 bar; XCO,total = 95%; 253 
SCH4 = 20%; molar H2-to-CO ratio = 2.2; Tmax = 240°C). 254 

 255 
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 264 

 265 

Fig. S13:  Axial temperature profiles at different radial positions (model M4; Ca = 3; us, z = 0 266 
(230°C, 30 bar) = 1 m/s; ptotal = 30 bar; XCO,total = 95%; SCH4 = 20%; molar H2-to-CO 267 
ratio = 2.2; Tmax = 240°C). For radial profile at z = 1.9 m see Fig. S14. 268 

 269 
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 271 
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 279 

 280 
 281 
Fig. S14:  Radial T-profile at z = 1.9 m, i.e. at the position of the axial temperature maximum, 282 

see Fig. S13. Conditions: model M4; Ca = 3; us, z = 0 (230°C, 30 bar) = 1 m/s; 30 bar; 283 
XCO,total = 95%; SCH4 = 20%; molar H2-to-CO ratio = 2.2; Tmax = 240°C. The decline 284 
of temperature from the external side of the wall (starting at r = 18 mm) into the 285 
boiling water is not calculated by the model and only very schematically shown as 286 
linear decrease without any real values of radial position. 287 

 288 

 289 

 290 

 291 

 292 

 293 

 294 

 295 

Fig. S15:  Influence of initial superficial gas velocity us, z = 0 (230°C, 30 bar) on the pressure 296 
drop Δpbed (left) and the final gas velocity us, z = 12 m in the tubes of a cooled multi-297 
tubular FT reactor (right). Conditions: model M4; Ca = 3; ptotal = 30 bar; XCO,total = 298 
95%; SCH4 = 20%; molar H2-to-CO ratio = 2.2; Tmax = 240°C. 299 
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 318 

 319 

 320 

Fig. S16:  Axial profiles of heat fluxes (W/m2) in the tubes: a) and b) heat removal and heat 321 
production; c) heat flux from/to gas (cooling or heating of gas = heat production 322 
minus heat removal)  (model M4; Ca = 3; us (230°C, 30 bar) = 1 m/s; ptotal = 30 bar; 323 
XCO,total = 95%; SCH4 = 20%; H2-to-CO ratio = 2.2; Tmax = 240°C). 324 
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A well-known approximation for the maximum (critical) difference between the maximum tem-325 
perature (center of tubes), here reached at z ≈ 2 m, and Tcool to avoid a reactor runaway is [8]: 326 ∆𝑇 = 𝑇 , − 𝑇 , =≈  ,                                             (S19) 327 

Tmax,ax and Tmax,cool in Eq. (S19) correspond to the highest values of the axial temperature 328 
(center of bed) and the cooling temperature, respectively, to avoid a thermal runaway.  329 
The activation energy can be determined by the Arrhenius plot (Fig. S17), i.e. by ln (rm,CO) 330 
versus 1/T. The slope leads to EA,intrinsic (if pore diffusion is neglected, i.e. ηpore = 1) = 150 kJ/mol 331 
and to EA,eff (effective, i.e. apparent value) = 80 kJ/mol. It should be noted that the values of 332 
EA,intrinsic and EA,eff correctly reflect the overall sensitivity of the reaction rate and not only the 333 
influence of temperature on the rate constant; the equations of the intrinsic rates of formation 334 
of CH4 and C2+-HCs (Langmuir-Hinshelwood approaches) have two parameters that depend 335 
on temperature, the rate constant (km) and a parameter for CO adsorption (K); for example, 336 
the intrinsic reaction rate of CO leading to C2+-HCs is given by [1]: 337 

                                              𝑟 , , = 𝐶  𝑘 ,                                    (S20) 338 

The “true” activation energy of km,C2+ is 141 kJ/mol and KC2+ (0.047 m3 mol-1 at 240°C) declines 339 
with temperature (KC2+ = KC2+,0 exp(-Q/R T) with Q = -4 kJ/mol). Hence, for a high concentration 340 
of CO (typically 140 mol m-3 at reactor entrance), KC2+ cCO = 6.6 >> 1, and the “overall” active-341 
tion energy EA,intrinsic approaches a value of around 150 kJ/mol (= 141 kJ/mol + 2 x 4 kJ/mol). 342 

 343 

 344 

 345 

 346 

 347 

 348 

Fig. S17:  Arrhenius plot of intrinsic and effective reaction rate of CO conversion at the reactor 349 
entrance (model M4; Ca = 3; 19% CO, 42% H2, 39% CH4; 30 bar). 350 

The values of ΔTcrit according to Eq. (S19) are 13 K (neglecting influence of pore diffusion) and 351 
25 K (pore diffusion correctly considered), if we use a mean value of 490 K for Tcool. 352 
Fig. S18 shows the influence of Tcool on the maximum axial temperature at r = 0 (left) and on 353 
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the difference Tmax,ax - Tcool (right), if pore diffusion is present and also for the hypothetic case 354 
of absence of pore diffusion limitations. The calculation was done by model M4 for typical 355 
reaction conditions (us,z = 0 = 1 m/s; Ca = 3 or 1; syngas: 19% CO, 42% H2, 39% CH4; 30 bar). 356 
The resulting values of ΔTcrit agree very well with the values just given above. 357 
Fig. S18 (lower part) clearly shows that the strong influence of pore diffusion on the effective 358 
reaction “helps” with regard to reactor stability and temperature level that can be realized: The 359 
ignition temperature, i.e. the critical cooling temperatures estimated graphically as shown in 360 
Fig. S18, are very high, 241°C for an activity coefficient Ca of 3 and even 256°C for Ca = 1, 361 
which is by far higher than the real cooling temperatures to reach the assumed maximum 362 
temperature of 240°C, e.g. 223°C for Ca = 3 and us = 1 m/s (see Tab. 8). 363 

 364 

 365 

 366 

 367 

 368 

 369 

 370 

 371 

 372 

Fig. S18:  Influence of Tcool on Tmax, ax  at r = 0 (left) and on difference Tmax,ax - Tcool (right), if 373 
pore diffusion is present and for hypothetic case of absence of pore diffusion limita-374 
tions (model M4; us,z = 0 = 1 m/s; Ca = 3 or 1; 19% CO, 42% H2, 39% CH4; 30 bar).It 375 
should be mentioned that for very high temperatures (>> 240°C) the model  does 376 
not accurately account for the then much higher methane selectivity as assumed 377 
here (20% related to carbon). 378 

For the hypothetical case of absence of pore diffusion limitations, this is quite different (upper 379 
part of Fig. S18): The estimated critical cooling temperatures are now only about 201°C for Ca 380 
of 3 and 217°C for Ca = 1, and with ΔTcrit of 13 K, we can estimate maximum axial temperatures 381 



16 

of only 215°C for Ca of 3 and 231°C for Ca = 1 (see Tab. 8), which are much lower than the 382 
target value of 240°C. To ensure a safe operation, the maximum cooling temperature should 383 
be set 5 K below the ignition temperature (Tig). Hence, Tmax will be even lower at around 205°C 384 
for Ca of 3 (see left upper part of Fig. S18). Fig. S17 shows that the intrinsic rate at this 385 
temperature is by about 50% lower compared to the effective rate at 240°C, which again 386 
underlines the advantage of the influence of pore diffusion for FT fixed bed synthesis, also 387 
shown by the results listed in Tab. 8: For Ca = 3 and us = 1 m/s, the CO conversion is 44.4% 388 
for ηpore < 1 and only 28.4% for the hypothetical case of ηpore = 1. 389 

Tab. S1:  Comparison of different axial distributions of the catalytic activity Ca, simulated by 390 
the most “accurate” model M4: Characteristic data of a FT reactor with optimal acti-391 
vity distribution for Ca,mean = 3, i.e. Ca,initial until Tmax of 240°C is reached (at z ≈ 2 m) 392 
and thereafter a continuous increase of Ca to keep temperature at 240°C (r = 0) and 393 
of a two-zone FT reactor for optimal values of activity (Ca) in both zones. For 394 
comparison the case of no axial distribution is again also listed. Conditions: XCO,total 395 
= 95%; SCH4 = 20%; H2-to-CO ratio = 2.2; Tmax = 240°C; us,z = 0 = 1 m/s.  396 

Ca,mean 

Ca in zone 1 (z < 6 m) and 
zone 2 (6 m < z < 12 m)a XCO, per pass 

in % 
Tcool 

in °C 
R 

Production of C2+-HCs  
per tube in kgC/h  

(improvement compared  
to const. Ca of 3) Ca,1 Ca,2 

3 2.5 3.5 45.7 224.1 2.36 1.55   (+ 4%) 

Ca,mean 

Optimal distribution of Ca: 
T ≈ Tmax = 240°C as soon as 

Tmax is reached at z ≈ 2 m 
XCO, per pass 

in % 
Tcool 

in °C 
R 

Production of C2+-HCs 
per tube in kgC/h 

(improvement compared 
to Ca = 3 = const.) 

Ca,initial Ca,max 

3b 2.23 4  46.8 224.8 2.25 1.60   (+ 8%) 

             For comparison: No axial distribution of activity (already listed in the Tab. 8)  

Ca = 3 = constant 44.4 223.1 2.49 1.49   (0%, base case) 

a  In both zones, the maximum temperature of 240°C is almost reached. 397 
b  The limiting value of Ca,max = 4 (catalyst with about 40 wt.-% Co) is reached at z = 10.1 m. 398 

Thereafter, the temperature slightly decreases to 239°C at z = 12 m. 399 

Tab. S1 shows, that for the given conditions, the optimal axial activity distribution (for Ca,mean = 400 
3) leads to a CO conversion of 46.8% and production rate of C2+-HCs per tube of 1.6 kgC/h.  401 
The following (hypothetical) boarder case, which cannot be “beaten“ for the given catalyst and 402 
particle size (hence ηpore ≈ 0.2) is also instructive: A simulation for a constant Ca of 3 and both 403 
an axially and radially isothermal fixed bed (ΔRHi was then just zeroized in the model) at Tmax 404 
= 240°C leads to a conversion of 51.2% and a rate of C2+-HCs per tube of 1.82 kgC/h, which is 405 
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“only” 14% more compared to the optimal activity distribution and a real cooled multi-tubular 406 
FT reactor with an unavoidable axial and radial (see e.g. Fig. S14) temperature profile.  407 
 408 
 409 
 410 
 411 
 412 
 413 
 414 
 415 
 416 
 417 
 418 
 419 
 420 

Fig. S19:  Axial profiles of pore effectiveness factor ηpore (center of tube) for a superficial gas 421 
velocity us (230°C, 30 bar) of 0.5 and 1 m/s (model M4; ptotal = 30 bar; XCO,total = 422 
95%; SCH4 = 20%; Ca = 3; H2-to-CO ratio = 2.2; Tmax = 240°C; see also Tab. 8). ηpore 423 
strongly depends on temperature. The temperatures at z = 0 (center of tube; r = 0) 424 
are 213°C (us = 0.5 m/s) and 223°C (us = 1 m/s); at z = 12 m we have 226°C (us = 425 
0.5 m/s) and 234°C (us = 1 m/s), see also Fig. 9. Selected values of factor ηpore at 426 
different temperatures and the reactor entrance are listed in Tab. S2 427 

Tab. S2:  Values of pore effectiveness factor ηpore at different temperatures (reactor entrance, 428 
syngas with 20% CO, 44% H2, and 36% CH4; Ca = 3; ptotal = 30 bar). 429 

T in °C ηpore 

170 96.8% 

180 92.4% 

190 83.9% 

200 70.3% 

210 53.7% 

220 38.4% 

230 26.8% 

240 18.8% 

 430 


