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Abstract: The concentration of residual O2 in oxy-fuel combustion flue gas needs to be reduced
before CO2 transportation, utilization, or storage. An original application of the printed circuit heat
exchanger (PCHE) for catalytic combustion with natural gas (catalytic deoxygenation) is described
for reducing the residual O2 concentration. The PCHE design features multiple adiabatic packed
beds with interstage cooling and fuel injection, allowing precise control over the reaction extent and
temperature within each reaction stage through the manipulation of fuel and utility flow rates. This
work describes the design of a PCHE for methane–oxygen catalytic combustion where the catalyst
loading is minimized while reducing the O2 concentration from 3 vol% to 100 ppmv, considering a
maximum adiabatic temperature rise of 50 ◦C per stage. Each PCHE design differs by the number
of reaction stages and its individual bed lengths. As part of the design process, a one-dimensional
transient reduced-order reactor model (1D ROM) was developed and compared to temperature
and species concentration axial profiles from 3D CFD simulations. The final design consists of five
reaction stages and four heat exchanger sections, providing a PCHE length of 1.09 m at a processing
rate of 12.3 kg/s flue gas per m3 PCHE.

Keywords: flue gas processing; catalytic deoxygenation; process intensification; printed circuit heat
exchanger; transient model

1. Introduction

Rising climate change and environmental concerns require a reduction in anthro-
pogenic carbon dioxide emissions. One part of the emission reduction solution is carbon
capture utilization and storage (CCUS). Conventional air–fuel combustion flue gases con-
tain 9 to 15 vol% of CO2, with the balance being primarily nitrogen. Separating CO2 from
nitrogen in flue gas after combustion is an energy-intensive process [1]. Oxy-fuel com-
bustion is an attractive alternative as it replaces air with high-purity (typically > 95 vol%)
oxygen, yielding a flue gas with a dry-basis CO2 and O2 content of around 96 and 3 vol%,
respectively [2,3]. The high concentration of CO2 reduces the steps required to process
the CO2 for transportation and storage. Impurities such as SOx and NOx can be removed
through oxidation with the O2 already present in the flue gas, followed by scrubbing to
produce dilute sulfuric acid and nitric acid, respectively [2]. The remaining major impu-
rity is residual O2, which is limited to very low concentrations (<100 ppmv) in pipelines,
sequestration sites, and utilization processes [4]. Oxy-fuel technologies will require an
oxygen removal unit in order for the CO2 product to meet this stringent specification.

Catalytic combustion with natural gas is a promising method to remove residual
O2, which is hereby referred to as catalytic deoxygenation. Commercial catalytic packed
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bed reactors with integrated cooling typically have coolant flowing through tube bundles
embedded in the reactor [5]. Another configuration uses a shell-and-tube heat exchanger,
where the tubes are packed with a catalyst and the coolant flows in the shell [6]. Heat
management in both cases can be challenging as a single stream of cooling fluid is used
throughout the entire reactor. One method for improving temperature control is to use
multiple adiabatic packed beds with distributed fuel injection and interstage cooling [6]. A
further improvement in controllability and performance can be achieved by incorporating
the intensified transport rates found in the MarbondTM heat exchanger from Chart Marston
and the printed circuit heat exchanger (PCHE) from Heatric [7,8]. PCHEs have many
desirable qualities, such as (1) a high operating temperature of up to 980 ◦C; (2) high
pressure capabilities of up to 965 bar; (3) a high surface area density at high pressures
(1300 m2/m3 at 100 bar); (4) a minimum approach temperature as low as 1 ◦C; and (5) a
high heat exchanger effectiveness of up to 99% [8,9]. Due to these desirable qualities,
PCHEs have been designed for applications such as N2- and supercritical CO2-based
Brayton cycles, steam generation for small modular reactors, and waste heat recovery from
exhaust gas [10–13]. However, the PCHE design as a process-intensified reactor unit can be
further explored.

A catalytic deoxygenation unit is designed as multiple adiabatic packed bed reactors
with interstage printed circuit heat exchange and fuel injection. Similar approaches have
been used for steam–methane reforming and Fischer–Tropsch processes [8,14,15]. The
design utilizes chemically etched plates for the flow of process, fuel, and utility fluids in
between packed bed reactor sections. The entire assembly is diffusion-bonded to fuse the
plates into a PCHE (see Figure 1 [14]).

In the context of using a PCHE for the catalytic deoxygenation of oxy-fuel flue gas,
interstage cooling can recover high-quality heat from the reaction mixture. Variations in
flue gas flow can also be better managed when the utility fluid flow rate is adjusted to
counteract inlet temperature deviations, and O2 composition deviations are countered
by adjusting the fuel flow rate. The reactor design can also be adjusted for higher O2
concentrations by adding extra beds, and the reactor can easily be scaled to accommodate
higher throughputs.

The rectangular slots in the path of the process fluid flow shown in Figure 1 represent
the space allocated for catalyst packing. The green and blue slots at the top and bottom
of the plates are to distribute fuel and utility fluid (connected to the respective headers),
respectively. The flue gas, or more generically, the process fluid, alternates between reaction
in a packed bed reaction stage and crossflow heat exchange with utility fluid in a heat
exchanger section. Fuel is injected directly into the inlet of a packed stage using the fuel
distribution plate. Alternating reactor and heat exchange sections allow the reactor to
operate near the maximum applicable temperature of the reaction for fast kinetics and the
recovery of the highest possible quality heat. A configuration of four plates in the order of
process, fuel, process, and utility forms one repeating unit, to be enclosed by another utility
fluid plate above the top process fluid plate for the simplest form of a complete PCHE. This
plate design allows for freedom in scalability, where the throughput of the PCHE can be
increased by stacking more repeating units.

Considering the above, the objective of this work is to design a novel PCHE for the
catalytic deoxygenation of oxy-fuel combustion flue gas. First, a one-dimensional transient
reduced-order reactor model (1D ROM) is developed and compared to three-dimensional
computational fluid dynamic simulations to ensure consistency. Afterwards, the 1D ROM
is used to design the reaction stages, along with a thermal circuit approach to design the
heat exchange sections. The reaction stages and heat exchange sections combine to form
the full PCHE reactor design.

The design intent of the reaction stages is to reduce the O2 content of the flue gas
from 3 vol% to ≤100 ppmv to meet pipeline or other transportation, utilization, or storage
specifications. The heat of combustion is recovered by superheating saturated steam from
181 ◦C to 231 ◦C and amounts to approximately 275 kJ per kg of treated flue gas. Further
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heat recovery can be achieved by using the treated flue gas to pre-heat the inlet flue gas in
a heat exchange section prior to the first reaction stage (see Figure 1b).
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Figure 1. (a) Top view of PCHE plate design, where the plates from top to bottom are (1) process fluid
flow, (2) fuel fluid distribution, and (3) utility fluid flow. Process fluid and fuel flows are co-current,
whereas the utility fluid flows counter-current with a two-pass crossflow configuration. The number
of utility fluid passes is adjusted to the heat transfer demand. (b) Side view of PCHE plate design
shows alternating heat exchanger sections and adiabatic packed bed sections.
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2. One-Dimensional Transient Reduced-Order Reactor Model

Figure 1b shows the modelled reaction stage enclosed in red. The symmetry in the y-
and z-axes shown in Figure 1 allows for modelling one single repeating unit with sufficient
width (e.g., two flow channels on the z-axis) to achieve the effect of modelling a complete
packed bed.

2.1. Governing Equations

A one-dimensional flow is assumed for the reactor model considering that the inlet
gas is evenly distributed into the packed bed by the process flow channels and the wall
effects are marginal due to a relatively wide packed bed. The chemistry is solved using
Cantera (version 2.5.1) [16], where all the gas- and solid-phase reaction rates as well as
the enthalpies of the reactions are calculated. Only axial heat conduction is included for
the packed bed, and radiation heat transfer is excluded due to the relatively low reaction
temperature (≤550 ◦C) for this PCHE design.

The 1D ROM is divided into the gas and solid phases, for which the species mass and
energy conservation equations are solved. The reaction rate calculation in the solid phase
can accommodate surface reactions with absorption/desorption steps and a site balance or
simplified solid-phase reaction kinetics without a site balance. The Ergun equation is used
to calculate the gas-phase pressure drop across the packed bed, assuming incompressible
flow due to a maximum design pressure loss of 10%. All the governing equations are
derived for the net direction of flow (x-axis).

Continuity:
.

m = ρgug AC (1)

Momentum conservation:

−dP
dx

=

(
150µg

d2
sv

(1 − ϵ)2

ϵ3 ug +
1.75ρg

dsv

(1 − ϵ)

ϵ3 u2
g

)
(2)

Energy conservation in the gas phase:

∂
(
ρgHg

)
∂t

ϵ = −
∂
(
ugρg Hg

)
∂x

+ hgac
(
Ts − Tg

)
+ qR,g (3)

Energy conservation in the solid phase:

∂(ρ sHs)

∂t
(1 − ϵ) = (1 − ϵ)ks

∂2Ts

∂x2 + hgac
(
Tg − Ts

)
+ qR,s (4)

Species mass conservation in the gas phase:

∂Yg

∂t
= −

∂
(

ugρgYg

)
ϵρg∂x

+ De f f
∂2(ρgYg

)
ρg∂x2 + km

ac

ϵ

(
Ys − Yg

)
+ Rg (5)

Species mass conservation in the solid phase:

∂Ys

∂t
= km

ac

1 − ϵ

(
Yg − Ys

)
+ Rs (6)

The axial dispersion coefficient, De f f , is determined using data provided by Levenspiel
et al. [17]. The Gunn analogy [18] for both heat and mass transfer is used to calculate the
interphase heat and mass transfer coefficients in Equations (7) and (8).

Nu =
(

7 − 10ϵ + 5ϵ2
)
×
(

1 + 0.7Re0.2
p Pr

1
3

)
+
(

1.33 − 2.4ϵ + 1.2ϵ2
)
× Re0.7

p Pr
1
3 (7)
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Sh = Nu
(

Sc
Pr

) 1
3

(8)

2.2. Solution Structure

The 1D ROM was programmed in Python and discretized into j equally sized volumes
in the axial direction, according to Figure 2. All the governing equations are solved for each
discretized volume at each time step, n, until the end of the specified solution time span, as
per Figure 3. The numerical method uses a semi-implicit solution scheme for each time
step; see Equations (9) and (10) for the explicit and semi-implicit time steps.

ytn+1′ = ytn + f (ytn)× dt (9)

ytn+1 = ytn +
f (ytn) + f

(
ytn+1′

)
2

× dt (10)
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2.3. Reaction Kinetics

The methane oxidation kinetics on Pd/Co3O4 are selected and presented in Table 1.
The Arrhenius kinetic parameters are applicable from 250 to 550 ◦C in wet, lean environ-
ments with a methane concentration of 1000–5000 ppmv and a water vapour concentration
of 0–5 vol% [19]. Moreover, the reaction kinetics are pseudo-first-order with respect to
methane and applicable to reaction mixtures with O2 concentrations as low as 0 vol% over
a temperature range of 400–550 ◦C due to the oxygen supplying the ability of the Co3O4
support [20].
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Table 1. Arrhenius kinetic parameters for methane oxidation on Pd/Co3O4 in wet, lean environ-
ments [19].

Parameter Pre-Exponential Factor [L/(g·s)] Activation Energy [J/mol]

Value 46,365 90,738

3. Design of the PCHE
3.1. Process Constraints

The upper operating temperature is 550 ◦C for the selected reaction kinetic model,
and this is also a reasonable temperature limit for stainless steel reactor construction.
Furthermore, the temperature rise within a single reaction stage is limited to 50 ◦C to
reduce thermal stress on the material of construction [6], which then results in temperatures
between 500 and 550 ◦C for each reaction stage. The operating pressure is set to a maximum
of 1000 kPa to ensure this design could be fabricated using conventional welding techniques,
while the total pressure drop is limited to 10% considering compressor duty.

3.2. Base Case Geometry and Operating Conditions

The process fluid channels and plate dimensions for the PCHE base design are shown
in Figure 4. The process, utility, and fuel flow channels and plates share the same dimen-
sions, with semi-circular channels being 3 mm in diameter, with a plate thickness of 3.5 mm
and a 2 mm separation between the flow channels. Four channels are shown for illustration
purposes, while the plate can be scaled in the z-direction to accommodate more channels
for different total inlet flow rates.
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The dimensions of each reaction stage in the y- and z-axes are dictated by the dimen-
sions of the heat transfer section, as they are interconnected. For a scalable section of the
reaction stage, the resulting height (14 mm) will be in multiples of the combined thickness
of the repeating unit formed by four plates. The reaction stage width is in multiples of the
width of a single channel and its wall thickness (i.e., 5 mm).

Considering Figure 4, the modelled PCHE’s geometrical parameters and inlet flow
conditions (for four channels) are given in Table 2. The species concentrations are based
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on typical oxy-fuel combustion flue gas O2/CO2 compositions with other contaminants
removed [2]. The stoichiometric amount of fuel needed to achieve the desired O2 con-
sumption is used. These operating conditions are selected to achieve a Reynolds number
of around 8000 in the process flow channels to generate a turbulent flow and enhance
post-reaction heat recovery.

Table 2. Modelled geometry parameters and inlet flow rate for a single reaction stage, as per Figure 4.

Value Unit

Height 14 mm
Width 10 mm
Length 60 mm

Particle diameter 2 mm
Catalyst coating thickness 0.4 mm

Catalyst weight 13.3 g
Packed bed porosity 0.45 -

Process fluid inlet flow rate 7.62 kg/h
Fuel inlet flow rate 0.01 kg/h

Process fluid CO2 mass fraction (1st stage) 0.978 -
Process fluid inlet O2 mass fraction (1st stage) 0.022 -

Inlet fluid pressure (1st stage) 1000 kPa
Inlet fluid temperature (1st stage) 500 ◦C

Axial dispersion coefficient 0.005 m2/s

The reaction stages of the PCHE are divided into two categories: the repeating stages
and the final stage. As the repeating stages have the same dimensions, only the first repeat-
ing stage and the last stage are simulated to obtain temperature and species concentration
axial profiles. The inlet conditions in Table 2 are for the first reaction stage, and the subse-
quent stages’ inlet conditions are obtained by global mass and energy balances. The bed
length of a given repeating stage consumes the methane fuel, reducing it to a concentration
below 0.01 wt%, while the final-stage bed length consumes oxygen to a concentration below
0.007 wt% (100 ppmv). Note that the modeled stage length of 0.06 m is only chosen to
achieve a sufficient extent of reaction. The minimum number of reaction stages is five,
based on a maximum temperature rise of 50 ◦C per stage, resulting in a per-stage reduction
of 22% of the total O2 for the four repeating stages.

Considering Figure 4b, the 1D model uses the entire cross-section of the reaction
stage as the inlet for the process fluid, while the 3D model only uses the semi-circular
inlet ports. The 3D fluid flow field was obtained using OpenFOAM (version 10) [21]
with the multiphaseEulerFoam solver, which takes a unity Lewis number assumption.
As a result, the process and fuel flows into the reaction stage were pre-mixed for all
OpenFOAM simulations.

The multiphaseEulerFoam simulation uses a max time step size of 1 × 10−4 s, with
the adjustTimeStep function turned on, and a maxCo of two.

The solver and tolerance, algorithm control, and under-relaxation factors dictated by
the fvSolution dictionary are as follows (Table 3).

The discretization schemes dictated in the fsvSchemes dictionary largely follow the
default multiphaseEulerFoam settings, with the laplacianSchemes and snGradSchemes
changed to “Gauss linear corrected” and “corrected”, respectively. The OpenFOAM mesh
is composed of 295,200 cells, with 400 by 35 by 26 cells in the x-, y-, and z-directions,
respectively, shared by both the 1D and 3D OpenFOAM models. The 1D ROM mesh is
comprised of 120 equal-volume cells along the x-direction.
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Table 3. Three-dimensional model simulation parameters listed in the fvSolution dictionary.

Attribute Parameter Value

solver and tolerance

nAlphaCorr alpha.* 1
nAlphaSubCycles alpha.* 1

solver p_rgh/p_rghFinal GAMG
U.*/U.*Final smoothSolver
(h|e).*/(h|e).*Final smoothSolver
(Yi).* PBiCGStab

smoother p_rgh/p_rghFinal DIC
U.*/U.*Final symGaussSeidel
(h|e).*/(h|e).*Final symGaussSeidel

preconditioner (Yi).* DILU

tolerance p_rgh/p_rghFinal 1 × 10−7

U.*/U.*Final 1 × 10−7

(h|e).*/(h|e).*Final 1 × 10−7

(Yi).* 1 × 10−12

relative tolerance p_rghFinal 0
U.*Final 0
(h|e).*Final 0
(Yi).* 0

3.3. Comparison of 1D ROM to 3D Simulations Using the Base Geometry Design and Five
Reaction Stages

The results from the 1D ROM (with Deff = 0) were compared to the results from
the OpenFOAM simulations reduced to a one-dimensional flow (1D OF) in Figure 5a.
The temperature and concentration axial profiles are nearly identical, with a stage length
difference of 1.7%. The impact of the 3D flow field is also marginal, as shown in Figure 5b.
Figure 6 presents the impact of the dispersion coefficient (Deff = 0 and 0.005 m2/s) on the
axial temperature and concentration profiles in the 1D ROM. The impact was significant
when the predicted stage lengths increased from 0.0285 m to 0.031 m after including axial
dispersion. Conversely, the gas-phase outlet temperatures decreased from 552 ◦C to 550 ◦C
with the inclusion of dispersion effects. There were no appreciable differences between the
gas- and solid-phase temperatures in steady state; thus, only the gas-phase temperatures
are presented.
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five-stage design with Deff = 0.005 m2/s and without axial dispersion.

3.4. Impact of the Number of Reaction Stages on PCHE Design

Given that the upper operating temperature is fixed, a lower adiabatic temperature rise
(i.e., a higher inlet temperature) will lead to a greater intrinsic rate constant. This is achieved
by increasing the number of reaction stages and then adjusting the fuel flow rate and the
bed length to reach the target interstage CH4 and final-stage O2 outlet concentrations. The
repeating bed lengths for the PCHE designs with 5 to 11 reaction stages are reported in
Table 4. The process fluid inlet conditions and the model geometry are in Table 2. Similarly,
the final-stage bed length for each case is reported in Table 5. The cooling capacity in the
heat exchanger section before the final stage is reduced to maintain the highest allowed
inlet temperature. The total pressure drops from the reaction stages vary from 30.5 to
35.2 kPa for, respectively, the 5- to 11-reaction-stage designs.

Table 4. Simulation results of individual “repeating” stages for PCHE designs with 5 to 11 reac-
tion stages.

Number of
Reaction Stages

Fuel Flow Rate per
Stage
[kg/h]

Inlet
Temperature

[◦C]

Average
Temperature

[◦C]

Stage Length
[m]

−∆P per Stage
[kPa]

5 0.01 500 532 0.031 6.2
6 0.0081 509 534 0.0275 5.4
7 0.0068 517 537 0.024 4.6
8 0.0058 522 539 0.0215 4.1
9 0.0051 525 539 0.02 3.8

10 0.0046 528 540 0.0185 3.5
11 0.0041 531 542 0.017 3.2

Figure 7a compares the individual- and final-stage lengths, while Figure 7b compares
the combined total length to an ideal isothermal packed bed of the same height and
width operated at 550 ◦C. The final-reaction-stage length required to reach a target oxygen
concentration of ≤100 ppmv does not significantly differ in length from each individual
repeating stage, and both approach the same length as the number of total stages exceeds
seven for the conditions described.
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Table 5. Simulation results of “final” stage for PCHE designs with 5 to 11 reaction stages.

Number of
Reaction Stages

Fuel Flow Rate
[kg/h]

Inlet
Temperature

[◦C]

Average
Temperature

[◦C]

Stage Length
[m] −∆P[kPa]

5 0.00191 540 547 0.0275 5.7
6 0.00153 542 547 0.025 5.1
7 0.00129 543 547 0.023 4.7
8 0.00111 544 547 0.0215 4.4
9 0.00097 545 548 0.02 4.1

10 0.00087 546 548 0.0185 3.8
11 0.00078 546 548 0.017 3.5
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Although the individual bed length decreases as the number of reaction stages in-
creases, the total bed length increases. This can be attributed to the decreased concentration
of CH4 used to convert a lower amount of oxygen in each stage. As the reaction kinetics are
pseudo-first-order with respect to CH4, decreasing its already low concentration reduces
the rate of the reaction. Although the inlet temperature increases by as much as 31 ◦C as
the number of stages increases, the integrated average temperature within the reaction
stage rises by only 10 ◦C. Considering the rate law parameters and process constraints, the
optimal multi-packed bed design should thus utilize the least number of reaction stages.

3.5. Heat Exchanger Design for the Multi-Stage Packed Bed Designs

The material chosen for the heat exchange section is 316 stainless steel. A two-pass
counter-current crossflow pattern is selected for the utility plate (see Figure 1). Although
PCHEs can use other flow channel designs, such as zigzag and serpentine, to increase heat
transfer performance, these patterns generally have higher pressure drops and fabrication
costs. Straight channels were ultimately used in this design for their relatively lower
frictional pressure drop.

The heat exchange section is modelled using a thermal circuit approach [22] and uses
the Gnielinski correlation [23] for a conservative estimate of the convective heat transfer
coefficient. The process fluid enters the heat exchange section at Re = 8000, and the utility
fluid flow enters at Re = 23,400–26,700, depending on the number of reaction stages. Each
heat exchange section is modelled as a single complete unit of a PCHE, which consists
of five plates ordered in the y-axis as utility, process, fuel, process, and utility. Each heat
exchange section has a base unit width of 0.3 m, resulting in a utility channel length of
0.3 m and 60 process channels in each section. The utility fluid enters as saturated steam
at 10 bar (181 ◦C), and the superheat rise is again limited to 50 ◦C to reduce the thermal
stress on the PCHE plates. The heat exchange sections are separated into repeating sections
between reaction stages and a final section before the final reaction stage. The process
channel lengths are designed to reach an integer number of utility channels because the
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number of utility channels governs the resulting lengths of the process channels. Details of
the heat exchange section modelling results are given in Table 6.

Table 6. Heat exchange section model results for PCHE designs with 5 to 11 reaction stages.

Number of Reaction Stages 5 6 7 8 9 10 11

Steam flow rate
[kg/h]

Repeating section 71.36 55.97 46.22 39.24 33.64 29.47 25.29

Final section 15.42 9.86 9.78 8.43 5.65 5.65 4.22

Number of
utility channels

Repeating section 29 21 17 14 12 11 9

Final section 6 4 4 3 2 2 2

Length of utility
channels [m] 0.3

Number of process channels 60

Length of process
channels [m]

Repeating section 0.29 0.21 0.17 0.14 0.12 0.11 0.09

Final section 0.06 0.04 0.04 0.03 0.02 0.02 0.02

Total length of process channels [m] 0.93 0.88 0.89 0.87 0.86 0.9 0.83

Total ∆P from process channels [kPa] 29.6 28.1 28.6 28.1 27.8 29.2 27.0

The variation in the total length of the heat exchange sections with the number of
packed beds is minimal, as the total energy removed (heat from combustion from deoxy-
genation) from the gas is the same for all designs. Differences occur due to using an integer
number of utility channels (i.e., some designs have more utility channels than required).

Considering Tables 3–5, the PCHE total length and pressure loss are 1.0932 m and
60.1 kPa and 1.0412 m and 62.2 kPa for the 5- and 11-reaction-stage designs. The PCHE total
length is governed by the heat exchanger sections, whereas the pressure drops through
the packed beds are greater than through the heat exchanger sections. The maximum total
pressure drop for the PCHE design was 6.4% of the inlet pressure.

4. Conclusions

To remove residual oxygen from oxy-fuel combustion flue gases, an intensified heat ex-
change reactor for catalytic methane combustion is designed based on a printed circuit heat
exchanger embedded with multiple adiabatic packed beds. A transient one-dimensional
flow model of the packed bed reactor was implemented in Python with Cantera as the
reaction solver, and the results were compared to OpenFOAM CFD 3D modelling. The
impact of multi-dimensional effects was marginal on the temperature and concentration
axial profiles due to the PCHE geometrical design. However, axial dispersion significantly
impacts gas-phase mixing and leads to greater bed masses to achieve the required level
of deoxygenation.

Design cases for 5 to 11 adiabatic packed bed reaction stages were created using
consistent fluid flow and catalyst properties constrained by the criteria of a maximum
adiabatic temperature rise of 50 ◦C and a 10% pressure loss. Each case was evaluated
by determining the repeating-reaction-stage length to reduce the fuel concentration to
0.01 wt% and the final-stage length to reduce the O2 concentration to 0.007 wt% (100 ppmv).
More reaction stages naturally shorten the individual stage lengths but ultimately increase
the reactor’s total bed length due to the impact of reducing the methane concentration
being greater than that of a rise in temperature on the reaction rate.

The post-reaction heat exchange sections were designed using a thermal circuit ap-
proach, with the results showing similar combined heat exchanger lengths for all cases.
The final PCHE design uses five reaction stages at a total length of 1.09 m and a processing
rate of 12.3 kg/s flue gas per m3 PCHE.
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Nomenclature

ac Specific surface area of the particle [m2/m3]
cg Gas specific heat capacity [J/(kg·K)]
dh Flow channel hydraulic diameter [m]
dsv Sauter mean diameter of the particle [m]
h Convective heat transfer coefficient [W/(m2·K)]
k Thermal conductivity [W/(m·K)]
km Mass transfer coefficient [m/s]
.

m Mass flow rate [kg/s]
qR Heat of reaction [W/m3]
t Time [s]
u Superficial velocity [m/s]
Ac Cross-sectional area of flow channel [m2]
D Mass diffusivity [m2/s]
Deff Axial dispersion coefficient [m2/s]
P Pressure [Pa]
H Enthalpy [J/kg]
Pr Prandtl number = cgµg/kg [-]
R Rate of reaction [1/s]
Re Reynolds number in the flow channel = ρgdhug/µg [-]
Rep Reynolds number in the packed bed = ρgdsvug/ϵµg [-]
Nu Nusselt number in packed bed = hgdsv/kg [-]
Sc Schmidt number = µg/Dρg [-]
Sh Sherwood number in packed bed = kmdsv/D [-]
T Temperature [K]
Y Mass fraction [-]
ϵ Bed void fraction [-]
µ Dynamic viscosity [Pa·s]
ρ Density [kg/m3]
Subscripts
g Gas phase
s Solid phase
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