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Abstract:

 An integrated system model was developed in UniSim Design for a dual fluidized bed (DFB) biomass gasifier and a rotary biomass dryer using a combination of user-defined and built-in unit operations. A quasi-equilibrium model was used for modelling biomass steam gasification in the DFB gasifier. The biomass drying was simulated with consideration of mass and energy balances, heat transfer, and dryer’s configuration. After validation using experimental data, the developed system model was applied to investigate: (1) the effects of gasification temperature and steam to biomass (S/B) ratio on the gasification performance; (2) the effect of air supplied to the fast fluidized bed (FFB) reactor and feed biomass moisture content on the integrated system performance, energy and exergy efficiencies. It was found that gasification temperature and S/B ratio have positive effects on the gasification yields; a H2/CO ratio of 1.9 can be achieved at the gasification temperature of 850 °C with a S/B ratio of 1.2. Consumption of excessive fuel in the system at higher biomass feed moisture content can be compensated by the heat recovery such as steam generation while it has adverse impact on exergy efficiency of the system.
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1. Introduction

Dual fluidized bed (DFB) steam gasification has been proven to be a promising technology for converting biomass into a hydrogen-rich syngas for liquid fuel synthesis or for production of pure hydrogen for fuel cell applications [1]. A DFB gasification system reported in [1,2,3,4] consists of a bubbling fluidized bed (BFB) gasification reactor fluidized with steam as the gasification agent and a fast fluidized bed (FFB) combustion reactor fluidized with air for char combustion. In the DFB biomass gasification, the biomass is fed into the bed layer of BFB reactor where steam gasification occurs. Char generated from the gasification flows with circulating bed material to FFB reactor where it is combusted. The circulating bed material such as silica sand or olivine carries heat from the FFB reactor to the BFB reactor for endothermic gasification reactions. A controlled amount of excessive fuel may be added to provide sufficient heat to achieve target gasification temperature in the BFB reactor. The gasification process produces a hydrogen-rich producer gas with much higher calorific value of approximately 13 MJ/Nm3 compared with that from air gasification, which is approximately 5 MJ/Nm3 [1]. It is also able to produce a syngas with a H2/CO ratio of 2 desired for Fischer-Tropsch (FT) synthesis of transport fuels [4].

For efficient gasification in the DFB gasifier, woody biomass feedstock is normally in the form of pellets or chips. The pellets have particle size of 6–15 mm and moisture content of around 10% (oven dry basis) while for the wood chips, the preferred particle size is from 2 to 30 mm and the required moisture content is normally less than 20% [2,5]. However, fresh woody biomass usually has high moisture content of 50%–60% [6] and, in this case, drying of the feedstock is necessary as a pre-treatment procedure in an industrial gasification plant. A rotary dryer is identified as the most suitable equipment for drying of biomass in a full scale biomass gasification plant [7].

In the DFB biomass gasification system, flue gas is clean and thus its sensible heat can be used for biomass drying. Furthermore, the sensible heat of producer gas and flue gas from the DFB gasification can be recovered to generate steam required in the gasification system and to preheat the air supplied to the FFB reactor. Integration of the DFB gasifier with the rotary dryer will increase the overall efficiency and potentially optimize the system operation. Begum et al. [8,9] studied the integration of biomass drying with fixed bed and fluidized bed gasification; however, no publication has been found in literature on DFB gasification-drying integration modelling.

Recently, exergy has attracted interest from researchers for system analysis. Although the advantages of using exergy has been well known, no studies have been found on the exergy analysis of the DFB biomass steam gasification system integrated with the biomass drying. The energy and exergy analysis of woody biomass drying were conducted by Holmberg and Ahtila [10] through heat consumption of drying and irreversibility rate occurs in drying for both single stage and multi stage drying systems with different drying mediums. They concluded that while heat consumption is similar in different systems, the irreversibility rate depends on the system configuration and temperature of the drying medium. Vitasari et al. [11] conducted an exergy analysis on biomass to synthetic natural gas via DFB biomass gasification system. However, their focus was on a methanation reactor rather than DFB biomass gasification. In their study, biomass drying was assumed as a pretreatment step and was limited to feed biomass moisture content of 30% or less. The other integrated systems including entrained flow gasifiers and fluidized bed gasifiers were studied by Bechtel [12], Tijmensen et al. [13] and Swanson et al. [14]. In these studies, the dryer was considered but the drying medium was the preheated air and steam. Furthermore, these studies focused on economic analysis rather than energy consumption and process performance.

The performance of biomass drying was studied in a number of publications by application of mathematical models, some being very complicated and others quite simple. The complex models were based on detailed mass and heat transfer which occurs both between the drying medium and the solid material and within the solid material [15]. The simple models were based on the overall mass and heat balances of the system employing empirical equations or parameters for the drying rates [7].

Numerous publications can also be found in literature on fundamental studies of biomass gasification systems either by developing complex kinetic rate and neural network models or by application of simple equilibrium models [16,17,18,19]. Ngo et al. and Nguyen et al. [19,20] extensively studied the performance of DFB biomass gasification system by developing a “quasi equilibrium model”. For improving the conventional equilibrium model, the quasi-equilibrium model is adopted in which a number of justification factors are introduced based on experimental results. The objectives of the present work were to develop an integrated system model for DFB biomass gasification and biomass drying and to investigate the effects of operation parameters on the system performance. These parameters include gasification temperature, steam to biomass (S/B) ratio, feed air to the FFB reactor and initial moisture content of the feed biomass.



2. Model Development

The integrated system model for biomass drying and biomass gasification has been developed with professional simulation software, UniSim (Honeywell International Inc., Phoenix, AZ, USA), which includes conventional unit operations, components and thermodynamic packages necessary for modelling a system. In addition, the software also has capability for users to define new unit operations or components which are not included in the software.

For modelling of the rotary drying, a user-defined unit operation has been developed based on mass and energy balances. For modelling of the DFB gasification system, both of the gasification process in the BFB reactor and the combustion process in the FFB reactor have been considered. In the BFB gasification process, a three stage quasi equilibrium model has been proposed which includes initial pyrolysis, subsequent reactions between char and gases and reactions among gases.


2.1. Woody Biomass Characteristics

In the present study, chips of Pinus radiata wood are used as the feedstock which chemical formula is assumed to be C31H45O24.5 with the proximate and ultimate analysis listed in Table 1 [17]. The lower heating value (LHV) of biomass (kJ/kg), water and ash free basis, was calculated using the following correlation [21]:


Table 1. Proximate and ultimate analysis results of Pinus radiata [17].



	
Proximate Analysis wt% (od)

	
Ultimate Analysis, wt% (od)






	
H2O

	
0

	
C

	
51.2




	
Volatile

	
84

	
H

	
6.1




	
Fixed carbon

	
15.6

	
O

	
42.3




	
Ash

	
0.4

	
N

	
0.2




	
-

	
-

	
S

	
0.02











LHVbiom = 34,835zC + 93,870zH − 10,800zO + 6280zN + 10,465zS



(1)




In which, zi is the mass fraction of elements of carbon (C), hydrogen (H), oxygen (O), nitrogen (N), and sulfur (S).

The thermal and physical properties of Pinus radiata are determined as a hypothetical compound in the UniSim. The heat of formation of the feedstock is calculated from the combustion reaction, Equation (2), and the heat capacity (kJ/kg·°C) of moisture free feedstock is calculated using Equation (3) taken from [22]:



C31H45O24.5 + 30O2 → 31CO2 + 22.5H2O



(2)






Cpbiom = 0.1031 + 0.003867T



(3)




where T is the temperature (K).




2.2. Process Configuration

The process configuration is shown in Figure 1 in which the wood chips firstly enter the rotary dryer where they are dried to a target moisture content of 15%. The dried biomass then goes to the BFB reactor for steam gasification. The producer gas from the gasifier is cooled down in a heat recovery boiler to around 340 °C for the subsequent gas cleaning [23]. In the boiler, the sensible heat of the producer gas is recovered for generation of steam which is used in the BFB reactor for biomass steam gasification.

Figure 1. Process diagram of the integrated system of biomass drying and dual fluidized bed (DFB) biomass gasification.
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The hot flue gas from the FFB reactor has a temperature ranging from 850 to 950 °C which is used firstly for air preheating followed by steam generation and finally for the biomass drying. In normal operation, the temperature in the FFB reactor is 50–100 °C higher than the gasification temperature in the BFB reactor to provide the heat required for the gasification process.

In the modeling of the integrated biomass drying and DFB gasification, the water and steam balance needs to consider the moisture content of the biomass to the dryer and the steam to the biomass ratio to the gasifier. In the meantime, biomass moisture content also affects the heat required for biomass drying which, in turn, affects the heat available for generation of steam.

There are four streams of water into the system or generated in the system: the feed biomass moisture, the air humidity, the water injected to the system for steam generation, and reaction water which forms during combustion and gasification reactions. As is shown in Figure 1, the flue gas from the FFB reactor after air preheating, steam generation and biomass drying is released to the atmosphere as exhaust gas. Air preheating and steam generation are indirect processes while biomass drying is a direct process where flue gas and biomass are in direct contact. Therefore, the water in the exhaust gas is from air humidity, excessive fuel combustion and vaporization of feed biomass moisture during drying. The source of steam generated in the system is from the water imported to the system. The water in the producer gas is from the steam injected to the BFB reactor, the water vapourised from biomass and gasification reactions.





2.3. Modelling of the Rotary Drying

An overview of the rotary dryer’s model is shown in Figure 2. The feedstock is assumed to be from forest residues or from green log processing, therefore, the original moisture content is estimated to be between 50% and 60%. A rotary dryer was selected for biomass drying because it is relatively simple and flexible for using different types and sizes of biomass feedstock [6]. Co-current configuration is adopted for the rotary drying, which prevents direct contact between hot drying medium and the dry biomass thereby lower potential fire hazard [6]. In modeling the biomass drying, the following assumptions were made:

Figure 2. An overview of the rotary dryer model.



[image: Energies 07 04342 g002 1024]






	The temperature of the biomass and the drying medium at the outlet of the dryer is very close. Rigorous modeling results have shown that the temperature difference at the dryer outlet in co-current rotary dryer is insignificant when the final moisture content is less than 15% [7,24].


	The exhaust gas temperature is assumed to be always higher than wet-bulb temperature (70 °C).


	The heat of vaporization of water is kept constant during the drying using the average temperature between inlet and outlet temperatures.


	The heat loss of the dryer is assumed to be 15% based on the experimental results with a semi industrial rotary dryer [25]. It does not include the heat loss by the exhaust gas.


	The heat transfer coefficient between the drying medium and the biomass is calculated using the correlation proposed by Saeman and Mitchell [26].




The calculation of actual biomass drying rate can be complicated, which involves heat and mass transfer both within the solid biomass and between the biomass surface and the drying medium. As the final moisture content in this study is relatively high (15%), the drying rate is still reasonably fast at the end of drying, and thus the drying process is largely controlled by the heat transfer rate. The correlation of Saeman and Mitchel was used for calculating the dryer’s dimensions [26]. The overall mass and heat balance equations for both the biomass and the flue gas was developed in a user-defined unit operation in UniSim in this study following the procedure presented in [27].




2.3.1. Mass Balance of Water

The overall mass balance for the water over the dryer is relatively simple because there is no chemical reaction involved in the process and the water is the only component transferring between phases. The water lost by the feed biomass is gained by the gas phase, as is described in Equation (4):



Ṁfg (Y2 − Y1) = Ṁbiom (X1 − X2)



(4)




where Ṁfg and Ṁbiom are the mass flow rate of the flue gas and the biomass on dry basis, (kg/s) and Y1 and Y2 are the inlet and the outlet humidity of the flue gas, (kg/kg). X1 and X2 are inlet and outlet moisture contents of the biomass, (kg/kg), which are calculated from Equation (5):


X = MC/(100 − MC)



(5)




where MC is the feed biomass moisture content, %. The humidity and mass flow rate of the inlet flue gas were determined from the gasifier unit operation which is described in Section 2.4. Therefore, if the inlet and target moisture content of the biomass are known, the outlet humidity of flue gas can be determined from Equation (4).


2.3.2. Energy Balance

The energy balance of the drying system is based on the consideration that the heat provided by the flue gas (Q) is equal to the heat gained by the biomass for heat-up and for water vaporization plus the heat loss (15%):



Q = Q1 + Q2 + Q3 + Q4 + Q5 + QL



(6)




In which:



Q = (ṀfgCpfg + ṀfgY1Cpvw)(Tfg − Tout)



(7)




Q1 is the heat for the feed (moist biomass) to be heated to the wet bulb temperature:



Q1 = (ṀbiomCpbiom + ṀbiomX1Cpvw)(Tw − Tb)



(8)




Q2 is the heat for the water vaporization at the wet-bulb temperature:



Q2 = Ṁbiom(X1 − X2) ΔHvw



(9)




Q3 is the heat for the biomass to be heated to the outlet temperature:



Q3 = ṀbiomCpbiom (Tout − Tw)



(10)




Q4 is the heat used to heat the remaining moisture in the biomass to the outlet temperature:



Q4 = ṀbiomX2Cplw (Tout − Tw)



(11)




Q5 is the heat used to heat the water vapour to the outlet temperature:



Q5 = Ṁbiom(X1 − X2)Cpvw(Tout − Tw)



(12)




QL is the heat loss and estimated by:



QL = 0.15Q



(13)




In the above equations, Tfg and Tb are the inlet temperatures of the flue gas and biomass respectively; Tout is the outlet temperature of the dryer (°C); Tw is the wet-bulb temperature of the flue gas (°C). ΔHvw is the latent heat of vaporization of water (kJ/kg) at Tw. Cpfg, Cpbiom, Cplw and Cpvw are the specific heat of, respectively, flue gas, biomass, liquid water, and vapour water (kJ/kg °C) which are taken as constants during drying.




2.4. Modelling of the Gasification System

The biomass steam gasification process is modeled in three stages including pyrolysis, char-gas reactions and reactions among gases [19,28,29]. A “quasi three stage equilibrium model” was adopted from [20] with some adjustments. For the pyrolysis step, a macro code was written in a user defined unit operation in UniSim. For char-gas reactions, a Gibbs reactor was modeled to calculate their equilibrium with limited steam contribution. For reactions among gases, a limited steam-gas shift reaction was modeled in an equilibrium reactor. For modeling the FFB reactor, a conversion reactor was defined for combustion of un-reacted char and excessive fuel. An overview of the DFB gasifier model developed in UniSim is shown in Figure 3.

Figure 3. An overview of the DFB gasifier model developed in UniSim Design.
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2.4.1. Modeling of the Pyrolysis Step

In the pyrolysis step, biomass is converted to a mixture of char and combustible gases. The precise prediction of the pyrolysis products is regarded as the most important stage of the gasification [19]. The pyrolysis gas mainly consists of H2, CO, CO2, H2O, CH4, N2, NH3, H2S and tar vapors. By introduction of two empirical factors of ФCO (molar ratio of CO/CO2) and ФCH4 (molar ratio of CH4/H2), five equations were generated based on elemental balances of C, H and O components of the biomass and the gas to calculate the concentration of the five major components of the gas including H2, CO, CO2, H2O and CH4. In the modeling, methane also represents traces of other light hydrocarbons and tar:
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(14)
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(18)




where, ni is the molar flow rate of each component (kmol/s). ФCO and  [image: Energies 07 04342 i101] are determined by the following correlations as a function of temperature:
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(19)
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(20)




where Tg is the gasification temperature (K), A1 = 4.7 × 103, B1 = 7163.6, A2 = 2.28 × 10−3 and B2 = 5404.85 which were obtained from curve fitting of the experimental data reported in [30].
The amount and composition of tar may change significantly from pyrolysis step to final gasification [31]. However, in this study, this transition was ignored and the final tar content of producer gas (dry basis) was assumed as a function of gasification temperature, Equation (21), which was adopted from the experimental data reported in [32]. Then, the composition of methane was modified by subtracting the carbon and hydrogen content of tar which its composition was taken from [1]:



Tar(wt%) = −5.61 × 10−3 × Tg(K) + 6.95



(21)




The concentrations of other species (N2, NH3 and H2S) were calculated from the elemental balances for N and S and their formation reactions. The composition of hydrogen was also modified by subtracting the hydrogen content of ammonia and hydrogen sulfide.



2.4.2. Modeling of the Char-gas Reactions and Reactions among Gases

In this study, Boudouard, primary and secondary steam-gas reactions were assumed as the char-gas reactions while steam-gas shift reaction was assumed as the steam-gas reaction [28]:


	Boudouard: C+CO2→2CO


	Primary steam-gas reaction: C+H2O→CO+H2


	Secondary steam-gas reaction: C+2H2O→CO2+2H2


	Steam-gas shift reaction: CO+H2O→CO2+H2




It has been shown that steam contribution to the primary and secondary steam-gas reactions is limited [33,34]; therefore, the steam contribution to reactions at equilibrium can be calculated using a simple correlation as follows[20]:
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(22)




where  [image: Energies 07 04342 i102] is the total moles of steam in the system, nH2O,con is the moles of steam that contributes to the reactions and Tg is the gasification temperature (K).
In order to check the equilibrium assumption of steam-gas shift reaction, the equilibrium constant of this reaction has been compared with the reaction constants derived from experimental results of Herguido et al. [35] and Wei et al. [36] and the results are shown in Figure 4. The average value of their results for the steam-gas shift reaction constant was used in the present model in UniSim.

Figure 4. The steam-gas shift reaction equilibrium constant at different temperatures.
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The heat requirement of the BFB gasification reactor is the sum of the heat requirement of pyrolysis, char-gas reactions and steam-gas reaction sections. The heat requirement of each part was calculated from the enthalpy balance in UniSim. The char generated from the biomass gasification and the excessive fuel to the FFB reactor are combusted with air supplied to provide the energy required for the BFB gasification reactor . In a commercial scale DFB gasifier (100 MW), the heat loss can be reduced and, in the present study, heat loss is assumed to be 5% of biomass energy (LHVbiom × Ṁbiom). The excessive fuel to the FFB reactor is represented by the ratio of the excessive fuel energy supply to the feed biomass energy:
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(23)




where Ṁfuel and Ṁbiom (kg/s) are the mass flow of the excessive fuel and biomass, respectively, and LHVfuel and LHVbiom (MJ/kg) are the corresponding lower heating values.
The amount of air supplied to the FFB reactor is important in any simulation of the DFB biomass gasification system. The purpose of air supplied to the FFB reactor is for oxidizing the char and excessive fuel as well as acting as fluidizing agent. The excessive factor for air supply (λ) is taken into account which is defined as:
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(24)




where Ṁair (kg/s) is the mass flow rate of air supply to the FFB reactor and Ṁair,stoich (kg/s) is the mass flow rate of air at stoichiometric condition.



2.5. Energy and Exergy Efficiencies of an Integrated System

The exergy of a system at a given condition is the maximum amount of useful work which can be extracted from the system in that environment. For calculating the exergy efficiency of an integrated system; there are two approaches. In one approach, the system is assumed as a black box and exergy efficiency is calculated as the ratio of total exergy of useful product to the total exergy input [11,37]. In another approach, the role of individual unit operations in total exergy efficiency of the integrated system is determined [38,39] which is used in this study. Based on this approach, the overall exergy efficiency of the system is calculated from the following equation:



 [image: Energies 07 04342 i011]



(25)




where, m and n represents the numbers of head and non-head unit operations. A head unit operation exchanges the energy streams with the environment while a non-head unit operation does not. Ėxu,i, is the useful exergy of unit operation i; İj is the internal exergy loss of unit operation j; Ėxa,k is the available exergy of each unit operation. The internal exergy loss is calculated from the following equation:


İ = Eẋa − Eẋu



(26)




Based on the process flow diagram shown in Figure 1 and the classification of unit operations reported in [38], the useful and available exergy of each unit operation is listed in Table 2.


The following equation for total exergy efficiency of the system is achieved from Equation (25) and relations presented in Table 2:



ηex = (Ṁpg × Exch,pg + Eẋsteam,exp)/(Ṁbiom × Exch,biom + Ṁfuel × Exch,fuel + Eẋsteam,imp + Elpower)



(27)




where Exch,pg, Exch,biom and Exch,fuel, MJ/kg, are the chemical exergy of producer gas, biomass and excessive fuel, respectively. Ṁpg, Ṁbiom and Ṁfuel, kg/s, are correspondingly the mass flow rate of producer gas, biomass and excessive fuel. Ėxsteam,exp and Ėxsteam,imp are the exergy of imported and exported steams, MWth. Elpower, is the electrical power, MW. Chemical exergy of the producer gas was calculated from following relation adopted from [40]:
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(28)




In which, Mwpg is the molecular weight of producer gas, kg/kmol; yi is the mole fraction of producer gas components; Ex0ch,i is the standard chemical exergy of each component, kJ/kmol; T0 is the environment temperature, K; R is the gas universal constant, 8.314 kJ/kmol·K. The chemical exergy of woody biomass is related to its lower heating value (Exch,biom = β × LHVbiom) where β was calculated from following relation [40]:
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(29)




where zi is the mass fraction of each element of of carbon (C), hydrogen (H), oxygen (O), nitrogen (N), and sulfur (S). The standard chemical exergy of producer gas components, water and excessive fuel which is assumed as liquid petroleum gas (LPG) in this study were obtained from [40]. The exergy of imported/exported steam is calculated from following relations:


Eẋsteam,imp/exp = |Eẋsteam,gen − Eẋsteam,con|



(30)






Eẋsteam =  [image: Energies 07 04342 i103](1 − T0 / T)



(31)






 [image: Energies 07 04342 i103] = Ṁsteam(h − h0)



(32)




where Ėxsteam,gen and Ėxsteam,con, are the exergy of steam generated in the system and exergy of steam consumed in the system, respectively, MWth; Ṁsteam is mass flow rate of steam, kg/s; h and h0 are specific enthalpy of steam at actual and environmental conditions, MJ/kg; T and T0 are the actual temperatures of steam and the environment, K. The actual average environmental condition of the site is assumed 1 bar and 20 °C in this study. The energy efficiency has been calculated using a conventional method, and the following equation has been derived:
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(33)






Table 2. The available and useful exergy of each unit operation.


	Item
	Eẋa
	Eẋu





	Biomass Drying
	Eẋfg,in − Eẋfg,out
	0



	Air Preheating
	Eẋfg,in − Eẋfg,out
	Eẋair,out − Eẋair,in



	Steam Generation
	(Eẋfg,in + Eẋpg,in) − (Eẋfg,out + Eẋfg,out)
	Eẋsteam,gen



	DFB Gasification
	Eẋbiom + Eẋfuel
	(Eẋpg + Eẋfg) − (Eẋair + Eẋsteam,con)



	Blower
	Elpower
	Eẋair,out − Eẋair,in



	Fan
	Elpower
	Eẋfg,out − Eẋfg,in









3. Results and Discussion

The proposed model has been solved in the UniSim Design and the results are presented in four sections: (i) The simulation on DFB gasification and model validation with the experimental data from the pilot scale DFB gasification system; (ii) The simulation for effects of gasification condition on DFB gasification yields and the integrated system performance; (iii) The simulation for effects of feed biomass moisture content on the performance of the integrated system and (iv) The simulation on energy and exergy analysis of the integrated system.


3.1. The Simulation and Model Validation of DFB Biomass Gasification

The developed DFB gasification model has been solved in UniSim and the simulation results of producer gas composition and its H2/CO ratio are compared with the corresponding experimental data reported in [32]. The bed material in the BFB gasifier is olivine which does not show significant catalytic effect. The results are shown in Figure 5 for the effects of gasification temperatures from 750 °C to 850 °C and in Figure 6 for the effect of S/B ratio from 0.6 to 1.2. As can be seen in Figure 5 and Figure 6, with increase in gasification temperature, the H2 composition increases significantly while CO composition decreases. In Figure 5, the simulated results are in close agreement with the experimental data for H2 and CO compositions while the model predicted CO2 composition of the producer gas is underestimated by about 9%. Also, there are discrepancies between simulation results and experimental data for light hydrocarbon compositions although these discrepancies diminish with increase in the gasification temperature. From Figure 6, the simulated H2 composition is in close agreement with the experimental data, however, there are discrepancies between the simulation and the experimental data for CO, CO2 and CH4 compositions. The predicted trends of the CO and CO2 compositions are in agreement with experimental data that CO composition decreases and CO2 composition increases with S/B ratio. While the trend of model simulated CH4 composition is inconsistent with the experimental data reported in [32], the model simulated trends are supported by the data reported in [35,36].

Figure 5. Comparison of the producer gas composition resulted from the simulation with the experimental data [32], S/B = 0.84.
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Figure 6. Comparison of the producer gas composition resulted from the simulation with the experimental data [32], T = 850 °C.
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3.2. Effect of Gasification Conditions on Gasification Performance

The effect of gasification temperature and S/B ratio on the gasification performance (the yields of producer gas and char, and H2/CO ratio of producer gas) has been examined using the developed model and the results are shown in Figure 7 for the effect of gasification temperature and in Figure 8, for the effect of S/B ratio. From the figures, it is found that both the gasification temperature and the S/B ratio have positive impacts on gas yield and H2/CO ratio in the producer gas. The simulation results also show that the char yield decreases with gasification temperature and the S/B ratio when more carbon is converted to gas thereby more gas yield.

Figure 7. The effect of gasification temperature on the system yields, S/B = 0.84.
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Figure 8. The effect of steam to biomass ratio on the system yields, T = 850 °C.
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However, as can be seen in Figure 7 and Figure 8, the gasification temperature has more significant effect than the S/B ratio on the gas yield. Therefore, increasing the temperature is more effective on char-gas reactions than injecting more steam to the system.





From Figure 8, it is also found that with increase in the S/B ratio the gas yield increases slightly but the H2/CO ratio of the produced gas increases more substantially. In fact, both the gasification temperature and S/B ratio favor the steam-gas shift reaction towards hydrogen production according to Le Chatelier’s principle, which results in higher H2/CO ratio. The experimental data for H2/CO ratio at different gasification temperatures and S/B ratios reported in [32] are also shown in Figure 7 and Figure 8, respectively. As can be seen from the figures, although the simulation results are in good agreement with the experimental data for H2/CO ratio at different temperatures, there are discrepancies for H2/CO ratio at different S/B ratios.

It is predicted by the model that at S/B ratio of 1.2 and gasification temperature of 850 °C, the H2/CO ratio of around 1.9 can be achievable which is suitable for FT liquid fuel synthesis. However, the experimental data in [32] shows a slight decrease in H2/CO ratio with increase in S/B ratio from 0.84 to 1 while in [36] it shows an increase.



3.3. Effect of Excessive Fuel and Air Supply

The energy requirement of the BFB gasification reactor is provided by the combustion of char and excessive fuel in the FFB reactor. In order to achieve a higher gasification temperature, more excessive fuel and air are needed at the given biomass feeding rate. The model simulation results on excessive fuel requirement at different gasification conditions (temperature and S/B ratio) are shown in Figure 9. In the figure, ω is the ratio of excessive fuel energy flow to the biomass energy flow as defined in Equation (23). As the char yield declines by increasing both gasification temperature and S/B ratio, more excessive fuel supply is required to the FFB reactor to provide the heat for the gasification. However, at gasification temperature of 800 °C and steam to biomass ratio between 0.6 and 0.7, the system does not require excessive fuel supply while the system’s fuel requirement dramatically escalates with further increase in the S/B ratio or increase in the gasification temperature.

Figure 9. The excessive fuel requirement of the system versus S/B ratio.
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The air fuel equivalent ratio (λ) decreases by increasing the excessive fuel supply to the system. For compensating this reduction in λ, the excessive air supply to the system is required. However, as is shown in Figure 10, by increasing the air supply to the system, the excessive fuel requirement dramatically escalates which results in modest increase in air fuel equivalent ratio.

Figure 10. The effect of excessive air supply (air flow/initial air flow) on excessive fuel requirement, ω, and air fuel equivalent ratio, λ. T = 850 °C and S/B = 0.84.
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3.4. The Effect of Feed Biomass Moisture Content on System Performance

As is shown in Figure 11, with increase in feed biomass moisture content, more energy is needed for drying and thus hotter flue gas is required at a given air supply flow rate or more air is supplied. By increasing the air supply to the FFB reactor thereby flue gas flow rate, the flue gas temperature for biomass drying can be decreased although more excessive fuel has to be supplied to the FFB reactor as well. However, as is shown in Figure 12, with increase in air supply, more steam is generated due to the increase in excessive fuel.

Figure 11. The effect of feed moisture content on the flue gas temperature required for drying, T = 850 °C and S/B = 0.84.
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Figure 12. The effect of feed moisture content on the steam generated in the system, T = 850 °C and S/B = 0.84.
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3.5. The Energy and Exergy Analysis of the System

The developed model has been used to examine the effect of feed biomass moisture content, air supply and fuel supply on energy and exergy efficiencies of the system and the results are shown in Figure 13 for gasification temperature of 850 °C and S/B ratio of 0.84. From the figure, it can be found that with increase in the feed biomass moisture content, the energy efficiency decreases dramatically while exergy efficiency declines slightly. As the feed moisture content increases, more flue gas heat is recovered for drying; therefore, less steam is generated in the system resulting in more steam import. As more steam is imported to the system, the energy efficiency of the system decreases dramatically while the exergy efficiency is less dependent on the amount of steam imported to the system as the exergy value of steam is much less than its energy value.

Figure 13. The effect of feed moisture content on the energy and exergy efficiencies of the system, T = 850 °C and S/B = 0.84.
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From Figure 13, it is also found that the energy efficiency of the system does not change remarkably by increasing the air and fuel supplied to the system while the exergy efficiency changes significantly. As the air supply to the FFB reactor increases, the excessive fuel requirement of the system increases resulting in higher flue gas flow rate from the FFB reactor. As flue gas flow rate increases, more heat is recovered for steam generation at a given biomass moisture content. Therefore, with more excessive fuel consumption in the system, more steam is generated at the equivalent energy content. However, the exergy possessed by the extra steam generated in the system is less than the exergy of extra excessive fuel since the exergy value of fuel is much higher than exergy value of the steam. Therefore, the exergy efficiency of the system decreases by increasing the air supply to the system while energy efficiency remains unchanged.

The only exhaust stream from the integrated biomass drying and gasification system is the exhaust gas from the rotary dryer. The effect of feed biomass moisture content on energy and exergy losses by the exhaust gas is shown in Figure 14. As can be seen from the figure, although the energy loss of exhaust gas increases dramatically with increase in the feed biomass moisture content, the exergy loss is less affected. The energy loss through exhaust gas increases with feed biomass moisture content as its flow rate increases with more water evaporation. However, its exergy slightly changes as its temperature is kept almost constant with increase in feed biomass moisture content. In the drying model, the inlet condition changes while exhaust gas temperature and target moisture content of biomass are constant. Comparing Figure 13 with Figure 14, it is concluded that exhaust gas is the main reason for the energy loss in the system while it has minor impact on exergy loss.

Figure 14. The effect of feed moisture content on energy and exergy losses through waste product in the integrated system, T = 850 °C, S/B = 0.85.
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The exhaust stream of flue gas and the irreversibility of unit operations are two sources of exergy loss although the irreversibility of different unit operations is the major contributor to the exergy loss of the system (internal exergy loss). The distribution of different unit operations in internal exergy loss of the system is shown in Figure 15 at different feed biomass moisture content.

Figure 15. The exergy losses of different unit operations in the system, T = 850 °C and S/B = 0.84.
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The total exergy loss by the system increases significantly by increasing the feed biomass moisture content. Gasification is the main source of irreversibility in the system which is in agreement with findings of Vitasari et al. [11]. The exergy loss due to the drying is insignificant at low feed biomass moisture contents of below 30% which is also in line with the findings of Vitasari et al. [11]. However, the exergy loss increases with feed biomass moisture contents dramatically and the exergy loss from drying is higher than the gasification with feed biomass moisture content is at 50% or higher. Exergy loss due to steam generation decreases considerably by increasing the feed biomass moisture content.




4. Conclusions

An integrated system model for dual fluidized bed (DFB) gasification and rotary dryer has been developed in UniSim simulation environment. Flue gas from the fast fluidized bed (FFB) reactor is employed for biomass drying.

The DFB gasification model results are in good agreement with the experimental data. Both gasification temperature and S/B ratio favor the gas yield and H2/CO ratio of the producer gas. Increasing the gasification temperature is more effective on gas yield while increasing S/B ratio is more effective on H2/CO ratio. A H2/CO ratio of 1.9 that is close to the requirement of FT synthesis can be achieved at 850 °C and S/B of 1.2.

Increase of air supply to the DFB gasification is more suitable for drying of biomass with higher moisture content because more flue gas is required, but flue gas with a lower temperature can be employed in the biomass dryer. However, with feed moisture content increase, more air to the FFB reactor is required and more excess fuel is needed for keeping the constant flue gas temperature in the dryer. As a result, more steam is generated with higher flue gas rate and the energy efficiency is less affected. In contrast, exergy efficiency decreases as the exergy of steam generated in the system is much less than the exergy value of the excessive fuel.

The energy efficiency decreases dramatically by increasing the biomass feed moisture content as more heat is spent on biomass drying. The heat loss through dryer’s exhaust gas is the major contributor of energy loss in the system. In contrast, the exergy efficiency slightly decreases as the exergy loss through dryer’s exhaust gas is insignificant. The thermodynamic irreversibility of unit operations is the major source of exergy loss with gasification as the major player. However, at feed biomass moisture content more than 50%, biomass drying becomes a major source of exergy loss in the system as well.
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