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Abstract

:

This paper reports the results of a study of a water–gas shift reaction over nickel–ceria catalysts with different metal loading. Within this study, the overall CO conversion and observed kinetic behavior were investigated over the temperature range of 250–550 °C in different reactor configurations (fixed-bed and microchannel reactors). The quasi-steady state kinetics of the CO water–gas shift reaction was studied for fractions of Ni-containing cerium oxide catalysts in fixed-bed experiments at lab-scale level using a very dilute gas (1% CO + 1.8% H2O in Не). A set of experiments with a microchannel reactor was performed using the feed composition (CO:H2O:H2:N2 = 1:2:2:2), representing a product gas from methane partial oxidation. The results were interpreted using computational models. The kinetic parameters were determined by regression analysis, while mechanistic aspects were considered only briefly. Simulation of the WGS reaction in the microreactor was also carried out by using the COMSOL Multiphysics program.
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1. Introduction


Electricity and hydrogen are now considered as the dominant energy carriers in modern green chemical and process engineering. Syngas, being composed of hydrogen and carbon monoxide, is considered an alternative to conventional fuels in all its applications. It can be burned like natural gas, used as a source of hydrogen for fuel cells, or transformed into other hydrocarbon fuels. The composition of syngas varies depending on operational conditions and technologies used. The water–gas shift reaction (WGS) is the preferred chemical reaction applied in the syngas cleaning and conditioning stages to remove toxic CO and produce H2 along with CO2 prior to using a syngas product stream in different applications. The WGS reaction is reversible and moderately exothermic:


CO + H2O = CO2 + H2   ∆rHo298 = −41.1 kJ/mol.



(1)







The reaction is quite sensitive to temperature and shifts to reactants as the temperature increases. Due to the reversibility of the WGS reaction, the rate of the forward reaction is strongly inhibited by reaction products. Maximum CO conversions and selectivities are typically governed by equilibrium independent of reaction pressure because there is no variation in the number of moles. However, the kinetic potential of catalysts greatly affects the actual reaction rate to the desired products. Depending on the feed stream characteristics and the catalyst that is used in conditioning, side reactions such as the methanation reaction can accompany the water gas shift reaction process:


CO + 3H2 = CH4 + H2O,   ∆rHo298 = −206.1 kJ/mol.



(2)







Meantime, generating CH4 that is of a high heating value and a low toxicity, could be even preferred than oxidation to CO2 [1,2].



Today, one of the most important criteria for the production of hydrogen-rich gas and syngas treatment systems is compact design. Thus, sub-millimeter channels offer the advantage of decoupling the hydrodynamics, reaction kinetics, and transport phenomena controlling the overall behavior of a catalytic reactor. Compared with traditional reactors, high heat and mass transfer give many more opportunities to improve the efficiency of heterogeneous catalysts and reach optimal process conditions [3,4]. For a catalytic process to be successfully used in a microchannel reactor, the reaction must exhibit intrinsically rapid kinetics that is detectable at millisecond residence times. Optimization and performance predictions of scale-up effects require first a knowledge of chemistry and reaction kinetics. Simulation studies are very helpful afterwards.



Generally, two different approaches have been used to develop a suitable kinetic model for the rate of catalytic reactions [5]. Microkinetics modeling explores the detailed chemistry of the reaction. Although the WGS reaction involves only four simple molecules, the reaction mechanism is quite complex and depends on the catalyst and feed composition [6,7,8]. A direct experimental investigation of a particular mechanism for WGS reaction is difficult or impossible under realistic operating conditions. Empirical models of macrokinetics for heterogeneous catalytic reactions dependent on factors such as the concentration of reactants and products and exponentially on temperature are used more often. Being based on experimental results, empirical models provide an easy and computationally lighter way to make predictions about reaction rates and the system behavior.



For oxide-supported catalysts, strong evidence exists that the metal oxide support is directly involved in the WGS reaction mechanism. Cerium oxide-based WGS catalysts have become increasingly attractive since such materials possess a high lattice oxygen capacity, mobility, and reducibility. The presence of Ce was shown to promote the thermal stability of materials and a decrease in the size of the Ni particle in catalytic systems like Ni/Al2O3 and Ni/ZrO2. Ceria-supported platinum catalysts are the most active in a water–gas shift reaction, but economically not feasible. Nickel–ceria catalysts are promising materials due to their relatively high activity in this reaction [9,10]. The activity and selectivity of supported nickel catalysts are known to be strongly dependent on the amount of metal employed, the size of the dispersed metal particles, the metal–support interaction, and the composition of the supports [11]. It was demonstrated that nickel catalysts showed good performance for the WGS, especially at high temperature (450 °C). The beneficial role of ceria for the nickel WGS catalyst has been reported elsewhere [12,13,14,15].



This paper reports results of a study of the water–gas shift reaction over nickel–ceria catalysts with different metal loading at temperatures in the range of 250–550 °C. Within this study, the overall CO conversion and the observed kinetic behavior were investigated in different reactor configurations (fixed-bed and microchannel reactors). The fixed-bed experiments at lab scale were carried out using a very dilute gas (1% CO + 1.8% H2O in Не). A set of experiments with a microchannel reactor were performed using feed stream composition (CO:H2O:H2:N2 = 1:2:2:2), representing the product gas character relative to the partial oxidation of methane. The results were interpreted using computational models. Kinetic parameters for the rate equations of Reactions (1) and (2) were determined by regression analysis, while mechanistic aspects are considered here only briefly. Simulation of the WGS reaction in the microreactor was also carried out using the COMSOL Multiphysics program.




2. Results


2.1. Ni/CeO2 Catalyst Characterization


Table 1 shows the surface area of the as-prepared nickel–ceria catalysts. The high surface area facilitates the catalytic reactions. Analyses of argon thermodesorption data show that the specific surface area of catalysts slightly decreases with increasing nickel loading.



The structural features of catalysts were estimated by X-ray diffraction. The X-ray diffraction patterns for the catalysts with nickel content of 5% and 10% are presented in Figure 1. Both samples are biphasic, comprised of cubic Fm-3m CeO2 and NiO phases. Based on the XRD data, nickel content was estimated to be 1.1 wt % and 8.7 wt % for the 5% Ni/CeO2 and 10% Ni/CeO2 samples, respectively. Hence, Ni species were highly dispersed and can in part be dissolved in the ceria matrix. Increasing Ni content in the catalyst increased the mean size of nickel particles, as shown in Table 2.



It was found earlier [16] that in as-prepared Ni/CeO2 catalysts, nickel oxide can be present as NiO particles strongly or weakly interacting with the surface of CeO2 and the Ni–Ce–O solid solution. Moreover, the states and distribution ratio of nickel species depend on the shape of CeO2 particles. Catalytic activity could be controlled by a combination of the Ni particles’ surface structure (mainly for those strongly interacting with the support) and Ni atoms in the Ni–Ce–O surface layer formed by reduction of Ni2+ cations in the reaction conditions. It is known that ceria affects the reducibility of metal oxides supported on it. Thus, NiO is reduced at 300–400 °C. In turn, the addition of nickel improves the reducibility of ceria due to the strong Ni–CeO2 interaction [9]. TEM images (Figure 2) demonstrate a microdomain type of CeO2 particles with a good domain crystallinity (lattice planes are resolved), and interplanar distances corresponding to cubic ceria phase. Nickel particles are not visible by TEM; however, Ni was detected by EDX analysis. A low content of Ni in the surface layer by EDX analysis implies its possible dissolution in CeO2 surface layers.



Compared to the as-prepared catalysts, deposited carbon species over nickel metallic particles species were observed by TEM in the case of the spent catalyst (Figure 3). In this case a low content of Ce estimated by EDX for the area observed in this figure including Ni particles and support implies their weak interaction. It is well known that Ni-based catalysts are prone to carbon deposition and Ni particles’ sintering, especially in the presence of water and at high temperature. As a result, the available surface area decreases, thus affecting catalytic activity. However, the carbon rapidly accumulated on the catalyst surface does not cause serious deactivation as the catalytic sites remain available for the adsorption of gaseous reactants.



Until now, very little has been known about Ni/CeO2 composite nanomaterials with respect to the importance of strong metal–support interactions and the influence of CeO2 morphology on the chemical state and catalytic performance of nickel species. More detailed work is required for a better understanding of the structure–performance relationship of a nickel catalyst supported on ceria and the correlation between the structure and catalytic activity. This will also permit a more rational approach to the design of novel catalysts.




2.2. Kinetic Behavior on the WGS Reaction in the Fixed-Bed Reactor Configuration


2.2.1. Experimental Observation


In order to study catalytic activity for the water–gas shift reaction and elucidate kinetic parameters, experiments were performed in a fixed-bed flow reactor loaded with 0.1 g of nickel–ceria catalyst (contact time 50 ms) over a temperature range of 250–600 °C under atmospheric pressure. A micro quartz reactor operated isothermally was used for the study. A very dilute feed gas composition of 1% CO + 1.8% H2O balanced to 10 L·h−1 with Не was employed.



Concentrations of carbon-containing reaction products versus temperature in the outlet gas are given in Figure 4. The reaction initiates at temperatures around 200 °C. However, some methane formation occurs at temperature around 250 °C, as shown in Figure 4b. Clearly, there is no appreciable difference in the light-off temperature of WGS reaction for Ni/CeO2 catalysts with nickel content from 5 to 12.5 wt %. It can be seen that all prepared samples with different weight percentages of nickel exhibit a high specific activity for CO conversion in the temperature range of 300–450 °C. In fact, the values of CO conversion to CO2 at 400 °C for samples with 10 and 12.5 wt % Ni are nearly the same, 94.7% and 95.3%, respectively. Some decrease in the specific surface area observed for catalysts with a higher nickel loading (Table 1) suggests the formation of bulk NiO particles. Large Ni particles formed after reduction in the reaction mixture, which would have a negligible interaction with ceria, appear to have a small effect on the catalytic activity compared with well-dispersed Ni nanoparticles. Simultaneously, the total number of highly dispersed nickel species may also increase with nickel loading (Table 2).



Concentration of methane in the reaction products was detected to be very low for maximum values below 0.022–0.037 vol % at 300–350 °C (Figure 4b), showing negligible secondary methanation reaction for these catalysts in the feed with the excess of H2O. The most promising for methanation reaction was found to be 2 wt % Ni/CeO2 catalyst [17,18,19]. As shown in the literature [20,21,22,23,24], methanation at the surface of supported Ni catalysts is highly structure-sensitive and is also sensitive to the presence of hydrogen.




2.2.2. Kinetic Modeling


A series of experiments (Figure 4) with Ni/CeO2 catalysts for the water gas shift reaction were carried out isothermally in a plug flow fixed bed reactor. The experiments were performed under conditions where transport resistances are negligible. There was no hydrogen in the inlet mixture. Experiments with changing reaction temperature were conducted at a constant contact time (50 ms). The reaction was examined using a very dilute gas mixture of 1% CO + 1.8% H2O in Не and at very short residence times in an attempt also to avoid sequential reaction through the forward reaction.



The composition of the mixture at the reactor exit is mainly influenced by variable parameters such as temperature and feed concentration. The thermodynamic equilibrium analysis of the water–gas shift reaction can give us some information concerning operating conditions. As is well known, the thermodynamic equilibrium CO conversion is favored at low temperatures and independent of the reaction pressure. Thermodynamic calculations of the system have been performed with the “Thermos” program [25,26] using the Gibbs free energy minimization approach. Gibbs free energy is computed at the atmospheric pressure and temperature of the reactor and calculated using standard molar entropy, enthalpy of the reaction at a given temperature, and temperature dependence of the specific heat of each compound. Figure 5 shows thermodynamic predictions for particular experimental conditions.



According to thermodynamic predictions for the given feed composition, 0.01 CO and 0.018 H2O in He, the maximum hydrogen production observed at 450 °C is accompanied with a minimum methane formation. The reaction of CO methanation becomes thermodynamically unfavorable at elevated temperatures.



As a result of mathematical treatment and experimental evaluation, a semi-empirical kinetic model for the rate of the reaction was deduced. A kinetic model of water–gas shift (WGS) was based on the stoichiometric Reactions (1) and (2). By using the law of mass action, the rates of the chemical Reaction (1) can be written as directly proportional to the concentrations of reactants and products:


    R 1  =  k  + 1    (   y  C O    y   H 2  O   −  1   K  e q 1      y  C  O 2     y   H 2     )    



(3)






    R 2  =  k  + 2    (   y  C O    y   H 2   3  −  1   K  e q 2      y  C  H 4     y   H 2  O    )  ,   



(4)




where Ri are reaction rates and yi are concentrations of reagents in mole fractions. Reaction ki and equilibrium Keqi constants are written in the Arrhenius form:


    k i  ( T ) =  k  0 i   exp  (  −    E i    R T    )    



(5)






    K  e q i   ( T ) =  K  0 i   exp  (     E  e q i     R T    )  .   



(6)







The computer program “Thermos” provided equilibrium concentrations that were used to calculate the values of equilibrium constants. The apparent activation energies and kinetic constants were calculated with assumption of the isothermal plug-flow reactor model:


     d  y i    d τ   =  1 γ   [   q i  −  y i    ∑  j = 1    N S      q j     ]    



(7)






     d y   d τ   =   ∑  i = 1    N S      q i      



(8)






    τ = 0 :      y i  =  y i 0  ;     γ = 1  .   



(9)







Here,     y i  ,  y i 0    —mole fractions of components in the reaction mixture and at the inlet of the reactor, respectively;    γ ≡  N   N 0      —a molar expansion factor defined as a ratio of the total molar flux N to the inlet N° one;    τ ≡    G  c a t      N 0       —a reference contact time in the units of    s × g / m o l   ; is calculated as a function of the catalyst weight;     q i  =   ∑  j = 1    N R      z  j i    R j      —rate of i-component formation/consumption;     z  j i      are coefficients of the stoichiometric matrix for the Reactions (1) and (2).



Estimations of kinetic parameters were made for each reaction realization using methodology of minimizing the objective function:


   Q =   ∑  j = 1    N  exp        ∑  i = 1    N S      [    (  y  i j   exp   −  y  i j   c a l c   )  2  +   (  γ j  exp   −  γ j  c a l c   )  2   ]  ⟶ min     ,   



(10)




where i—index of component, j—index of experiment, NS—number of components, Nexp—number of experiments.



When all the relevant concentrations were ascertained using the molar balanced equations for the elements, kinetic parameters can be estimated to match the experimental data based on a minimization of the objective function. The Gauss–Marquardt method is a minimization algorithm for gradient descent. The system of Equations (7)–(9) was solved numerically, as has been shown in detail elsewhere [27,28,29].



Thus, for Ni/CeO2 catalysts tested in the fixed-bed experiments, the averaged values of kinetic parameters of the kinetic model (2) and the confidence intervals to the estimates for the WGS reaction are given in Table 3. No reliable kinetic model parameters for methanation Reaction (4) in these conditions have been identified.



Simulated data for different Ni loadings obtained with the set of kinetic parameters (Table 3) against experimental observations in the fixed-bed reactor are shown in Figure 6. Confidential intervals obtained in the computations for each component are small enough. Therefore, the kinetic model applied is quite adequate to fit the experimental data obtained by using the estimated kinetic parameters. Thus, Figure 7 illustrates the good agreement between the experimental and calculated data. Here the diagonal line represents the line of identity.





2.3. Kinetic Behavior of the WGS Reaction in a Microchannel Reactor Configuration


Nowadays, microchannel reactor technology has also been explored as a possible reactor configuration for the WGS reaction. Microchannel reactors have characteristic dimensions, such as channel gaps, which are on the microscale (typically < 1000 μm) or meso-scale (1000 μm to a few millimeters) level [30]. Shorter space–time yields are enabled in microchannel systems due to a reduction of the transport limitation. Microchannel WGS systems were reported to have very short (less than 30 ms) residence times at temperatures between 250 and 300 °C [31].



2.3.1. Experimental Data


A set of experiments with a specially designed microchannel reactor with catalyst-loaded microchannel plates was performed at atmospheric pressure and temperature 250–550 °C. The feed stream composition (CO:H2O:H2:N2 = 1:2:2:2), which contains large amount of hydrogen and water as reactants, represented a product gas from methane partial oxidation to give us more information about the methanation reaction over Ni/CeO2 catalysts. The effects of temperature and gas hourly space velocity (GHSV, h−1) on CO conversion and selectivity to CO2 and CH4 were studied. GHSV is the ratio of the volume flow rate of the gas to the volume of the reactor, calculated at standard temperature and pressure. A higher GHSV value (Table 4) represents a shorter residence time. The performance of a microchannel reactor was characterized by CO conversion and selectivity to CO2 and CH4 at a given gas hourly space velocity in the reactor.



The fast dissociation of water on Ni/CeO2 would have a dramatic effect on the activity and stability of this system as a catalyst for the water–gas shift [32]. The catalysts in this set of experiments were actually tested under forward WGS feed conditions because of the large excess of water. The WGS reaction should proceed faster under a large excess of water above stoichiometric ratio. The rate of the forward reaction will dominate as long as there is some H2O in the system. Carbon monoxide is required by both Reactions (1) and (2) and conversion of CO can be expected to be rather high. Schumacher et al. [7] also tested catalysts under forward WGS feed conditions. For the catalysts investigated on an aluminum oxide support the following experimental trend was found Cu > Co > Ru > Ni > Pt > Au > Fe > Pd > Rh > Ir. The Ni catalyst shows high activity in the intermediate temperature range.



The data related to the feed mixture used in the experiments with microchannel reactor are given in Table 4.



All studied catalysts demonstrated high and stable activity in the water–gas shift reaction. Selectivity and conversion are interrelated. Temperature dependences of CO conversion at GHSV = 17,640 h−1 over catalysts with different nickel loading are presented in Figure 8. It can be observed that catalysts with nickel loading 10 and 12.5 wt % exhibit higher conversion over the considered temperature range and almost reach equilibrium at a temperature of about 400 °C.



The effect of temperature on selectivity to CO2 at GHSV = 17,640 h−1 over catalysts with nickel loading from 5 to 12.5 wt % is shown in Figure 9. As temperature increases, CO2 selectivity decreases, reaching minimum values at 400–500 °C, and then grows again for all of the catalysts studied. Such an effect seems to be evidence of mechanism alteration during the transition from low to high temperatures. At high temperatures, the exothermic reaction of CO methanation shifts to the left, towards an increase in CO2 selectivity and lowering CO conversion. Notably, the catalysts with a high nickel content displayed the lowest selectivity to CO2 in the low temperature region, but the highest values in a high (˃450 °C) temperature region.



Regarding CH4 formation, appreciable amounts of methane appear at temperatures above 320–340 °C until reaching their maximum at 400–450 °C (Figure 10). A further increase of temperature leads to a drop in methane concentration, apparently due to a side reaction of methane steam reforming. The lowest methane concentration at high temperature was observed during a reaction over 12.5 wt % Ni/CeO2.



The highest CO conversion (97.8%) was obtained at a relatively low temperature of 400 °C and the lowest GHSV of 17,640 h−1 for the 12.5 wt % Ni/CeO2 catalyst. The effect of GHSV on conversion and selectivity at 400 °C is illustrated in Figure 11, Figure 12 and Figure 13.



As shown in Figure 11, conversion of CO drops rapidly for all examined catalysts as GHSV is increased from 17,640 to 52,920 h−1 (Table 4). Thus, about a 40% decrease in conversion was observed for catalysts with nickel loading 10 and 12.5 wt % Ni. At the maximum GHSV of 52,920 h−1 corresponding to the shortest residence time, the highest value of about 59.8% was detected for both catalysts mentioned above. Consequently, methane concentration is reduced and CO2 selectivity slightly increases with the increase of GHSV from 17,640 to 52,920 h−1, as can be seen from Figure 12 and Figure 13. Changes in methane concentration during variation of gas velocity seem to be caused by water consumption in the water–gas shift Reaction (1), and therefore the equilibrium of CO methanation Reaction (2) was shifted to the right.



For the remaining CO, the lowest value of 0.34% was observed for the 10 wt % Ni/CeO2 catalyst (Table 5). This value of CO residual concentration is comparable with literature data concerning microchannel reactors despite the fact that compositions of the initial reaction mixture and inlet CO concentration differ strongly. For example, Kolb et al. [33] used a catalyst 1% Pt/CeO2/Al2O3 deposited on the microchannel plate made of metallic foil. The initial mixture was comprised of 10.0% CO, 20.0% H2O, 30.0% H2, 10.0% CO2, and 30.0% Ar, corresponding to reformate composition after isooctane steam reforming. At 340 °С and WHSV = 2.9    mL ·  g  catal   − 1   ·   s   − 1      СО conversion was equal to 79% and outlet СО concentration −2.3%. It should be emphasized that catalysts involved in processes of CO to CO2 conversion usually contain expensive rare metals. Tonkovich et al. [34], for instance, employed a catalyst 5% Ru/ZrO2 deposited on nickel foam at 400 °С and GHSV = 72,000 h−1. The CO conversion was about 70% for the feed with CO concentration 5%, H2O/CO ratio equal to 3 and N2 balance. Germani et al. [35] used a microreactor equipped with two steel plates, each containing 49 channels loaded with 2% Pt/CeO2/Al2O3 catalyst. The initial mixture simulated the composition of reformate after autothermal reforming of gasoline with the following composition: 32.2% H2, 9.6% CO, 8.4% CO2, 23% H2O, and Ar balance. The authors showed that at a reaction temperature of 380 °C and WHSV = 16.7    mL ·  g  catal   − 1   ·   s   − 1     , CO conversion was about 75%.



According to this research, a microchannel reactor loaded with catalyst can successfully provide a sufficiently low concentration of CO at the outlet, which is acceptable for subsequent mixture purification by the low-temperature water–gas shift or direct CO selective oxidation and, after that, in PEMFC [36].




2.3.2. Kinetic Assessment


Effect of the Resistance to Mass Transfer


The application of a microchannel parallel-passage reactor configuration for kinetic measurements has been demonstrated experimentally and investigated theoretically [37,38]. The reacting gas mixture flows through the channels and chemical reactions can occur on the catalytic surface of the channel. It is of central importance that the testing is performed under conditions without any transport limitations concerning heat and mass transfer. In this study, the reactor thermal management sub-system provided an isothermal environment for the rate measurements of the exothermal WGS reaction. Another important aspect to estimate is the effect of the mass transport resistance. The global effectiveness factor (usually ranging from 0 to 1), which accounts for the effect of different diffusion resistances on the intrinsic rate of reaction, is a convenient quantity to measure how much the reaction rate is lowered because of the mass transport limitation within a catalytic system [39,40,41,42,43]. For example, the calculated 10% error associated with neglecting the diffusion effect in such a reactor configuration is on the same order as the experimental error associated with conversion measurements, with a ±5% relative accuracy [38].



The cold-pressing method, applied successfully for the preparation of the catalyst-loaded microchannel plates, ensures strong and tight microchannel walls. Given the measured rates, the pore resistance effect was estimated using Wagner–Weisz–Wheeler modulus     M W     [44]. With the value of 1.7228 × 10−2 at 550 °C, which is the highest value of     M W    , the pore resistance is negligible in this study. Therefore, we can assume that the WGS reaction occurs at a fluid, non-porous solid interface without internal transport effect and the geometric surface area of the channels directly accessible to the reaction gas mixture more likely represents the true catalytic area.



Under laminar flow conditions in the channels, and at steady state, the flow rate to the surface (per unit area) is equal to the reaction rate at the surface. Using the component’s effectiveness factor formulation [43] and assuming the reaction rate based on the per-unit surface area to be of the first order, the effectiveness factor for the CO conversion rate as the key component is as follows:


    η  e x t   =    k m     k  C O   +  k m    ,   



(11)




where the surface rate constant with units of    m ·  s  − 1      is numerically equal to the rate at which the unit volume of reactant (carbon oxide) is consumed per unit catalyst surface per unit time. The surface rate constant     k  C O      may be evaluated from the experimental data, substituting a fractional conversion of CO, residence time   τ   and the volume-specific catalyst surface area in a channel     S  s p . c h   ·  m 2  ·  m  − 3     :


    k  C O   ·  S  s p . c h   = −  1 τ  · ln ( 1 −  X  C O   ) .   



(12)







The mass transfer coefficient     k m     in a channel is evaluated from a Sherwood number Sh:


   S h =    k m  ·  d h     D  C O − m i x     ,   



(13)




where     D  C O − m i x      is mixture-averaged (effective) diffusion coefficient for CO species in remaining mixture, the effective hydraulic diameter     d h     is a function of area S and perimeter P of the channel cross section (the Chesy relation):


    d h  =   4 S  P  .   



(14)







The rate of mass transfer to the reactive surface describing the flux from the gas to the catalytic surface strongly depends on the shape and fluid dynamic design of the channel. The mass transfer efficiency being determined by the Sherwood number Sh, is defined as in [44]:


   S h = 2.977 + 8.854 ·   (  z *  ·   10  3  )   − 0.5174   · exp ( − 42.29 ·  z *  ) .   



(15)







Here     z *  =  z   d h  · P e     , where   z   is the axial coordinate of the channel and    P e    is the Peclet number.



Having calculated with Equation (11) the effectiveness factors for the experimental data, the minimum value of     η  e x t      = 9.98 × 10−1 (Sh = 2.98) was found. At the specified reaction conditions, the calculated values of the rate constant     k  C O      and mass transfer coefficient     k m     were estimated to be 0.00757 m·s−1 and 3.66 m·s−1, while the values of effective diffusion coefficient for CO species and gas viscosity were equal to 3.52 × 10−4 m2·s−1 and 3.32787 × 10−5 Pa, respectively. The results indicate that the rate of gas/solid mass transfer was sufficiently large compared to the rate of catalytic reaction over the range of experimental conditions in this study, so diffusional limitations can be safely neglected.




Kinetic Modeling


We avoid a detailed discussion of the reforming chemistry in terms of elementary steps. A mechanism-independent power-law kinetic model (Equations (3) and (4)) derived from atmospheric pressure experiments has been applied to reveal the difference in the performance of catalysts under study. The temperature-dependent coefficients in the kinetic model can then be determined from data treatment by substituting the rates of reactants’ disappearance and product formation into the experimental rates of overall CO conversion and CO conversion to the products and solving by iteration. All the compositions of output gases are determined using the mass balance principle. The computer program “Thermos” provided us with equilibrium concentrations that were used to calculate a value of equilibrium constants (5) and (6) (Table 6). The parameters were related at all temperatures by the van’t Hoff equation. For the rate Equations (3) and (4), predicted Arrhenius parameters and activation energies are shown in Table 7. It can be seen that the reaction rate constants for the methanation reaction decrease with the increase of Ni content in the catalyst.



Over the temperature range of interest, 350–450 °C, selectivities to carbon-containing reaction products are very close. Correlation curves between CO, CO2, and CH4 concentrations and the reference contact time calculated as a function of the catalyst loading at 400 °C correspond to the rate constants   k   = 0.1256 ± 0.007 for the WGS Reaction (1) and   k   = 0.2207 ± 0.02 mol·g−1·s−1 for methanation Reaction (2) (Figure 14).



After optimization procedure to minimize the difference between the observed and calculated data, kinetic parameters for the WGS (3) and methanation (4) Reactions in H2O- and H2-rich gases are shown in Table 8 below. It can be seen that the confidence intervals became smaller for the kinetic parameters across all trials. Simulated data for different Ni loadings obtained with the set of kinetic parameters (Table 8) in comparison with experimentally determined with the microreactor appear in Figure 15.



In general, the kinetic model is able to describe the experimental results in the range of temperatures investigated. The reaction initiates at temperatures around 250 °C and comes to be close to equilibrium at about 400 °C. However, methane formation occurs at temperatures between 325–550 °C, as shown in Figure 15c. Yet, it can be concluded that the macrokinetic model (4) applied in the kinetic simulations does not fit perfectly and predict the actual kinetic behavior of the methanation reaction in experiments. The modeling of the methanation system is known to be much more complex than the simple model system [45]. Methanation rates over different nickel-based catalysts, including single-crystal nickel surfaces, have been shown [46] to fall within about an order of magnitude of each other when compared at the same conditions. These results showed large differences between measured and calculated rates. It was elucidated in [47] that methane formation during WGS conditions attributed to changes in the structure of the catalyst. Alstrup [20] gave a summary of the kinetic models for CO methanation over nickel. The kinetic model for methanation based on the formation of reactive surface carbon from the reaction between absorbed CO* and H* and stepwise hydrogenation of C* to produce CH* as the rate limiting step, was developed in [48]. Carbon coverage dependency was also included in the model. However, the kinetic model was not thermodynamically consistent. The microkinetic approach in attempts to describe this reaction using its most fundamental set of elementary reaction steps, seems to be capable accurately predict reaction kinetics over wide ranges of temperature.





2.3.3. Microreactor Simulations


Mathematical simulations can reproduce the behavior of a reaction system under study using a mathematical model. It is a reliable way to explain and predict numerically the effect of inlet compositions and operating conditions in scaled-up reactors, which can be also extended to industrial applications.



The developed reaction kinetics is used as baseline for these simulations of the WGS reaction in the microchannel reactor. The microreactor modeling with Comsol Multiphysics package was performed in an analogous way as it was published in the paper [49]. Mathematical simulation is done on the base of two-phase model. The model takes into account the convective heat and mass transfer in the gas phase of the reactor channels, changes in both concentrations and temperature due to Reactions (1) and (2) in the solid phase, the heat exchange with oven and axial thermal conductivity of the solid phase of microreactor, heat and mass exchange between gas and solid phases. The assumptions made are as follows: the steady state flow is considered for the reactor operation; ideal incompressible gas flaw is assumed; fully developed laminar flow is employed, the pressure drop along the reactor is neglected and the static pressure at the outlet is zero. The ambient temperature is assumed to be uniform as set by the external furnace. The temperature and composition are dependent on the thermo-physical properties and species mass sources.



Gas phase species balances:


   ε u   ∂  Y  g i     ∂ z   =  S v  β  ( z )   (   Y  s i   −  Y  g i    )  ,   i = 1 , 6 ,   



(16)




where 1—CO, 2—CO2, 3—CH4, 4—H2, 5—H2O, 6—N2.



Solid phase species balances:


   −  S v  β  ( z )   (   Y  s i   −  Y  g i    )  +  (  1 − ε  )   V m    ∑  ​   ν  i j    W j  = 0 ,   i = 1 , 6 ,   



(17)







Gas phase energy balance:


    c p   u 0    ∂  T g    ∂ z   =  S v  α  ( z )   (   T s  −  T g   )  ,   



(18)







Solid phase energy balance:


      −  (  1 − ε  )   λ s     ∂ 2   T s    ∂  z 2    −  S v  α  ( z )   (   T s  −  T g   )       +  (  1 − ε  )    ∑  ​   Q j   W j  +  S  e x t    α  e x t    (   T  f u r n a c e   −  T s   )  = 0 ,      



(19)







Boundary conditions:


    z = 0 :    T g  =  T g  i n   ,    Y  g i   =  y  g i   i n   ,      λ s    ∂  T s    ∂ z   = 0    



(20)






   z = L :  λ s    ∂  T s    ∂ z   = 0 .   



(21)








	
ygi—concentrations in gas phase, mole fraction;



	
ysi—concentrations in solid phase, mole fraction;



	
u—velocity of gas, m/s;



	
ɛ—catalyst fraction;



	
Sv—the specific surface-to-volume ratio in the channel, m−1,



	
β—mass transfer coefficient, m/s;



	
cp—gas heat capacity, J m−3 K−1;



	
cs—catalyst heat capacity, J m−3 K−1;



	
Tg—gas phase temperature, К;



	
Ts—solid phase temperature, К;



	
α—mass transfer coefficient, m/s;



	
Tfurnace—temperature in the furnace, К;



	
λ—thermal conductivity of the catalyst;



	
L—reactor length;



	
Vm—molar volume, m3 mol−1.








The mass transfer and heat transfer coefficients were evaluated from the correlations (15) for Nu and Sh numbers [44]. The reaction rate constants for the WGS Reaction (1) (Table 3) and methanation Reaction (2) (Table 8) were adapted to be suitable the computational domain (Table 9).



The simulation results obtained with the proposed kinetics for the Ni/CeO2 catalyst allow direct comparison of experimental and computational results for given operating conditions. The main results are given in Figure 16, Figure 17 and Figure 18.



Graphs of predicted concentrations CO and CO2 in the product gas versus reaction temperature are in good agreement with the experimental observations. Again, the macrokinetic model (4) does not predict the actual kinetic behavior of the methanation reaction.



The microreactor operates under forward WGS feed conditions. The feed gas mixture was far non-stoichiometric. Both experimental results and simulation data show that due to a large excess of water and hydrogen in the feed CO conversion and CO2 concentration in the product gas as a function of the temperature during WGS reaction reach the maximum beyond which the system reaches equilibrium.



The simulations of the temperature in gas/solid phase and species concentrations in the reactor channel length are shown in Figure 17 and Figure 18. It can be seen that for the given operational conditions and the channel length the residence time is not sufficient to reach the steady state.






3. Materials and Methods


3.1. Ni/CeO2 Catalysts Preparation and Characterization


Cerium oxide was prepared via the organic polymerized complex method, which is a modified version of the polymeric precursor method suggested by Pechini. The modified preparation procedures described earlier [50,51]. This method of preparing catalysts enables homogeneous oxides, in particular CeO2 with a fluorite structure, to have well-controlled properties and a high surface area. In particular, aqueous solutions of cerium nitrate Ce(NO3)3, citric acid (CA), ethylene glycol (EG), and ethylenediamine (ED) were employed to synthesize ceria. The ethylene glycol and citric acid were used as complex formation reagents, ethylenediamine was chosen as additional complex builder as it enhances uniformity. The molar ratio of precursors CA:EG:ED:Metal = 375:1125:375:1 were used in the preparation of the sol solution. Citric acid has been firstly dissolved in ethylene glycol at a ratio of CA:EG = 1:3 at 60 °C. Aqueous Ce(NO3)3 was dissolved in small amounts of distilled water. Ethylenediamine has then been added drop-by-drop at room temperature into the solution obtained after mixing Ce(NO3)3 solution and CA/EG mixture. After 2 h, the mixture has been heated above 100 °C to evaporate any trace of water. A very dark and viscous product has been obtained after 4–5 days of polymerization. This petrol-like mass has been further calcined in an air flow furnace at 700 °C for 4 h. Nickel was supported by the incipient wetness impregnation with Ni(NO3)2 aqueous solution, followed by drying and calcination for 2 h at 300 °C. Nickel loading in Ni/CeO2 catalysts was varied between 5 to 12.5 wt %.



The specific surface area of catalysts was determined by using Ar thermodesorption data obtained on a SORBI-M instrument by the BET (Brunauer, Emmett, Teller) method. Powdered catalysts were characterized by X-ray diffraction (XRD) using a Bruker D8 Advance diffractometer (CuKα radiation in 2Θ scanning range 15–90° with step 0.05°). Transmission electron microscopy (TEM) micrographs were obtained with a JEM-2010 instrument (lattice resolution 1.4 Å, acceleration voltage 200 kV).



Catalyst-loaded microchannel plates were prepared by the cold-pressing method [52,53]. Foamed nickel (JSC “Novomet-Perm”, Permsky kray, Russia) (open porosity 0.8, average size of a structural cell 0.25 mm, specific surface area 10 m2·g−1) was used as a precursor for the microchannel plates. The foamed nickel plates with thickness of 2–3 mm were exposed to ultrasonic treatment in suspension of Ni/CeO2 catalyst in ethanol to incorporate catalyst in pores of foamed nickel. Ethanol to catalyst ratio was 2:1, average catalyst particles size was <10 micrometers. After drying in air, the plates were cold-pressed at 250 atm using special designed engraved die. As a consequence, 12 parallel channels of 50 mm long with cross sections of 0.5 × 0.2 mm were formed in each plate of size 20 × 50 mm and thickness 0.5 mm. The channel wall thickness, or the spacing between two channels, is fixed at 1 mm. Overviews of the microchannel plate and the microreactor under study are presented in Figure 19. The weight of the incorporated catalyst was determined by weighing the plate before and after the catalyst loading procedure. The total catalyst loading for an assembly of four microchannel plates was about 0.8 g.




3.2. Catalyst Testing


Catalytic activity was studied by using a fixed-bed reactor in a computer-controlled flow installation. The catalysts were not activated prior to testing. The feeding gas (10 L/h) was a mixture of 1% CO + 1.8% H2O in Не. In order to improve the isothermicity of the bed, a Ni/CeO2 catalyst sample (0.1 g) of fraction 0.25–0.5 mm was well mixed with quartz sand (0.9 mL) of fraction 0.5–1 mm. Reactant and product concentrations were measured on-line with a Test-201 (Bonair, Novosibirsk, Russia) gas analyzer equipped with IR absorbance, electrochemical and polarographic sensors.



Catalytic activity of microchannel plates was studied in the setup developed in the lab (schematic view is shown on Figure 20) with a specially designed reactor at atmospheric pressure and temperature 250–550 °C using the feed mixture H2:N2:CO:H2O = 2:2:1:2. The total volume of the microchannel plate assembly was about 2 cm3. The experimental reactor with the size of 52 × 22 × 4 mm was made of heat-resistant stainless steel and sealed by welding. The mixture comprising of H2, N2, CO with 2:2:1 mol ratio was fed into reactor by using a flow-mass controller (RRG-10, Eltochpribor, Moscow, Russia). Water was supplied by a syringe pump (WZS-50F6, Sensitec, The Netherlands). The feed supply rates was varied, and the volumetric flow rate was equal to 7, 14, and 21 mL/s (GHSV = 17,640, 35,280, and 52,920 h−1).



The complete microchannel reactor was surrounded by an electric tubular furnace for heating and thermal insulation. Proportional-Integral-Derivative (PID) automatic control of the temperature was performed using an automatic PID regulator (Termodat 13KT2, Perm, Russia). A thermocouple was inserted inside the reactor body to measure the actual reaction temperature. Temperature maintenance precision was about 0.5 °C. Analog-digital converter ADAM4019 (Advantech Co., Ltd., Taipei, Taiwan) with LabView 2009 (National Instruments, Inc., Austin, TX, USA.) was used to collect data and control the temperature and flow rate. The outlet reaction mixture passed through a cold trap to remove water and remaining gas mixture was analyzed by gas chromatography (LKhM-8MD, Moscow, Russia). Analysis was performed using a CaA zeolite column for H2, N2, CH4, CO and Porapaq Q column for CO2, with argon as the carrier gas, at room temperature.





4. Conclusions


Nickel–ceria catalysts with nickel loading of 5–12.5 wt % were prepared and studied in water–gas shift reaction both as fractions in the model diluted feed and as supported layers in a microchannel reactor at GHSV = 17,640, 35,280 and 52,920 h−1 in real feeds with the excess of water and hydrogen. The most active catalysts were found to contain 10 and 12.5 wt % Ni. Formation of methane was observed at temperatures above 320–340 °C. Nevertheless, selectivity towards CO2 remained high enough, up to 70–80%. The activity of the prepared nickel–ceria catalysts was sufficiently high in comparison with the literature data for rare-earth metal-based catalysts tested in microchannel conditions. The catalysts can be used as a basic system. Promotion with Mo, Pt, Ru, etc. could increase the sulfur resistance. During prolonged testing (up to two weeks) of developed catalysts in microchannel reactor in real feeds, including start-up–shutdown procedures, no deactivation was observed. Hence, the middle-term stability of these catalysts is sufficient. The catalysts have the potential for their further optimization toward the practical applications.
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Figure 1. XRD patterns for 5% Ni/CeO2 (1) and 10% Ni/CeO2 (2) catalysts. Reflections of NiO are denoted by NiO (hkl), those of CeO2 denoted by (hkl). 
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Figure 2. High-resolution TEM image (a) and EDX spectrum (b) of as-prepared 5% Ni/CeO2 sample. 
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Figure 3. High resolution TEM image (a) and EDX spectrum (b) of 5% Ni/CeO2 catalyst after reaction. 
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Figure 4. Catalytic performance of Ni/CeO2 catalysts with different nickel loading in WGS reaction with the feed 1% CO + 1.8% H2O in Не: (a) concentrations of CO and CO2; (b) concentration of CH4. 
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Figure 5. The effect of the temperature on equilibrium gas composition (in mole fraction) for the feed 0.01 CO + 0.018 H2O in He. 






Figure 5. The effect of the temperature on equilibrium gas composition (in mole fraction) for the feed 0.01 CO + 0.018 H2O in He.



[image: Catalysts 07 00310 g005]







[image: Catalysts 07 00310 g006a 550][image: Catalysts 07 00310 g006b 550] 





Figure 6. Comparison of experimentally determined (symbols) and numerically predicted (lines) mole fractions as a function of temperature for WGS in a fixed-bed reactor: (a) 5% Ni/CeO2; (b) 7.5% Ni/CeO2; (c) 10% Ni/CeO2; (d) 12.5% Ni/CeO2, solid lines = equilibrium composition at given temperatures for 1% CO + 1.8% H2O in Не. 
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Figure 7. The parity plot of the calculated and experimental data on the outlet concentration (in mole fraction) of the fixed-bed reactor: (a) Y (CO); (b) Y (CO2). 
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Figure 8. Temperature dependence of CO conversion at GHSV = 17640 h−1 over catalysts with different nickel loading. 
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Figure 9. Temperature dependence of CO2 selectivity at GHSV = 17,640 h−1 over catalysts with different nickel loading. 
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Figure 10. Methane concentration as a function of temperature at the reactor outlet over catalysts with different nickel loading. 
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Figure 11. Effect of GHSV on CO conversion for catalysts with different nickel loading at 400 °C. 
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Figure 12. Effect of GHSV on selectivity to CH4 for catalysts with different nickel loading at 400 °C. 
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Figure 13. Effect of GHSV on selectivity to CO2 for catalysts with different nickel loading at 400 °C. 
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Figure 14. Correlation curves (thick black lines) between CO (a), CO2 (b), and CH4 (c) concentrations at 400 °C and the reference contact time calculated as a function of the catalyst loading. 
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Figure 15. Comparison of experimental (symbols) and numerically predicted (lines) concentrations for WGS as a function of temperature: (a) CO, (b) CO2, (c) CH4 (feed stream—0.1429 CO + 0.2857 H2O + 0.2857 H2 in N2). 
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Figure 16. Comparison of experimentally and numerically predicted concentrations for WGS over the 12.5% Ni/CeO2 catalyst and equilibria for the given feed mixture as a function of temperature: (a) CO, (b) CO2, (c) CH4 (feed stream—14.29% CO + 28.57% H2O + 28.57% H2 in N2). 
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Figure 17. Temperature evolution in gas phase (Tgas) and solid phase (Tcatalyst) along the reactor length at the inlet temperature of 200 °C. 
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Figure 18. Species concentrations versus reactor length. 
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Figure 19. The microchannel reactor and catalyst-loaded microchannel plate. 
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Figure 20. Image of the experimental setup for the WGS reaction in the microchannel reactor. 
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Table 1. Specific surface area of catalyst samples.
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	No.
	Chemical Composition
	Specific Surface Area, m2·g−1





	1
	5% Ni/CeO2
	82



	2
	7.5% Ni/CeO2
	80



	3
	10% Ni/CeO2
	75



	4
	12.5% Ni/CeO2
	69
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Table 2. Structural data for catalyst samples.






Table 2. Structural data for catalyst samples.





	
Sample

	
Phase Composition

	
Cell Parameter, Å

	
X-ray Particle Size D, Å






	
5% Ni/CeO2

	
CeO2

	
5.407

	
135




	
NiO

	
4.178

	
115




	
10% Ni/CeO2

	
CeO2

	
5.406

	
125




	
NiO

	
-

	
180
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Table 3. Kinetic parameters for the case of the fixed-bed reactor.
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	Reaction
	ln k0
	Е, kJ/mol





	CO + H2O → CO2 + H2
	23.53 (+/−) 3.12
	108 (+/−) 14.1
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Table 4. Feed characteristics of a four-component mixture.






Table 4. Feed characteristics of a four-component mixture.













	Inlet
	H2
	N2
	CO
	H2O
	GHSV, h−1





	Q, cm3/s
	2.8
	2.8
	1.4
	2.8
	17,640



	
	5.6
	5.6
	2.8
	5.6
	35,280



	
	8.4
	8.4
	4.2
	8.4
	52,920



	y0,i, mol/mol
	0.2864
	0.2864
	0.1429
	0.2864
	



	C0,i, mol/m3
	12.75
	12.75
	6.38
	12.75
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Table 5. CO concentrations at the reactor outlet at different GHSV.
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Ni Loading on CeO2 (wt %)

	
CO Concentration, (%, Dry Basis)




	
GHSV = 17,640 h−1

	
GHSV = 35,280 h−1

	
GHSV = 52,920 h−1






	

	
400 °С

	
450 °С

	
400 °С




	
5

	
3.43

	
2.84

	
8.10

	
9.47




	
7.5

	
2.85

	
1.99

	
6.59

	
8.41




	
10

	
0.34

	
1.05

	
3.70

	
5.75




	
12.5

	
0.54

	
0.81

	
3.52

	
5.88
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Table 6. Equilibrium constants calculated by the van’t Hoff equation.
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	Reaction
	K0i
	lnK0i
	Еeqi, kJ/mol





	CO + H2O → CO2 + H2
	1.350 × 10−2
	−4.30502
	38.038



	CO + 3H2 → CH4 + H2O
	2.741 × 10−13
	−28.92531
	216.808
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Table 7. Kinetic parameters for catalysts with different Ni loading in the microchannel reactor.
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	No
	Reaction
	Ni Content
	ln k0i
	Ei, kJ/mol





	1
	CO + H2O
	5%
	7.109 ± 3.1
	51.23 ± 16.5



	2
	CO + 3 H2
	5%
	5.206 ± 2.8
	37.70 ± 16.8



	1
	CO + H2O
	7.5%
	5.113 ± 2.8
	42.13 ± 14.5



	2
	CO +3 H2
	7.5%
	3.760 ± 2.9
	32.29 ± 17.3



	1
	CO + H2O
	10%
	6.361 ± 4.5
	47.37 ± 22.2



	2
	CO +3 H2
	10%
	1.788 ± 3.0
	21.56 ± 17.3



	1
	CO + H2O
	12.5%
	6.187 ± 3.6
	47.86 ± 17.9



	2
	CO + 3 H2
	12.5%
	0.00056 ± 3.1
	16.09 ± 17.8
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Table 8. Optimized kinetic parameters for the WGS and methanation reactions in H2O- and H2-rich gases.






Table 8. Optimized kinetic parameters for the WGS and methanation reactions in H2O- and H2-rich gases.





	No
	Reaction
	Ni content
	ln k0i
	Ei, kJ/mol





	1
	CO + H2O
	5%–12.5%
	5.241 ± 1.6
	42.51 ± 7.9



	2
	CO + 3 H2
	5%–12.5%
	1.957 ± 1.5
	23.33 ± 9.0
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Table 9. Physical and computational domain of the simulated reactor and model settings.






Table 9. Physical and computational domain of the simulated reactor and model settings.





	Cell
	Dimensions





	 [image: Catalysts 07 00310 i001]
	Length—1.5 mm

Height—0.5 mm

Sv = 186.67 m−1

K1 = 1.95 × 1011 × exp(-E1/(R × Tc)) mol·m−3·s−1

E1 = 109,600 J·mol−1

K2 = 0.856 × 104 × exp(-E2/(R × Tc)) mol·m−3·s−1

E2 = 16,000 J·mol−1
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