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Abstract

:

Hydrogen, as an energy carrier, can take the main role in the transition to a new energy model based on renewable sources. However, its application in the transport sector is limited by its difficult storage and the lack of infrastructure for its distribution. On-board H2 production is proposed as a possible solution to these problems, especially in the case of considering renewable feedstocks such as bio-ethanol or bio-methane. This work addresses a first approach for analyzing the viability of these alternatives by using Pd-membrane reactors in polymer electrolyte membrane fuel cell (PEM-FC) vehicles. It has been demonstrated that the use of Pd-based membrane reactors enhances hydrogen productivity and provides enough pure hydrogen to feed the PEM-FC requirements in one single step. Both alternatives seem to be feasible, although the methane-based on-board hydrogen production offers some additional advantages. For this case, it is possible to generate 1.82 kmol h−1 of pure H2 to feed the PEM-FC while minimizing the CO2 emissions to 71 g CO2/100 km. This value would be under the future emissions limits proposed by the European Union (EU) for year 2020. In this case, the operating conditions of the on-board reformer are T = 650 °C, Pret = 10 bar and H2O/CH4 = 2.25, requiring 1 kg of catalyst load and a membrane area of 1.76 m2.
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1. Introduction


The current energy model, mainly based on fossil fuels, presents two main drawbacks (i) limitation of reservoirs, which are getting scarcer and, consequently, increasing the price; and (ii) generation of CO2 emissions during their combustion, definitively contributing to global warming [1]. Under this situation, especially critical in big cities, it is clear there is a need for a new and sustainable energy model, based on renewable energies, capable of facing the increasing energy demand associated with the exponential growth of the global population and, simultaneously helping the reduction of pollutant emissions [2]. This modification of the energy model will not be immediate nor focused on a unique energy source, so a progressive transition in the short-middle term is necessary to achieve a completely stable and safe energy grid while fossil fuels gradually cease [3]. Most perspectives establish hydrogen as the key for this transition due to its high performance and absence of CO2 emissions during its combustion. It is considered a clean energy carrier because it allows both storage of diverse primary energy sources, renewable ones in an ideal situation, and transformation into different forms of energy, i.e., electrical energy in fuel cells [1]. In this manner, a hydrogen-based energy model could combine at the same time traditional fossil fuels with other renewable sources, while minimizing the environmental impact [4]. However, the lack of highly efficient storage devices and distribution infrastructures is slowing down its real penetration into the system, especially with regard to the transport sector [5,6]. Development of on-board hydrogen production systems would be a great solution to overcome these limitations, generating the H2 just inside the vehicle from other compounds and, thus, minimizing its difficult storage and transport [7]. However, this application needs to be carefully addressed, especially in terms of dimensions and weight of the on-board H2 production unit due to the space restrictions in an average vehicle and optimization of power requirements. Considering the reduction of CO2 emissions as one of the main reasons to use hydrogen in transport, renewable sources need to be pursued for its production, preferably being also easily stored and distributed [8]. Bio-ethanol [9] and bio-methane [10] could accomplish reasonably these requirements. However, it is important to note that the purity of these compounds could affect the associated H2 production process and storage requirements. In fact, bio-ethanol is usually accompanied by a significant amount of water, while bio-methane could be together with 20%–40% carbon dioxide. Both alternatives have been widely studied due to the use of mature techniques, i.e., steam-reforming [11,12,13,14], although only few of them address on-board production for their future application to the transport sector [15]. Among them, only some laboratory-scaled works or modeling studies using small fuel cells of 1–5 kW can be found [15], producing hydrogen via steam reforming, although it is really rare to find the combination of dimensioning the production unit with the polymer electrolyte membrane fuel cells (PEM-FC) requirements in real conditions required for most of typical vehicles (in terms of power and available space). Therefore, the viability of this strategy to power bigger fuel cells, as most of prototypes demand, needs to be properly addressed. Moreover, requirements of H2 purity are especially important as the PEM-FC (widely proposed for H2-vehicles) can be easily poisoned with trace amounts of CO [16], and available space inside a typical vehicle for a purification unit is very limited.



In this context, the use of membrane reactors, which combine both chemical reaction and separation steps in a single device, appears as a very attractive alternative for efficient process intensification [17,18]. Selective permeation of hydrogen through an adequate membrane shifts the equilibrium, enhancing the chemical reaction and, thus, improving both conversion and global efficiency while a high-purity product is simultaneously obtained in the permeate side [4,17,18]. Over recent years, multiple experimental and modeling works with membrane reactors can be found in the literature for diverse processes, mainly steam reforming [19], auto-thermal reforming [20], and water gas shift [21]. Most of them present a multi-tubular structure in which the catalyst is placed as a fixed-bed [22] or fluidized-bed [23,24] and the tubes are made of H2-selective material, usually Pd or Pd-based alloys with high perm-selectivity and good thermal resistance [25]. However, the study of these systems for direct H2 production on-board is still scarce [15].



In this context, the present work analyzes the use of membrane reactors for ultra-pure H2 production on-board, capable to power a typical PEM-FC, feeding directly previously purified bio-ethanol or bio-methane in the vehicle. The most convenient operating conditions were studied through modeling to enhance the H2 production, maximizing the permeation rate and, thus, the chemical reaction displacement, while assuring both thermal and mechanical stability. The reactor design (catalyst load and membrane area) was performed while taking into account main limitations of available space in vehicles. Finally, some considerations about energy integration, economy, and environmental impact were also addressed.




2. Experimental Details


2.1. Process Design for Hydrogen Production On-Board


The process design was focused on the hydrogen requirements of the considered fuel cell, in this case a PEM-FC type. According to the Technology Road Map published for fuel cells and H2 transition [26], the recommended power energy for utility vehicles goes from 80 to 120 kW with higher heating value efficiencies (HHV) up to 60% (ratio between fuel cell power and high heating value of the gases fed to the anode). Considering the minimum value of this range (80 kW) and typical efficiencies, the on-board production system would need to supply around 1.70 kmol·h−1 of pure H2, which was taken as the target value for this work.



Figure 1 presents a block diagram for the entire process designed in the present work. Two main deposits contain the main reactants of the process: fuel (ethanol or methane from previous bio-production processes) and water. Here, it is important to note that a previous purification and conditioning of fuels were considered, feeding the vehicle with pure compounds for easier comparison between both alternatives. Inside the vehicle, the reactants are pre-treated to reach the operating conditions prior to entering the membrane reactor. Basically, this pre-treatment consists of pumping and heating the reactants (vaporizing in case of liquids) until reaching the operating conditions. Then, H2 is produced in the membrane reactor unit (R-1), being simultaneously separated through a palladium membrane to feed the fuel cell (low-temperature polymer electrolyte membrane fuel cell, LT-PEMFC). The H2 flux needs to be cooled and stabilized in a buffer to enlarge the PEM-FC life cycle. The retentate coming from R-1 is fed to a combustor, where the non-converted reactants (bio-ethanol or bio-methane), CO, and non-permeated H2 are burnt to provide the required energy for both pre-treatment units and R-1. Water is separated from CO2 by condensation and then returned to the intake deposit.




2.2. Membrane Reactor Modeling


The entire process for H2-production on-board, the membrane reactor was modeled in Aspen-Plus® v.10, selecting the SR-POLAR method as the thermodynamic model for the calculations. However, the software does not have a specific block to simulate membrane reactors, in which both the chemical reaction and the product separation are carried out simultaneously. To overcome this problem, the multi-tubular membrane reactor R-1 designed for this work was simulated by successive modules emulating both chemical reaction and H2 separation. Thus, R-1 is divided into a limited number of units formed by a chemical reactor (RPLUG) and a consecutive separator to perform the real membrane reformer. This scheme is usually adopted as a good solution for simulating accurately the ideal shift effect of the membrane in a membrane reactor when only considering the thermodynamic equilibrium [27,28]. In this work, besides the equilibrium displacement, the kinetics of the possible chemical reactions were also considered as detailed in the following section. Figure 2 shows a simplified diagram of the block scheme used to simulate the membrane reactor in Aspen-Plus® v.10.



The H2 permeation through the membrane for each separator unit was calculated following Sievert’s Law [29].


FH2 = kH2×A×(PH2,ret0,5−PH2,perm0,5)



(1)




where FH2 represents the hydrogen permeate flow in mol/s, kH2 the H2 permeance, A is the permeation area, PH2,ret and PH2,perm the hydrogen partial pressure in retentate and permeate sides, respectively. For this study, a general permeance of kH2 = 2.43 × 10−3 mol·m−2·s−1·Pa−0.5 was considered, taking as reference the DOE (Department of Energy of United States of America) technical targets for dense metallic membranes, in which 300 scfh/ft−2 hydrogen flow-rate is recommended when operating under 150 and 50 psia hydrogen partial pressure in retentate and permeate sides, respectively [30]. The permeate side was maintained at ambient pressure (1 bar) without applying any gas carrier, while the partial pressure of hydrogen in the retentate side was calculated by multiplying the operating pressure of the reactor and the hydrogen fraction present in the products that leave the previous reactor unit. This assumption is very realistic if considering a low pressure drop inside the reactor due to its considered length and the common control of pressure with back-regulators. The membrane area used in the Sievert’s Law for each separator unit will be the total membrane area considered in the study divided by the number of separator units that emulate the membrane reactor. Once the permeated hydrogen has been calculated, the split fraction is obtained by dividing this value by the total hydrogen that has entered this separator unit. No sweep gas was considered in the permeate stream in order to obtain ultra-pure hydrogen that feeds the fuel cell and, consequently, powers the vehicle.




2.3. Chemical Reactions and Kinetics


As it was previously mentioned, not only the chemical equilibrium was considered but the kinetics for diverse possible reactions inside the membrane reactors were also taken into account for the modeling. Chemical reactions considered in the present work were collected from diverse experiments from literature and the most relevant ones can be summarized as follows:


Ethanol decomposition: C2H5OH→CO+CH4+H2



(2)






Ethanol steam reforming: C2H5OH+H2O→CO2+CH4+2H2



(3)






Methane steam reforming (i): CH4+2H2O↔CO2+4H2



(4)






Methane steam reforming (ii): CH4+H2O↔CO+3H2



(5)






Water gas shift: CO+H2O↔CO2+H2



(6)






Reverse water gas shift: CO2+H2↔CO+H2O



(7)







Based on previous publications from Llera et al. [31] and Hou et al. [32] for ethanol and methane steam reforming, respectively, Langmuir-Hinshelwood (LHHW) kinetics have been implemented in this work for modeling all described possible chemical reactions. LHHW equations involve each adsorption, reaction, and desorption steps carried out during the chemical reaction, thus providing more precise results than a Power Law model. All details about the kinetics expressions used in Aspen-Plus® v.10 are included in Appendix A. Both reactor dimensions and, therefore, the residence time, vary during the modeling for the optimization of the membrane area in the present study.





3. Results and Discussion


3.1. Preliminary Membrane Reactor Design: Modeling and Main Operating Conditions


An adequate membrane reactor design involves the selection of specific catalysts for principal chemical reactions, catalyst load, membrane characteristics, device dimensioning (including the required permeation area), and main operating conditions. As it was previously stated, proper catalysts for each alternative addressed in the present work, as well as the associate kinetics parameters, were taken from literature [31,32]. Thus, the present section is focused on modeling the membrane reactor and analyzing the main operating conditions. The adopted strategy for modeling the membrane reactor is based on dividing the equipment in a limited number of consecutive RPLUG reactor and separator blocks. Thus, the first task was to determine the optimal number of units for simulating the shift effect of the reaction thanks to the simultaneous H2 permeation through the membrane. This study was carried out with some preliminary operating conditions, including a total catalyst load of 35 kg and a maximum possible membrane area (2.42 m2) that fits in the available space inside the vehicle. This area was divided into equal parts for each considered number of simulation units. Depicted in Figure 3, we found both the permeate flux and the total amount of H2 generated from ethanol (Figure 3a) or methane (Figure 3b) in the membrane reactor for an increasing number of simulation units (reactor-separator). In general, H2 production increases as a greater number of simulation units is considered due to the shift effect on the thermodynamic equilibrium; while a contrary effect can be observed on permeate flux, due to the H2 depletion along the axial dimension of the reactor. For both ethanol and methane intakes, H2 production seems to stabilize after 10 simulation units, so this value was selected to continue the study and analyze in detail the best operating conditions.



After determining the suitable number of simulation units for the membrane reactor, the influence of temperature, H2O/feed ratio and pressure were addressed as the main operating parameters for both ethanol and methane feeding the membrane reactor (Figure 4). For these studies, 35 kg catalyst load and 2.42 m2 of membrane area were maintained, keeping in mind that they were provisional values to be optimized afterwards.



The temperature optimization was first studied maintaining a pressure of 10 bar and the steam to feed ratio at four and three in the case of reforming ethanol or methane, respectively. As it can be observed in Figure 4a, an increasing temperature favors the hydrocarbons transformation into hydrogen. The main ethanol decomposition (Equation (2)) and steam reforming (Equations (3)–(5)) are endothermic reactions so they will be thermodynamically improved by increasing temperature. Additionally, both reaction kinetics and hydrogen permeance through the membrane are also increased with temperature, following an Arrhenius-type dependence, so the shift effect of the membrane reactor is also boosted and, consequently, the hydrogen production rate. Thus, it can be stated that, in general, higher temperatures improve the hydrogen production. However, temperature is limited by the thermal stability of the H2-selective membrane. Pd-based membranes are prepared onto supporting materials and experimentally they are used in the typical range of 400–550 °C to prevent possible damages on the composite structure, although it is expected to resist slightly higher temperatures [33,34]. In this manner, it is also possible to find several works in which these membranes operate at temperatures up to 650 °C with satisfactory results in terms of mechanical stability [35,36,37,38]. Under this perspective, and considering that temperatures above 650 °C do not increase the hydrogen productivity remarkably, this value was selected as the most appropriate operating temperature to perform the process when feeding both ethanol and methane.



Steam to feed hydrocarbon ratio in the membrane reactor was the next operating condition analyzed in this work (Figure 4b). For this study, the reactor temperature was maintained at 650 °C, considering the optimum value obtained in the previous study, and the reactor pressure at a preliminary value of 10 bar. As it can be extracted from the results, total hydrogen production is enhanced by increasing values of steam content in the feed. In general, the presence of water promotes all chemical reactions in which it acts as reactant, shifting the thermodynamic equilibrium towards further hydrogen production, according to Le Châtelier’s principle. However, large quantities of water dilute the generated hydrogen, reducing its partial pressure in the retentate side and, in consequence, the driving force of the permeation process. Thus, the thermodynamic equilibrium shift due to the H2 extraction through the membrane is limited. These opposite effects can explain the results collated in Figure 4b. First, the permeate flow-rate increases as steam to feed hydrocarbon ratio increases, as the chemical reaction improvement is more important than the hydrogen dilution effect. A maximum value around the ratio 2–3 is reached for the permeate flow-rate, the dilution effect becoming greater than the chemical reaction improvement from this point. This effect is caused by a drastic hydrogen partial pressure decrease in the retentate side, also affecting the pure hydrogen recovery. Considering this behavior and the energy requirements for heating the entire feed stream to the membrane reactor (including both hydrocarbon and steam), values of 3.00 and 2.25 were selected for steam-to-ethanol and steam-to-methane ratio, respectively.



Finally, the operating pressure in the membrane reactor was also evaluated, taking the optimal values obtained in previous studies for the temperature and steam to feed ratio. The modeling performance at these conditions is shown in Figure 4c. In general, an increase in both total produced H2 and permeate H2 can be observed as the pressure increases in the retentate side, being able to extract almost all the H2 generated in the membrane reactor as a pure gas in the permeate side at pressures higher than 10 bar. This separation is slightly easier in the case of feeding methane instead of ethanol due to the relationship between membrane area (kept constant) and the total H2 generated. A pressure increase clearly makes the H2 separation through the membrane easier due to the associated improvement of the permeation driving force. The higher the H2 permeation, the greater the shift effect on the thermodynamic equilibrium for chemical reactions R1 to R4, therefore enhancing the global productivity. However, in the case of ethanol steam reforming, previous studies found a decrease of H2 yield in a traditional fixed-bed reactor due to the production of methane, which cannot be easily converted into hydrogen at high pressures as the reaction is shifted towards the reactants, accordingly to Le Châtelier’s principle [39]. Of course, this negative effect on the H2 production is clear in the case of directly feeding methane to the process. However, as it can be extracted from the modeling results, this negative effect on the thermodynamics seems to be compensated by the continuous hydrogen removal through the membrane, obtaining a steady increase in hydrogen production as the pressure rises in the studied range. Considering other aspects related to the mechanical stability of the membrane, a total pressure of 10 bar for the retentate side was selected as the most appropriate operating condition to be used in the membrane reactor, both for ethanol and methane intakes. The stability of H2-selective membranes at this operating pressure was demonstrated in previous works at lab scale, avoiding cracks generation or delamination of the selective film [36,40].




3.2. Reactor Design Optimization


After analyzing the main operating parameters for the membrane reactor, the equipment design was optimized in terms of catalyst load, required permeation area, possible energy integration, and some preliminary economic considerations, aiming to produce 1.70 kmol·h−1 of pure H2 to power the considered 80 kW PEM-FC for the vehicle.



The maximum size considered for the membrane reactor is based on the available space under the rear seats of a standard vehicle, where it will be placed. In order to maximize the compactness of the reformer and maximize the permeation area, a multi-tubular reactor configuration was adopted. In this reactor, a triangular distribution of membranes with 1.25 in of inter-tubular space to ensure good heat transfer was considered, thus being possible to accommodate a maximum of 38 tubes of 80 cm in length. This reached a maximum membrane area of 2.42 m2.



Theoretically, the amount of catalyst affects the space velocity inside the reactor, the hydrocarbon conversion and, consequently, the amount of produced hydrogen. Figure 5 collates the results obtained for different catalyst loads when feeding the membrane reactor with ethanol (Figure 5a) and methane (Figure 5b). A stable H2 production rate is reached for a catalyst load of 5 kg and 1 kg when feeding the reactor with ethanol and methane, respectively. The facility to reach a stable value with a smaller amount of catalyst in the second case can be explained by the kinetic parameters. The pre-exponential factors for the kinetic expression of methane steam reforming (Equation (4)) are higher by several orders of magnitude than the corresponding ones for ethanol steam reforming (Equation (3)). It means that higher conversions can be achieved with a smaller catalyst load. In the case of feeding the membrane reactor with ethanol, almost complete conversions (around 99.99%) were achieved for catalyst loads greater than 5 kg, while this value was maintained around 40% in the case of using 1 kg of catalyst.



Then, several combinations of catalyst load, membrane area and reactant feed were tested aiming to achieve the production target of 1.70 kmol·h−1 of pure H2. With these simulations we can see that, despite hydrogen production being maintained as very stable for increasing catalyst loads, the associated decrease of space velocity improves the hydrogen recovery, as it is possible to save part of the initially considered membrane area. In this manner, it could be possible to maintain similar hydrogen production, saving 20% of membrane area by doubling the catalyst load from 5 kg to 10 kg. However, by doubling again the catalyst load from 10 kg to 20 kg this effect would only save another 3% of the membrane area. Thus, 10 kg was chosen as the optimum catalyst load for the ethanol steam reformer. This effect is negligible in the case of considering a methane feed.



The optimal combination was found to be 1.87 m2 membrane area, 10 kg of catalyst load, and 0.37 kmol h−1 feed for the ethanol steam reforming and 1.76 m2, 1 kg of catalyst and 0.54 kmol·h−1 when feeding methane. As it was previously described, these membrane areas were achieved by considering the use of a multi-tubular membrane reactor. The recent trends in membrane preparation used for hydrogen production processes have been directed to synthesize composite membranes in which a thin layer of palladium or a palladium-based alloy is deposited onto a porous supporting material [34]. Selecting standard dimensions for these supports, i.e., outside diameter of 1.0 in and total length around 24 in, the membrane reactor design will require 28 membranes, ensuring a good fit to the available space under the rear seats in any utility vehicle.



The energy requirements for the proposed model, including the reactants pre-treatment and the heat of reaction requirements, can be achieved by combusting the retentate gases from the membrane reactor. Thus, both ethanol/methane intake and membrane area were optimized to reach an autonomous process in terms of energy, while the desired pure-H2 to feed the PEM-FC was maintained. The transitory state until achieving this situation was not taken into account in the present study. Before the reactor reaches the optimum operating temperature to act as an autonomous system, ethanol or methane would need to be fed directly to the combustor, providing the necessary energy for the initial process conditioning. Thus, the total fuel consumption would be slightly higher than that indicated in this work.



On analyzing the convenience of using a membrane reactor for the on-board H2 generation instead of a traditional reaction system, clear benefits can be found. In this manner, a 75% rise in H2 production is achieved by using a membrane reactor for the on-board hydrogen production from ethanol compared to that obtained in a conventional reactor operating under the same conditions (T = 650 °C, Pret = 10 bar, H2O/C2H5OH = 3 and mcat = 10 kg). Thus, the H2 flow-rate is increased from 1.06 kmol h−1 to 1.85 kmol·h−1 due to the total conversion of the ethanol being reached, whereas it was maintained below 95% in a conventional reactor. In the case of feeding the system with methane, a similar behavior can be found, although in this case the increase was greater. Hydrogen productivity and methane conversion were increased from 0.9 kmol·h−1 to 1.82 kmol·h−1 and from 42.8% to 84.9%, respectively, operating under the same conditions for both conventional and membrane reactors (T = 650 °C, Pret = 10 bar, H2O/CH4 = 2.25 and mcat = 1 kg). All these parameters are summarized in Table 1. The results also imply additional benefits in both weight and space savings due to the intensification of the process reached with the membrane reactor.



Finally, a preliminary approach to main economic and environmental aspects was also included to analyze roughly the viability of on-board H2 production via membrane reactors for powering vehicles. First commercial hydrogen vehicles on the market have an autonomy of around 500–650 km with a pressurized hydrogen tank of 5 kg [41,42]. Considering conservative criteria, a preliminary consumption of 1 kg H2/100 km for general PEM-FC vehicles is estimated. If hydrogen on-board generation is assumed, there is no need to store it, thus solving one of the main drawbacks for commercially introducing hydrogen vehicles in the near future. Considering a regular deposit of 55 L for liquid fuels (i.e., ethanol coming from bio-routes), and simulated results of this work, 8.5 kg of hydrogen could be generated, giving an autonomy for the car of around 850 km. On the other hand, considering a 15 kg deposit for the methane alternative (value used in current natural gas-powered vehicles in the market), 5.8 kg of hydrogen could be produced, making it possible to cover around 580 km. The membrane would be one of the most expensive elements in the process; estimating its cost from economic targets proposed by the US Department of Energy for ensuring commercial viability of this technology, assuming a cost of 500 US $/ft2, it would mean, around 1520 € m2 with the current exchange rate [30]. In this context, the cost for the membranes of the on-board reformers would be around 2650–2800 € in the case of considering feeding the vehicle with bio-methane or bio-ethanol, respectively. This cost can be easily absorbed by both manufacturers and customers, especially considering that CO2 emissions can be significantly reduced. The European Commission indicates that CO2 emissions need to be maintained below 95 g·km−1 for year 2020 [43]. Under this perspective, the studied process feeding with bio-ethanol presents potential CO2 emissions of around 97 g CO2/100 km, slightly higher than the limit proposed by the UE. However, feeding the system with methane, this value could be reduced to 71 g CO2/100 km due to its higher H/C ratio. Here, it is important to remember that previous purification processes for bio-ethanol and bio-methane feedstock have been considered, feeding the vehicle with the pure compounds to avoid a reduction of the useful volume of the vehicle tank. Both of them represent good results, noticeably reducing current values for latest gasoline and diesel vehicles, with CO2 emission levels of 123 and 119 g CO2/100 km, respectively.





4. Conclusions


This work addressed a first approach for analyzing the viability of H2 on-board production by membrane reactors in PEM-FC vehicles via mathematical modelling with Aspen-Plus® v.10. Despite further experimental studies needing to be performed, some interesting insights can be extracted for alternative hydrogen production from bio-ethanol or bio-methane. Firstly, it was demonstrated that the use of membrane reactors enhances the hydrogen productivity and provides enough pure hydrogen to feed the PEM-FC requirements in one single step. Operating conditions for both alternatives were optimized, studying the effect of temperature, pressure, steam/hydrocarbon ratio, and catalyst load for each case. The methane-based on-board hydrogen production seems to be the best alternative, generating 1.82 kmol·h−1 of pure H2 for feeding the PEM-FC and minimizing the CO2 emissions up to 71 g CO2/100 km, ensuring the future limitation proposed by the UE for year 2020 is achieved. This alternative ensures an autonomy of around 580 km for the H2-vehicle assuming a typical methane deposit of similar capacity to the gas-feed commercially available vehicles. For this alternative, the on-board reformer operates at T = 650 °C, Pret = 10 bar, and H2O/CH4 = 2.25, requiring 1 kg of catalyst load and a membrane area of 1.76 m2. However, the alternative achieved from bio-ethanol can also be considered for the future, reaching similar results (1.87 kmol·h−1 of pure H2 at comparable operating conditions) and ensuring a more realistic production from renewable routes in the required terms.
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Appendix A


The LHHW kinetics expressions considered in the present work for the ethanol steam reforming are summarized as follows:


rR1 = kR1yEyCH4−1yH2−1/2DEN2



(A1)






rR2 = kR2yEyH2OyCH4−1yH2−1DEN2



(A2)






rR3 = kR3yH2O2yCH4yH2−5/2(1−βR3)DEN3



(A3)






rR6 = kR6yCO2yH21/2(1−βR6)DEN2



(A4)






DEN = 1+KEtyEt+KEtyEtyH2−1/2+KAcyEtyH2−1+KCHOyEtyCH4−1yH2−1/2 +KCH3yCH4yH2−1/2+KCH2yCH4yH2−1++KCHyCH4yH2−3/2 +KH2OyH2O+KOH yH2OyH2−1/2+KCH4yCH4+KCOyCO +KCO2yCO2+KHyH21/2+KH2 yH2



(A5)




where β is the ratio between the product of each component fraction to the stoichiometric coefficient and the equilibrium constant of the considered reaction:


βR3 = yH24yCO2KR3eqyCH4yH2O2



(A6)






βR6 = yH2OyCOKR6eqyCO2yH2



(A7)







At the same time, the equilibrium constant can be defined as the ratio between the kinetics constants for both direct and reverse reactions, obtaining:


rR3 = kR3yH2O2yCH4yH2−52(1−kR−3yH24yCO2kR3yCH4yH2O2)DEN3= kR3yH2O2yCH4yH2−5/2DEN3−kR−3yCO2yH23/2DEN3



(A8)






rR6 = kR6yCO2yH21/2(1−kR−6yH2OyCOkR6yCO2yH2)DEN2     =kR6yCO2yH21/2DEN2−kR−6yCOyH2OyH2−1/2DEN2



(A9)







In the case of feeding methane, LHHW kinetics expressions can be described as follows:


r3 = k3(PCH4PH2OPH21,75) [1−(PCO2PH24KP3PCH4PH2O2)]DEN2



(A10)






r4 = k4(PCH4PH2O0,5PH21,25) [1−(PCOPH23KP4PCH4PH2O)]DEN2



(A11)






r5 = k5(PCOPH2O0,5PH20,5) [1−(PCO2PH2KP5PCOPH2O)]DEN2



(A12)






DEN = 1+ KCOPCO+KHPH0,5+KH2OPH2OPH2−1



(A13)
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Figure 1. Block diagram for H2-production on-board. 
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Figure 2. Membrane reactor simulation by finite elements (micro-reactor + micro-separator). 
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Figure 3. Determination of simulation units for the membrane reactor when feeding the process with: (a) ethanol (feed = 10 kmol/h, T = 600 °C, P = 10 bar, H2O/feed = 2) and (b) methane (feed = 10 kmol/h, T = 600 °C, P = 10 bar, H2O/feed = 2). Legend: continuous line = total generated H2 and dashed line = permeated H2. 
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Figure 4. Influence of main operating conditions for the membrane reactor when feeding ethanol or methane: (a) temperature, (b) steam to feed hydrocarbon ratio and (c) total retentate pressure. Legend: continuous line = total generated H2 and dashed line = permeated H2. 
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Figure 5. Influence of catalyst load when feeding: (a) ethanol and (b) methane. Legend: continuous line = total generated H2 and dashed line = permeated H2. 
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Table 1. Optimization results for the membrane reactor design.
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	Feed HC
	Nin (kmol h−1)
	Amembrane (m2)
	Catalyst Load (kg)
	T (°C)
	Pretentate (bar)
	H2O/HC
	NH2, out (kmol h−1)
	XHC (%)
	Net Energy Balance (kW)





	C2H5OH
	0.37
	1.87
	10
	650
	10.0
	3.00
	1.85
	100
	−3.13



	CH4
	0.54
	1.76
	1
	650
	10.0
	2.25
	1.82
	84.9
	−2.99
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