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Abstract: A novel computational fluid dynamics-population balance model (CFD-PBM) for the
simulation of gas mixing in activated sludge (i.e., an opaque non-Newtonian liquid) in a bubble
column is developed and described to solve the problem of measuring the hydrodynamic behavior
of opaque non-Newtonian liquid-gas two-phase flow. We study the effects of the inlet position and
liquid-phase properties (water/activated sludge) on various characteristics, such as liquid flow field,
gas hold-up, liquid dynamic viscosity, and volume-averaged bubble diameter. As the inlet position
changed, two symmetric vortices gradually became a single main vortex in the flow field in the
bubble column. In the simulations, when water was in the liquid phase, the global gas hold-up was
higher than when activated sludge was in the liquid phase in the bubble column, and a flow field that
was dynamic with time was observed in the bubble column. Additionally, when activated sludge
was used as the liquid phase, no periodic velocity changes were found. When the inlet position was
varied, the non-Newtonian liquid phase had different peak values and distributions of (dynamic)
liquid viscosity in the bubble column, which were related to the gas hold-up. The high gas hold-up
zone corresponded to the low dynamic viscosity zone. Finally, when activated sludge was in the
liquid phase, the volume-averaged bubble diameter was much larger than when water was in the
liquid phase.
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1. Introduction

The bubble column, which is a reactor that is widely applied in chemical engineering and
biochemical industrial processes, can be used in the activated sludge process to treat industrial
sewage and municipal wastewater. Due to the complex nature of two-phase flow in bubble columns,
researchers have studied two-phase hydrodynamic behavior experimentally [1–3] and using numerical
simulations [4]. However, the fundamental properties of two-phase hydrodynamics, such as the
liquid-gas two-phase flow with a non-Newtonian liquid, remain incompletely understood.

Because of its cost-effective nature and ability to conveniently predict behavior, such as
liquid-phase velocities and gas hold-up values, at different positions in a bubble column, numerical
simulation has been extensively applied. The models used for numerical simulations of the gas-liquid
two-phase flow in bubble columns mainly include the Euler-Euler two-fluid model [5], Euler-Euler
two-fluid model coupled with a population balance model (PBM) [6–8] and discrete particle model
(DPM) [4]. The PBM accounts for the effects of bubble coalescence and breakup and can predict the
local bubble size distribution [9]. The methods of solving the PBM include the discrete homogenous
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method [10], discrete inhomogeneous method [11], quadrature method of moments [12], and direct
quadrature method of moments [13]. The Euler-Euler two-fluid model coupled with PBM has the
potential for higher accuracy than the Euler-Euler two-fluid model and therefore can potentially
predict the gas-liquid exchange area more accurately. Although simulations of multi-phase flow in
the bubble column are based on the fundamental physics, the drag force coefficient model [8] and
turbulence model [14–16] must be considered in the simulation to determine an appropriate numerical
simulation model.

Many studies of the gas-liquid two-phase flow in bubble columns are based on the use of water,
which is a Newtonian fluid, as the liquid phase. However, little research has focused on non-Newtonian
fluids, such as activated sludge. Due to the opacity of activated sludge, researchers have been unable
to use particle image velocimetry (PIV) or laser Doppler velocimetry (LDV) to study the velocity field,
flow regime type and gas hold-up distribution in bubble columns. Instead, the experimental research
on activated sludge (i.e., a non-Newtonian fluid) as the liquid phase focuses on its rheological behavior,
hydrodynamics (mean shear rate) and volumetric oxygen transfer coefficient [17]; the velocity field,
gas hold-up distribution, and bubble diameter in bubble columns have not been studied.

Currently, the commonly used liquid phases in simulation studies are other transparent
non-Newtonian fluids, such as sodium carboxymethyl cellulose (CMC) aqueous solution [18,19].
The selected mathematical models include the Euler-Euler framework-based Euler-Euler two-fluid
model and the Euler-Lagrange framework-based DPM model [20–23]. Most of the reported numerical
simulations focus on single-bubble diameter and neglect the bubble coalescence and breakup effects
in the non-Newtonian liquid phase because of the lack of research on the coalescence and breakup
kernel function in the non-Newtonian liquid phase. Furthermore, the gas-liquid numerical simulation
model used for a non-Newtonian liquid phase differs from that used for a Newtonian liquid phase.
The mathematical model for the drag force coefficient and dynamic viscosity of a non-Newtonian
liquid phase is very different from that of a Newtonian liquid phase [24–26]. Few numerical simulation
studies have considered the rheological properties of activated sludge (i.e., a non-Newtonian fluid) in
biochemical installations. Dapelo et al. [21] simulated the gas-liquid two-phase flow in an anaerobic
digestion installation under the Euler-Lagrange framework and found that the model reproduces the
experimental data robustly and accurately. By simulating the gas-liquid two-flow in an anaerobic
aeration installation with a non-Newtonian liquid, Wu [23] showed that the gas-liquid mixing efficiency
is decided by the mixing mechanism and pump transport period.

However, the existing numerical simulations of a non-Newtonian liquid phase (i.e., activated
sludge) in bubble columns rarely considered the rheological properties of activated sludge, the bubble
breakage or coalescence processing and the effects of different gas inlet positions. In this work,
a Euler-Euler two-fluid model coupled with PBM was used for the first time to simulate the liquid-gas
two-phase flow with an opaque non-Newtonian liquid. Comparing the results of simulations and
experiments [3,21], we simulated the gas-liquid two-phase flow with different gas inlet positions and
liquid-phase properties in a laboratory-scale bubble column and analyzed the hydrodynamic behavior
of gas-liquid two-phase flow. We aim to develop an appropriate numerical simulation model and
provide guidance for the optimized design and gas inlet position selection for opaque non-Newtonian
liquid phase in bubble columns.

2. Mathematical Models

An Euler-Euler two-fluid model was used to simulate gas-liquid two-phase flow, and PBM was
used to simulate the bubble coalescence and breakage processes. During the simulations, the gas-liquid
interphase heat transfer was ignored, and the two phases were considered incompressible fluids.
We assumed that the mixture of the activated sludge and water is a single-phase liquid [27].
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2.1. Euler-Euler Two-Fluid Model

Mass conservation equation:

∂

∂t
(
αqρq

)
+∇ ·

(
αqρquq

)
= 0 (1)

Momentum conservation equation:

∂

∂t
(
αqρquq

)
+∇ ·

(
αqρququq

)
= −αq∇p +∇αqτq + αqρqg + F (2)

where α is the volume fraction; ρ is the density, kg/m3; p is the pressure, Pa; g is the acceleration due
to gravity, 9.8 m/s2; q is the phase division, with g being the gas phase and l being the liquid phase;
and τq is the shear stress tensor computed as follows:

τq = µe f f ,q(∇uq + (∇uq)
T − 2

3
(∇ · uq)I) (3)

where µe f f ,q is the effective viscosity. The effective viscosity of the liquid phase consists of three
terms—molecular viscosity, turbulent viscosity and bubble-induced turbulence—as shown below:

µe f f ,l = µl + µT,l + µB,l (4)

We adopted the Sato and Sekoguchi model [28] that has been widely used in the bubble column
numerical simulations to address bubble-induced turbulence [29–31]. The formulation of viscosity due
to the induced turbulence can be expressed as:

µB,l = ρlCµ,Bαgd
∣∣ug − ul

∣∣ (5)

where Cµ,B is a constant: 0.6. The magnitude of the drag force was more than 100 times greater than
those of the other forces, such as the virtual mass force and turbulent dispersion force. Therefore, we
neglected the turbulent dispersion forces, virtual mass force, and wall lubrication force during our
numerical simulations and considered only the drag and lift force [15]. F is the interphase force, which
is calculated as follows:

F = FD + Fl (6)

The drag force FD and the lift force Fl are considered in this work. The lift force is given by:

Fl = Clαgρl
(
ug − ul

)
×∇ug (7)

where Cl is the lift coefficient: 0.5 [3,32]. The drag force can be determined as follows:

FD =
3
4

αgαlρl
CD
d
|ug − ul |

(
ug − ul

)
(8)

where d is the bubble diameter, m. The drag force coefficient model CD considering the effects of the
rheological properties of non-Newtonian fluids can be expressed as follows [24]:

CD =


16
Ret

(
1 + 0.173Re0.657

t

)
+

0.413
1 + 16300Re−1.09

t
Ret < 135

0.95 Ret > 135
(9)
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Since Newtonian and non-Newtonian fluids exhibit different flow behaviors, the definition of
the Reynolds number for Newtonian fluids is invalid for non-Newtonian fluids [33]. Therefore, the
Reynolds number of spherical bubbles for non-Newtonian fluids Ret is calculated as follows [34]:

Ret =
ρldnu2−n

t
K

(10)

where K is the consistency coefficient, kg/(m·sn); n is the is the power-law index. The drag force
coefficient model of the Newtonian fluid is calculated based on the literature [35].

2.2. Turbulence Modeling

Turbulent effects are modeled by the standard k− ε model. This turbulence model is typically
applied to predict the liquid flow pattern and gas hold-up under a low superficial gas velocity due to
its simple algorithm and relatively low computational cost [5,36,37]. The standard k− ε model can be
expressed as follows:

∂
(
αqρqkq

)
∂t

+∇ ·
(
αqρquqkq

)
= ∇ ·

(
αq

µe f f ,q

σk
∇kq

)
+ αqGk,q − αqρqεq (11)

∂(αqρqεq)

∂t
+∇ ·

(
αqρquqεq

)
= ∇ ·

(
αq

µe f f ,q

σε
∇εq

)
+ αq

εq

kq
(C1Gk,q − C2ρqεq) (12)

where k is the turbulent kinetics energy; ε is the turbulent kinetics energy dissipation rate; C1 and C2

are constant.

2.3. Non-Newtonian Fluid Rheological Model

The liquid dynamic viscosity is constant (0.001003 kg/(m·s)) for water, which is a Newtonian
fluid. The existing models describing the rheology of a non-Newtonian fluid such as activated sludge
include the Ostwald de Vaele model, Herschel-Bulkley model, and Bingham model. In particular,
Hasar et al. [25] found that the low-shear-speed Ostwald de Vaele model was suitable for practical
purposes in studying the flow characteristics of activated sludge. The fitted results obtained by
Mohapatra et al. [26] indicate that the Ostwald de Vaele model for wastewater sludge has a higher
confidence level than the Bingham or Casson models. The equation for the molecular viscosity can be
expressed as:

µl = K
.
γ

n−1 (13)

where
.
γ is the shear rate, s−1. It should be noted that the effects of temperature on the rheological

properties of the sludge were ignored. In this article, the data from Durán et al. [16] were used to
characterize the high-concentration activated sludge, where the activated sludge concentration was
7.9 g/L, K was 0.0741 kg/(m·sn) and n was 0.49.

2.4. Population Balance Model

To consider the bubble breakup and coalescence phenomena in bubble columns, a PBM can be
applied to calculate the bubble size distribution as follows:

∂n(v, t)
∂t

+∇ · (un(v, t)) = Ba − Da + Bb − Db (14)

Ba =
1
2

∫ v

0
n(v− v′, t)n(v′, t)a(v− v′, v′)dv′ (15)

Da =
∫ ∞

0
n(v, t)n(v′, t)a(v, v′)dv′ (16)
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Bb =
∫ ∞

v
β(v, v′)g(v′)n(v′, t)dv′ (17)

Db = g(v)n(v, t) (18)

where n(v, t) is the bubble size distribution function; Ba, Da, Bb and Db are the births due to coalescence,
death due to aggregation, birth due to breakage, and death due to breakage, respectively. Equation (14)
is solved using the discrete method solution [38]. The terms for the breakup phenomena are estimated
using the Luo and Svendsen model [39]. The model described by Luo is used to model the coalescence
processes [40]. The bubble diameter is discretized into 10 sub-classes ranging from 1.45 mm to
9.55 mm [3].

For a non-Newtonian liquid phase, we used the same breakage and coalescence kernel function,
primarily based on the following reasons: (1) in the Navier-Stokes equation, we considered the
non-Newtonian liquid rheological properties that are a partial influence on the coalescence and
breakage processing. (2) It is very difficult to accurately measure the bubble diameter and establish
the breakage and coalescence kernel model because of the opacity of activated sludge. (3) We further
verified this assumption in Section 4.3.

3. Model Setup and Calculation Algorithm

3.1. Model and Mesh

3.1.1. Physical Model

We adopted the physical three-dimensional (3D) model described by Díaz et al. [3] as shown in
Figure 1a, with model height = 0.45 m, length = 0.2 m, and width = 0.04 m. As shown in Figure 1b,
the gas inlet is modeled as a rectangular area with dimensions of 0.018 × 0.006 m at the bottom of the
central domain, which represents the experimental sparger setup. As shown in Table 1 and Figure 1c,
we modeled eight different cases that varied according to the distance from the gas inlet center to the
bottom center of the bubble column and the liquid properties.
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Table 1. Parameters of different calculation cases.

No. of Case 1 2 3 4 5 6 7 8

Distance from inlet center to bubble
column’s bottom center (m) 0 0.025 0.045 0.06 0 0.025 0.045 0.06

Liquid property Newtonian Non-Newtonian

Note: NEW-0/Non-0 mentioned in the title of graph means that the liquid property is Newtonian/Non-Newtonian
and the distance from inlet center to the center of the bubble column’s base is 0 m.

3.1.2. Mesh

To obtain adequate simulation results compared with experimental data (Section 4.1), different
numerical simulations were conducted using four meshes of structured cells (i.e., 1872, 3360, 10,395
and 22,185) to determine an ideal mesh, and a total of 10,395 cells was chosen for computational
modeling (Section 4.1). As shown in Figure 2, the meshes in the x-, y- and z-directions were 21, 45 and
11, respectively.
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Figure 2. Mesh of case No. 1.

3.2. Calculation Methods

The equations in Section 2 were discretized via the finite volume method, and the volume fractions
were differentiated using the QUICK scheme. The time term was treated by a first-order scheme,
whereas other terms were treated via a second-order upwind discretization scheme. The pressure and
speed were coupled via the semi-implicit method for pressure-linked equation (SIMPLE). The inlet
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was set as a single-gas phase. The speed inlet boundary conditions were used: the superficial gas
velocity was 0.0024 m/s, the outlet was set as a degassing boundary condition [30,41], and the other
physical boundaries were set as solid-wall boundary conditions. The residual error was 10−5, the time
step was 0.01 s, and the maximum iteration number was 30. Prior to obtaining the unsteady state
numerical simulation results, we set the simulation result obtained from 1000 steady-state steps as the
initial field of the unsteady state computation. The initial diameter is 5.95 mm. Numerical simulations
were performed using the computational fluid dynamics (CFD) commercial code ANSYS Fluent 14.5.

4. Validation

4.1. Mesh Validation

As for the physical model of case 1 (Table 1) under four different grid dimensions, we simulated
the aeration of pure water (i.e., a Newtonian fluid) and obtained simulation data for the average gas
hold-up in the bubble column. The maximum iteration number and time step length at each step are
given in Table 2.

Table 2. Gas hold-up values with different parameters.

Elements Number Time Step Size (s) Max Iterations Gas Hold-Up *

1872 0.01 30 0.0058
3360 0.01 30 0.0060

10,395 0.01 30 0.0065
22,185 0.01 30 0.0057
10,395 0.01 10 0.0064
10,395 0.01 50 0.0065
10,395 0.02 30 0.0064
10,395 0.005 30 0.0065

* The gas hold-up in the experiments was 0.0069.

Table 2 shows that increasing the grid density did not improve the comparability of the simulation
results and the experimental data. This finding is in agreement with those reported by Díaz et al. [3] and
Buwa et al. [42] and is attributable to the turbulent spectrum. The time step size and maximum iterative
step influenced the simulation result but only very slightly. Thus, for the simulations, we selected the
grid quantity at which the gas hold-up value was similar to the experimental result: 10,395. Further
validation of the gas hold-up distribution was conducted as described in Section 4.2.

4.2. Flow Visualization: Experimental versus Simulated Results

The simulations of the gas hold-up distribution with the above physical model and mathematical
method are shown in Figure 3, where the total number of mesh elements is 10,395. The bubble
plume oscillates periodically over time. We picked out the most consistent result to the experimental
result from the different instantaneous gas hold-up distribution simulation results. Comparing
the simulation results with experimental observations reveals that the instantaneous simulated gas
hold-up distribution (i.e., the plume) is S-shaped and that the maximum gas hold-up occurs near
the inlet area. The simulated gas plume gradually widens from the bottom to the top, and all the
simulated phenomena relating to the gas hold-up distribution were basically consistent with the
experimental observations.
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4.3. Non-Newtonian Velocity Field Verification

We performed numerical simulations of gas-liquid mixing during the anaerobic digestion in a
non-Newtonian liquid phase (i.e., CMC solution) and compared our results with the experimental
results reported by Dapelo et al. [21]. The CMC solution had a consistency coefficient of 0.209 kg/(m·sn)
and a power-law index of 0.730. The equations, numerical methods, boundary conditions and bubble
particle size distribution used for the numerical simulations were described in Sections 2 and 3.
The inlet velocity was 2.05 mL/s. The mesh division method is shown in Figure 4. Figure 4a presents the
bottom mesh division, Figure 4b presents the inlet mesh, and Figure 4c presents the axial cross-sectional
mesh division when the total number of mesh elements was 108,720.
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Figure 5 presents the comparison of the simulation results for the time-averaged liquid-phase
velocity magnitude distributions at different r/R ratios with the simulation results of Dapelo et al. [21]
and the experimental results [21]. In the simulation described in this paper, the measured bubble
diameter was 5.65 mm, lower than the experimental result (7.94 mm). The bubble diameter relative
error between the experimental and simulation data is 28%, possibly because the bubble was assumed
to be spherical and to undergo binary collision and breakup processes in the numerical simulations.
Furthermore, comparing the velocity magnitudes at different r/R ratios revealed that the simulation
results in this paper were better than those of Dapelo et al. [21] and that the numerical simulation
method described here could reproduce the velocity magnitude, indicating that the assumptions of
the non-Newtonian drag force, lift force, Newtonian coalescence and breakage kernel used for the
low-velocity non-Newtonian liquid phase were rational.
Computation 2017, 5, 38  10 of 19 

 

 
Figure 5. Comparison of the time-averaged velocity magnitude results along a vertical axis between 
the numerical simulation and particle image velocimetry (PIV) [21]. 

5. Results and Discussion 

5.1. Flow Field 

Figure 6 shows the time-averaged liquid-phase streamline at the cross section (z = 0 m) in the 
rectangular bubble column. The position of the inlet determines the form of the liquid-phase flow 
field. When the inlet was located in the middle of the bottom of the bubble column, two symmetric 
vortices were formed in the bubble column, and their centers were located in the lower part of the 
bubble column, as shown in Figure 6a. By contrast, when the inlet was shifted from the middle of 
the bottom of the bubble column, one main vortex was formed in the middle-left of the bubble 
column, and two small eddies were formed above the left and right sides of the bubble column, as 
shown in Figure 6b,c. 

When the inlet was the farthest from the middle of the bottom of the bubble column, one large 
vortex encompassing the bubble column and one eddy were formed above the right side of the 
bubble column because the liquid phase was influenced by the boundary conditions at the top and 
the wall, as shown in Figure 6d. The flow field structure changed as the position of the inlet 
changed. 

For the same inlet position, the liquid rheological properties also influenced the flow field in 
the bubble column. Comparing Figure 6a and Figure 6e shows that symmetric vortices were formed 
in the bubble column, but their centers were in different positions because of the different 
liquid-phase velocities in the bubble column (see Section 5.2). These differences also led to the 
difference between Figure 6d and Figure 6h. In addition, comparing Figure 6b and Figure 6c, and 
Figure 6f and Figure 6g reveals that when activated sludge was in the liquid phase, the influence 
area of the main vortex changed, and more small eddies were formed in the bubble column. 

Figure 5. Comparison of the time-averaged velocity magnitude results along a vertical axis between
the numerical simulation and particle image velocimetry (PIV) [21].

5. Results and Discussion

5.1. Flow Field

Figure 6 shows the time-averaged liquid-phase streamline at the cross section (z = 0 m) in the
rectangular bubble column. The position of the inlet determines the form of the liquid-phase flow field.
When the inlet was located in the middle of the bottom of the bubble column, two symmetric vortices
were formed in the bubble column, and their centers were located in the lower part of the bubble
column, as shown in Figure 6a. By contrast, when the inlet was shifted from the middle of the bottom
of the bubble column, one main vortex was formed in the middle-left of the bubble column, and two
small eddies were formed above the left and right sides of the bubble column, as shown in Figure 6b,c.

When the inlet was the farthest from the middle of the bottom of the bubble column, one large
vortex encompassing the bubble column and one eddy were formed above the right side of the bubble
column because the liquid phase was influenced by the boundary conditions at the top and the wall,
as shown in Figure 6d. The flow field structure changed as the position of the inlet changed.

For the same inlet position, the liquid rheological properties also influenced the flow field in the
bubble column. Comparing Figure 6a and Figure 6e shows that symmetric vortices were formed in
the bubble column, but their centers were in different positions because of the different liquid-phase
velocities in the bubble column (see Section 5.2). These differences also led to the difference between
Figure 6d and Figure 6h. In addition, comparing Figure 6b and Figure 6c, and Figure 6f and Figure 6g
reveals that when activated sludge was in the liquid phase, the influence area of the main vortex
changed, and more small eddies were formed in the bubble column.
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5.2. Velocity

5.2.1. Liquid-Phase Velocity in the y-Direction

The velocities of a liquid phase in the y-direction at heights 0.09 m and 0.22 m at z = 0 m (i.e., at the
bubble column centerline) in the bubble column were compared, as shown in Figure 7. As the inlet
gradually shifted to the right from the middle of the bottom of the bubble column, the liquid-phase
velocity peak value in the y-direction increased. Examination of Figure 7a,b shows that the velocity
was much higher at 0.22 m than at 0.09 m from the bottom; at this point, the liquid phase was in the
acceleration phase. Moreover, Figure 7a,b indicate that the maximum liquid-phase velocity occurred
above the inlet of the bubble column, whereas the minimum velocity occurred at the two sides,
indicating that the liquid was driven by the gas phase to flow up through the column to the top and
then down to the column bottom along the column wall.

The two liquid phases (water and non-Newtonian sludge) showed different liquid velocity
distributions in the y-direction. This difference was one of the reasons for the difference between the
liquid-phase streamlines in the bubble column. In Figure 7a, as the inlet gradually shifted from the
middle of the bubble column, the difference in the maximum velocity in the y-direction between water
and activated sludge decreased gradually until a negative value was reached. In calculation cases 1 and
5 and calculation cases 2 and 6, the activated sludge exhibited larger liquid-phase maximum velocities
in the y-direction than water. In contrast, when the inlet was close to the right wall (i.e., in calculation
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cases 4 and 8 and calculation cases 3 and 7), the maximum velocity in the y-direction of activated
sludge was smaller than that of water, possibly because the viscosity was higher in the middle and
upper parts of the right side in the column (see Section 5.4); this velocity change also influenced the
gas hold-up. Figure 7b shows the liquid-phase velocity in the y-direction showed similar behavior.
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5.2.2. Liquid-Phase Velocities at Different Monitoring Points

Figure 8 shows the instantaneous horizontal velocities of the liquid phase at the monitoring
points: 0 m, 0.225 m, and 0 m. When the liquid phase was water, the oscillation period of the velocity
in the x-direction increased as the inlet was shifted farther from the middle of the bottom of the bubble
column, as shown in Figure 8a. When the inlet was the farthest from the middle of the bottom of
the column (case 4), the liquid-phase velocity in the x-direction did not change over time, indicating
that the plume did not periodically oscillate over time, mainly because the gas phase drove the liquid
phase to form one quasi-steady-state vortex in the bubble column when the inlet was very close to
the wall. Figure 6d shows the form of this vortex; the monitoring points were also near the vortex
center. This arrangement is consistent with the lower velocity in the x-direction tending toward zero,
as shown in Figure 8a, and with the stable vortex in the bubble column found in the simulation and
experimental studies of the corner inlet [4].

The velocity of activated sludge as the liquid phase in the x-direction was constant, while the
velocity of water as the liquid phase in the x-direction periodically oscillated, as shown in Figure 8b,
because quasi-steady-state vortices were formed, and the velocities in the x-direction at the monitoring
points did not change over time in the bubble column. Böhm et al. [43] experimentally studied the
bubble upflow in a non-Newtonian liquid (xanthan solution), and their results showed that when the
inlet was located in the middle of the bottom of the bubble column, the bubbles did not oscillate from
side to side. Passos et al. [20] also found no periodical oscillations of the plume at low velocity during
their experimental study of gas-liquid two-phase flow in the xanthan solution as the non-Newtonian
liquid in the bubble column. The above studies show that the simulation results and experimental
observations in this paper are consistent. In summary, the change in the velocity in the x-direction at
the monitoring points was related to the inlet position and liquid rheological properties. The flow field
velocity in the bubble column was constant due to the higher overall viscosity of the non-Newtonian
liquid phase. For further analysis, we refer the reader to Section 5.4.
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5.3. Gas Hold-Up

5.3.1. Gas Hold-Up Distribution

Figure 9 shows the time-averaged gas hold-up distribution at z = 0 m in the bubble column.
The calculation cases for the different inlet positions indicated a smaller gas hold-up distribution area
at the bottom and a larger gas hold-up distribution area at the top. When the inlet position was farther
from the middle of the bottom of the bubble column, the gas-phase distribution area at the bottom
gradually decreased, and one extremely low gas hold-up zone was found on the bottom and the walls
at the two sides of the bubble column. For different liquid phases and inlet positions, the gas hold-up
distribution in the bubble column varied. The gas hold-up distribution was symmetric at x = 0.1 m
because the inlet position and physical model were symmetric at x = 0.1 m, as shown in Figure 9a.
By contrast, the gas hold-up distribution was S-shaped in Figure 9b,c; the high-gas hold-up zone was
close to the right wall of the bubble column and was cylindrical in the middle of the lower part of
bubble column, as shown in Figure 9d.

Varying the liquid-phase properties affected the gas hold-up distribution. When activated sludge
was in the liquid phase, the gas hold-up distribution was symmetric and exhibited a V shape, with
very low gas hold-up values in the axial area in the middle and upper part of the bubble column,
as shown in Figure 9e. In contrast, in Figure 9f,g, the gas hold-up distribution was S-shaped, but
the gas hold-up distribution zones were very narrow in the middle and lower part of the bubble
column. A low gas hold-up zone was found on the top of the right side of the bubble column, as
shown in Figure 9h, possibly because of the high-dynamic viscosity at this location. This finding will
be discussed in Section 5.4.
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5.3.2. Global Gas Hold-Up

The global gas hold-ups in the bubble column for the different cases were compared, as shown
in Figure 10. When water was in the liquid phase, calculation cases 1, 2, and 3 showed similar gas
hold-ups. Case 4 had the smallest gas hold-up because the high gas velocity in the bubble column
led to a shorter residence time of the gas in the liquid phase. The liquid was driven by the gas to
flow through the bubble column, and thus, the liquid velocity indirectly reflected the gas velocity
shown in Figure 7b. In contrast, when activated sludge was in the liquid phase, the gas hold-up was
much lower than that of water in the bubble column. This finding was consistent with the results of
Durán et al. [17], Mineta et al. [44] and Fransolet et al. [45] because an increase in the gas-phase upflow
velocity led to a shorter residence time of the gas in the bubble column. Furthermore, in calculation
case 4, water and activated sludge exhibited similar gas hold-up values in the bubble column because
the higher dynamic viscosity of the non-Newtonian liquid at the top of the bubble column led to a
large gas hold-up distribution zone.
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5.4. Non-Newtonian Liquid Dynamic Viscosity

The higher dynamic viscosity of the non-Newtonian liquid led to lower flowability. Thus,
the flowability was studied further by comparing the dynamic viscosity of the non-Newtonian liquid in
the bubble column at different inlets, which helped elucidate the origins of the velocity and gas hold-up
distribution. Figure 11 presents the dynamic viscosity distribution of the non-Newtonian liquid at
z = 0 m in the bubble column. The maximum dynamic viscosity peak value of the non-Newtonian
liquid occurred when the inlet was located in the middle of the bottom of the bubble column.
The low-dynamic viscosity zone distribution was V-shaped and symmetrical at x = 0 m, and the
peak values were found at the two sides at the bottom of the bubble column, indicating that in this
zone, the flowability of the non-Newtonian liquid is lower. When the inlet was located between the
middle and the right wall of the bubble column, the dynamic viscosity distribution and peak value
were found on the bottom of the left side of the bubble column, while low-dynamic viscosity was
observed on the right of the bubble column, as shown in Figure 11b,c. When the inlet was the farthest
from the middle of the bottom of the bubble column, the non-Newtonian liquid its minimum dynamic
viscosity peak value and much lower dynamic viscosity and high flowability at the zone close to the
right wall from the bottom to the middle; however, a visible high-dynamic viscosity zone in the middle
and upper part of the right side blocked the non-Newtonian liquid flow, as shown in Figure 11d.
Lower gas hold-up was also found in this zone, as shown in Figure 9h. This phenomenon may explain
why water (i.e., the Newtonian liquid phase) had a much higher velocity in the y-direction in the right
side of the bubble column than the activated sludge (i.e., a non-Newtonian liquid).
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Comparing the gas hold-up distributions and dynamic viscosity distributions of the
non-Newtonian liquid revealed that these distributions are interrelated. Figure 9e shows the V-shaped
hold-up distribution, and Figure 11a presents the V-shaped low-dynamic viscosity zone distribution.
Figure 9f and Figure 11b, Figure 9g and Figure 11c, Figure 9h and Figure 11d revealed that high-gas
hold-up zones always correspond to low-dynamic viscosity zones. This finding indicated that the
liquid phase had strong flowability in the low-dynamic viscosity zone and that the gas phase always
flowed up in this zone. Moreover, the instantaneous velocity did not change periodically, as shown in
Figure 8b, possibly because of the influence of the dynamic viscosity of the liquid. The viscosity was
small in the low-dynamic viscosity zones, and thus, the gas phase flowed up along these zones to form
a gas upflow path in the bubble column.

5.5. Volume-Average Bubble Diameter

As an important bubble column parameter, the bubble diameter is highly meaningful for the
prediction of the gas-liquid mass transfer in the bubble column. As shown in Figure 12, when water
was the Newtonian liquid phase, the volume-averaged bubble diameter was small: 0.0057 m and
0.0042 m in cases 3 and 4, respectively, when the inlet was far from the middle of the bottom of bubble
column. Larger values—0.0067 m and 0.0059 m—were found in cases 1 and 2, respectively, when the
inlet was close to the middle of the bottom of bubble column. As shown in Figure 12, when activated
sludge was the non-Newtonian liquid phase, the volume-averaged bubble diameter in the bubble
column was similar to the values reported above, with case 6 showing the highest bubble diameter:
0.0062 m.
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Moreover, we found that the activated sludge as the liquid phase exhibited slightly higher
volume-averaged bubble diameters than water as the liquid phase, except in cases 1 and 5; these
findings were in accordance with the experimental observations of Fabiyi and Novak [46].

6. Conclusions

We aimed to measure the gas mixing in the hydrodynamic behavior of activated sludge
(i.e., an opaque non-Newtonian liquid), which has been difficult to measure experimentally in
previous research. An Euler-Euler two-fluid model coupled with the PBM model was developed for
numerical simulations of different liquid phases and inlet positions in the bubble column in this work.
The following conclusions were obtained:

The inlet position and liquid rheological properties influenced the number of vortices, vortex
distribution and vortex center in the flow field in the bubble column. Using water as the liquid phase
provided some velocity fields in the bubble column that differed from those obtained using activated
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sludge as the liquid phase; i.e., as the inlet gradually shifted from the center of the bubble column, the
difference in the maximum velocity in the y-direction between activated sludge and water decreased
until a negative value was reached in the bubble column.

The inlet position influenced the gas hold-up. When water was in the liquid phase, the inlet
position deviated farther from the bubble column, resulting in a larger gas hold-up; the lowest gas
hold-up was observed when the inlet position was the farthest from the center of the bubble column.
In contrast, when activated sludge was in the liquid phase, the gas hold-up was much lower than that
of water, and as the inlet position moved farther from the center of the bubble column, the gas hold-up
in the bubble column decreased.

When activated sludge was in the liquid phase, the liquid dynamic viscosity distribution
influenced the gas hold-up distribution, and high-gas hold-up zones always corresponded to
low-dynamic viscosity zones. The volume-averaged bubble diameter varied nonlinearly with the inlet
position in the bubble column; i.e., as the inlet position moved farther from the center of the bubble
column, the volume-averaged bubble diameter decreased. In contrast, when pure water was in the
liquid phase, the volume-averaged bubble diameters were lower than when activated sludge was used
in the simulations.

The study in this paper was based on the assumption that bubbles coalescence and breakup
effect of in the non-Newtonian liquid phase was consistent with that in Newtonian liquid phase.
This assumption is still defective. The future study focuses on (1) experimental study on bubble
distribution in non-Newtonian liquid phase; and (2) accurate determination of bubbles coalescence
and breakup kernel function in the non-Newtonian liquid phase.
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