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Abstract: Hydrogenation of ethylene carbonate (EC) to co-produce methanol (MeOH) and ethylene
glycol (EG) offers an atomically economic route for CO2 utilization. Herein, aided with bench and
pilot plant data, we established engineering a kinetics model and multiscale reactor models for
heterogeneous EC hydrogenation using representative industrial-type reactors. Model-based analysis
indicates that single-stage adiabatic reactors, despite a moderate temperature rise of 12 K, suffer
from a narrow operational window delimited by EC condensation at lower temperatures and intense
secondary EG hydrogenation at higher temperatures. Boiling water cooled multi-tubular reactors
feature near-isothermal operation and exhibit better operability, especially under high pressure and
low space velocity. Conduction oil-cooled reactors show U-type axial temperature profiles, rendering
even wider operational windows regarding coolant temperatures than the water-cooled reactor. The
revelation of operational characteristics of EC hydrogenation under industrial conditions will guide
further improvement in reactor design and process optimization.

Keywords: ethylene carbonate hydrogenation; methanol; ethylene glycol; multiscale reactor model;
reactor analysis; operation window

1. Introduction

Efficient chemical conversion and utilization of CO2 is envisioned as an important
vector in future carbon-neutral and carbon-negative human society [1,2]. Researchers are
in hot pursuit of disposing the energy- and industry-related CO2 emissions by renewable
electricity or discarded H2 to produce feedstock or commodity chemicals [3–5]. In particular,
thermo-/electro- chemical CO2 reduction to oxygenates, for instance, aldehydes, alcohols,
and carboxyl acids, exerts great prospects in high-atom-economy CO2-based chemical
manufacture by reducing the by-production of H2O [6–10]. Direct hydrogenation of CO2
into methanol (MeOH) has attracted intense research attention in recent years in that
MeOH serves as a commodity chemical as well as a crucial platform to various downstream
products [11–15]. However, this process is inherently limited by the kinetic inertness and
thermodynamic stability of the CO2 molecule, resulting in extremely low per-pass CO2
conversion (~10~20%), and thereby a poor atom economy [16–18].

A feasible solution to by-pass the thermodynamic limitation is to “bridge” the low-
energy CO2 reactant and the high-energy MeOH product with a CO2-derivable, medium-
energy intermediate, such as ethylene carbonate (EC), dimethyl carbonate, methyl formate,
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and so on [19–23]. Such indirect green methanol production processes are advantageous
in milder reaction conditions as well as higher per-pass CO2 conversion (over 95%) and
overall methanol yield. Amongst these processes, EC hydrogenation as illustrated in
Figure 1 is of great interest:
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This process co-produces methanol and ethylene glycol (EG), another value-added
bulk chemical, with theoretically 100% atom economy. In addition, EC production us-
ing CO2 and ethylene oxide has already been demonstrated [24,25], making the sub-
sequent EC hydrogenation process a promising enabler for industrially relevant green
alcohols production.

Development of catalyst systems for EC hydrogenation has gained considerable
progress. Since Han et al. [26] first proposed a Ru II PNP catalyst for homogeneous
EC hydrogenation, the catalyst system has evolved from homogeneous nobel metal com-
plex [27] to heterogenous supported copper (Cu) based catalysts [28–33], in view of difficult
separation and recovery of the former and, in contrast, convenient deployment of the
latter. As the early-version Cu-based catalysts are inferior to the homogeneous catalysts in
performance, continuous efforts are being paid to develop more active and selective candi-
dates suitable for industrial application [34–36]. Song et al. [37] prepared MoOx-promoted
Cu/SiO2 catalyst, which achieved 89% MeOH yield and 99% EG yield within 150 h time-
on-stream at a H2/EC ratio of 20 and a WLHSVEC (weight liquid hourly space velocity
of EC) of 0.64 gEC·gcat

−1·h−1. Carbon modified Cu catalyst proposed by Chen et al. [38]
displayed good activity and stability after using for 264 h, owing to improved dispersion of
Cu particles, showing EC conversion of 100%, and EG and MeOH selectivities up to 99.9%
and 85.8%, respectively. Appropriate synergy between Cu0 and Cu+ species are believed to
play an important role in the activation of H2, providing adsorption sites for the carbonyl
groups of EC, and stabilizing the surface acyl and methoxy species, leading to improved
EC conversion and alcohol yields [39,40].

Despite the progress in catalyst investigation, to date, the heterogeneous EC hiydro-
genation process has not been studied at a pilot scale. Tailoring the transport characteristics
of industrial-scale reactors in accordance with the intrinsic reaction kinetics is crucial for
commercial operation of catalytic processes [41,42]. In this respect, industrial methanol syn-
thesis serves as a reference given a similar reaction enthalpy change and the employment
of similar Cu-based catalysts. Multi-stage adiabatic fixed bed reactors and boiling water-
cooled multi-tubular reactors are the most commonly applied types of reactors in methanol
synthesis [42]. The design and operation optimization of these reactors has been well aided
by model-based analysis accounting for intrinsic reaction kinetics, internal/external mass
transfer at the scale of catalyst particles, and heat and mass transfer at the reactor-scale [43].
Recently, Samimi et al. [44] compared water cooled, gas cooled, and doubled cooled reac-
tors for direct CO2 hydrogenation to MeOH by one-dimensional reactor models focusing
on the phase stability. The gas cooled reactor exhibits the lowest possibility of methanol
condensation and the highest methanol yield. Cui et al. [45] assessed the potentials of
adiabatic, water cooled and gas cooled reactors for direct CO2 hydrogenation to MeOH
using coupled two-dimensional (2D) computational fluid dynamics (CFD) models for the
reactor and single catalyst particles. The water-cooled reactors demonstrate outstanding
temperature control at the expense of a higher capital cost. It is apparent that, to promote
the process towards commercialization, understanding of the operational behaviors of EC
hydrogenation in industrial-type reactors is urgently needed.

Herein, we investigated the operational characteristics of industrial-type adiabatic,
water-cooled and oil-cooled tubular reactors for a 3 × 104 t/a EC hydrogenation process
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by model-based comparative analysis. Two-dimensional (2D) pseudo-homogeneous CFD
models were established with engineering kinetic models developed for heterogeneous EC
hydrogenation over an industrial Cu-based catalyst, and validated by bench-scale and pilot-
scale reaction data. The operation windows of key reactor operating variables, including
reactant/coolant inlet temperature, total pressure and space velocity, were delineated for the
representative industrial-type reactors, considering both the reactor performance and the
EC phase change boundaries. The presented results will pave the way to future industrial
design and optimization of reactors and process for the green alcohols production.

2. Methods
2.1. Method Description

Figure 2 illustrates the industrial reactors for ethylene carbonate hydrogenation con-
sidered and the modeling scheme used in this study. Two types of industrial reactors
are modeled, namely, adiabatic and multi-tubular heat-exchange reactors; for the heat-
exchange reactors, two different coolants are considered: boiling water and heat conduction
oil (Figure 2a). The adiabatic reactor is 2 m in diameter and 8 m in length, whereas the heat-
exchange reactor comprises 1682 tubes of 0.05 m diameter and 8 m length, corresponding
to a total capacity of 3 × 104 t/a methanol and ethylene glycol. Key geometric parameters
and operating conditions are listed in Table 1. The 2D asymmetrical steady-state multi-scale
reactor models are built under the following assumptions:
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Table 1. Model parameters.

Geometric Parameters Adiabatic FBR Heat-Exchange FBR

Bed/Tube diameter, D (m) 2 0.05
Developing zone length 2 m

Reaction zone length 8 m
Catalyst type Cu/SiO2 [30]

Catalyst geometry 3/5/7 mm (sphere); 3 × 3/5 × 5/7 × 7 mm (cylinder)
Catalyst loading mass (kg) 13730 kg for (5 mm sphere)

Average bed voidage 0.4 (5 mm sphere) 0.43 (5 mm sphere)
Gas distributor geometry 1 m diameter, ring /

Operating conditions
(Nominal value/range)

Temperature, Tin (K) 463/433–483
Coolant temperature, Tc (K) / 463/423–463

Pressure, Pop (MPa) 3/1–5
Space velocity, SV

(gEC·gcat
−1·h−1) 0.3/0.1–0.5

Molar ratio of H2 to EC 200/80–200
Details of the multi-scale reactor models, including governing equations, heat and mass transfer correlations,
chemical kinetics and model implementation are introduced in the following text.

1. Reactants are fed into the adiabatic reactor through inlet manifolds, which are simpli-
fied into a ring.

2. The inlet gas distributor of the heat-exchange multi-tubular reactor ensures uniform
distribution of the reactants to all reaction tubes, so that only a single reaction tube is
modeled as representative.

3. The wall temperatures of all reaction tubes of the boiling water-cooled reactor are
equal to the boiling temperature of pressurized water.

4. The coolant temperature and external heat transfer coefficient are the same for all
reaction tubes of the oil-cooled reactor.

2.2. Governing Equations

The fluid computational mass conservation equation in the bed is

∂(εbρf)

∂t
+∇·(εbρfv) = 0 (1)

The momentum Equation (2), the energy Equation (7) and the species transport equa-
tion Equation (10) for flow in the catalyst bed are listed below.

Momentum equation:

∂(εbρfv)
∂t

+∇·(εbρfvv) = −εb∇p +∇·(εbτ) + Sφ (2)

where p is the static pressure and τ is the stress tensor. Sφ is the momentum source term
for fluid flow in porous media,

Sφ = Bf −
(

εb
2µ

K
v +

εb
3C2

2
ρf|v|v

)
(3)

representing the viscous and inertial drag forces imposed on the fluid flow by the pore
walls within the porous media, in which C2 is the inertial loss coefficient.

C2 =
3.5
dv

p

(1− εb)

εb
3 (4)
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The k-ω SST turbulence model is used with the turbulence kinetic energy k and the
specific dissipation rate ω obtained from the following equations:

∂(ρfk)
∂t

+
∂(ρfkui)

∂xi
=

∂

∂xj

(
Γk

∂k
∂xj

)
+ Gk −Yk + Sk + Gkb (5)

∂(ρfω)

∂t
+

∂(ρfωui)

∂xi
=

∂

∂xj

(
Γω

∂ω

∂xj

)
+ Gω −Yω + Sω + Gωb (6)

Energy equation:

∂
∂t (εbρfEf + (1− εb)ρsEs) +∇·(v(ρfEf + p))

= Sh
f +∇·[ke∇T − (∑

i
hi Ji) + (τ·v)] (7)

where Ef is total fluid energy and Es is total solid medium energy. The energy source Sh
f

represents the chemical reaction heat.

Sh
f = −∑

j

h0
j

Mw,j
Rj (8)

where h0
j is the enthalpy of formation of species and Rj is the volumetric rate of creation of

species j. The effective heat conduction of bed ke is computed in Equation (9).

ke =


ke, ax =

u0ρfcp,fdv
p

Peh,ax

ke,r =
k0

r
kf
+ kf·

Pe0
h

Pe∞
h,r

(9)

Species equation:
∂

∂t
(ρfYi) +∇·(ρfvYi) = −∇·Ji + Si (10)

where Yi is mass fraction of each species, and Ji is the diffusive flux of species i arising from
gradients of species concentration and temperature.

Ji = −ρfDe

N−1

∑
j=1
∇Yj − DT,i

∇T
T

(11)

Si, the net source of species i due to chemical reactions, Si is computed as the sum of the
reaction rates:

Si = Mw,i

NR

∑
r=1

R̂i,r (12)

where Mw,i is the molecular weight of species i and R̂i,r is the molar rate of creation/destruction
of species i in reaction r. In Equation (11), the calculation of thermal diffusion coefficients
DT,i adopts the following empirically based expression [46].

DT,i = −2.59× 10−7T 0.659

[
M 0.511

w,i Xi

∑N
i=1 M 0.511

w,i Xi
−Yi

]
·
[

∑N
i=1 M 0.511

w,i Xi

∑N
i=1 M 0.489

w,i Xi

]
(13)

where Xi is mole fraction of species i; the effective mass transfer coefficient of bed De is
computed as:

De =


De,ax =

dv
pu0

Pem,ax

De,r =
dv

pu0
Pem,r

(14)
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2.3. Bed Voidage and Pressure Drop

When the ratio of tube diameter to the catalyst’s volume-equivalent diameter (denoted
by R in the following paper) is less than 10, the wall effect cannot be ignored [47]. In
this work, R values for the adiabatic fixed bed (2 m in diameter) and the heat-exchange
reactor (single tube 0.05 m in diameter) filled with 5 mm spherical catalyst are 400 and 10,
respectively. Therefore, without the wall effect, the bed voidage of the adiabatic reactor
is set as constant in the radial direction (Supplementary Materials Table S5). Meanwhile,
the fluctuations of bed voidage in the radial direction is considered for the heat-exchange
reactors (Table S5) [48–50].

The bed pressure drop is computed by the Ergun equation in Equation (15) [51].

|∆P|
L

=
150
ds

p
2
(1− εb)

2µ

εb
3 u0 +

1.75ρf
ds

p

(1− εb)

εb
3 u0

2 (15)

2.4. Heat and Mass Transfer in the Catalyst Bed

The axial effective heat conduction is computed as [52]:

ke,ax =
u0ρfcp,fdv

p

Peh,ax
(16)

in which the Peclet number for axial heat conduction Peh,ax equals 2.
The radial effective heat conduction is computed by:

ke,r =
k0

r
kf

+ kf·
Pe0

h
Pe∞

h,r
(17)

in which the molecular Peclet number Pe0
h is [53]:

Pe0
h = RePr =

u0ρfcp,fdv
p

kf
(18)

and Pe∞
h,r is [54]:

Pe∞
h,r = 8[2− (1− 2

R
)

2
] (19)

The following expression for the effective thermal stagnant conductivity k0
r

kf
is obtained

by Equation (20) [55]:

k0
r

kf
=
(
1−
√

1− εb
)
+ 2
√

1−εb
1−Bκ−1

×
[

B(1−κ−1)

(1−Bκ−1)
2 ln
(

κ
B
)
− B−1

1−Bκ−1 − B+1
2

] (20)

where B = Cf

(
1−εb

εb

)1.11
; Cf = 1.25 (sphere), Cf = 2.5 (cylinder).

Under turbulent conditions (Re > 100), axial mixing of mass can be approximated as
mixing in a cascade of L/dp ideal mixers [56]. The Peclet number for axial mass dispersion
approximately equals 2.

Pem,ax =
dv

pu0

De,ax
= 2 (21)

The effective radial mass transfer coefficient of bed De,r is computed as [57]:

Pem,r =
dv

pu0

De,r
= C

(
1 +

19.4
R2

)
(22)
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where C = 8.65
dv

p
da

p
[58].

2.5. Heat and Mass Transfer of Catalyst Particles

Due to mild exothermicity of the ethylene carbonate hydrogenation reaction, the
temperature difference between the catalyst surface and the gas phase is estimated to be
less than 1 K in Equation (23). Consequently, the temperature of catalyst surface and the gas
phase is taken as identical. The gas–solid heat transfer coefficient αf is calculated as [59]:

∆Tex =
Qreaction

αf·Scat
(23)

Nu = 2 + 1.1Re0.6·Pr
1
3 (24)

Nu =
αfdv

p

kf
(25)

For heat transfer inside the catalyst particle, the temperature gradient within the cata-
lyst particle is related to the heat of reaction Qreaction and the effective thermal conductivity
of the catalyst particle λeff,cat (Equation (26)) and can be calculated by Equation (27) [60,61].

∆Tin =
Deff,EC·(CEC,s − CEC,center)·(−∆rH)

λe f f ,cat
(26)

λeff,cat = kf

(
ks

kf

)1−εcat

(27)

Under the reaction conditions considered in this article, ∆Tin is estimated to be less
than 1 K. Therefore, the catalyst particle is considered isothermal.

The mass transfer between the catalyst surface and the gas phase is described by a
mass transport coefficient kg:

kg·a·
(
CEC,gas − CEC,s

)
= REC,s (28)

where REC,s is the effective consumption rate of EC at the particle surface. kg is related to the
catalyst shape, the Reynolds number and the Schmidt number, as shown in Equations (29)–(31) [62].

Sh = 2 + 0.6Re0.5Sc
1
3 (sphere) (29)

Sh = 0.61Re0.5Sc
1
3 (cylinder) (30)

Sh =
kgdv

p

DEC,m
(31)

The effect of mass transfer inside the catalyst particles, namely, internal mass transfer,
is accounted for with the generalized Thiele modulus approach, which is applicable to a
broad range of rate equations [63]. The generalized Thiele modulus with respect to EC
consumption rate (φgen,EC) is expressed as

φgen,EC =
Vcat

Scat

√
kv

Deff,EC
·n + 1

2
·CEC,s

n−1 (32)

The effectiveness factor for internal mass transfer is then computed as:

ηEC =
tanh

(
φgen,EC

)
φgen,EC

(33)
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Note that Equations (28)–(31) must be solved simultaneously in an iterative manner
because the two sides in Equation (28) are related by the EC concentration at catalyst
particle surface, which is unknown in advance.

2.6. Coolant Heat Transfer

For the heat exchange by pressurized boiling water, a large heat transfer coefficient
(4000–6000 W·m−2·K−1) and a constant wall temperature (Tw) are considered:

Tw = Tb (34)

where Tb is the boiling point of pressurized water.
In contrast, the heat conduction oil has a low specific heat capacity, and thus is heated

up easily. The oil temperature is therefore considered as a function of the transferred heat.
The oil-to-tube heat transfer coefficient is set as a function of the space in between adjacent
baffle plates t and the coolant mass flow rate

.
moil.

αoil = αoil
(
t,

.
moil

)
(35)

The detailed expressions are given in the Supporting Information. The heat transferred
between the oil and the tube wall is

Qoil = αoil·(Toil − Tw)·Swall (36)

As the oil temperature Toil varies with the axial position, the steady-state coolant
temperature profile is determined by iteration. The single reaction tube is divided into
10 segments (each 0.8 m long) in the flow direction with the oil temperature in each segment
calculated as

Toil,i+1 =

 Toil,in, i = −1

Toil,i +
Qoil,i

3600cp,oil·
.
moil

, 0 ≤ i ≤ 9
(37)

when the iteration converges, the oil temperature as a continuous function of the the axial
position is calculated by linear interpolation of the above discrete temperatures.

Toil(x) = Toil,i−1 +
Toil,i − Toil,i−1

xi − xi−1
·(x− xi−1), (xi−1 < x < xi) (38)

2.7. Chemical Reactions

The global reaction of ethylene carbonate hydrogenation to ethylene glycol and
methanol is described by three separate reactions as shown in (R1)–(R3), respectively.
This scheme allows for investigation of the effect of operating variables on the reactant
conversion and product selectivity. The intrinsic kinetics of these reactions are modeled
by power-law equations. The kinetic parameters were fitted to bench-scale experimen-
tal data covering a wide range of reaction conditions of T = 175–220 ◦C, Pop = 3.0 MPa,
H2/EC = 120–200 and SV = 0.5–2.2 h−1. Details regarding the kinetic equations and pa-
rameters are given in the Supporting Information (Section S1).
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The detailed expressions are given in the Supporting Information. The heat trans-

ferred between the oil and the tube wall is 

𝑄oil = �̅�oil ∙ (𝑇oil − 𝑇w) ∙ 𝑆wall (36) 

As the oil temperature Toil varies with the axial position, the steady-state coolant 

temperature profile is determined by iteration. The single reaction tube is divided into 10 

segments (each 0.8 m long) in the flow direction with the oil temperature in each segment 

calculated as 

𝑇oil,𝑖+1 = {

𝑇oil,in,   𝑖 = −1

𝑇oil,𝑖 +
𝑄oil,𝑖 

3600𝑐𝑝,oil ∙  �̇�oil 
, 0 ≤ 𝑖 ≤ 9

 (37) 

when the iteration converges, the oil temperature as a continuous function of the the axial 

position is calculated by linear interpolation of the above discrete temperatures. 

𝑇oil(𝑥) = 𝑇oil,𝑖−1 +
𝑇oil,𝑖 − 𝑇oil,𝑖−1
𝑥𝑖 − 𝑥𝑖−1

∙ (𝑥 − 𝑥𝑖−1), (𝑥𝑖−1 < 𝑥 < 𝑥𝑖) (38) 

2.7. Chemical Reactions 

The global reaction of ethylene carbonate hydrogenation to ethylene glycol and 

methanol is described by three separate reactions as shown in (R1)–(R3), respectively. This 

scheme allows for investigation of the effect of operating variables on the reactant conver-

sion and product selectivity. The intrinsic kinetics of these reactions are modeled by 

power-law equations. The kinetic parameters were fitted to bench-scale experimental data 

covering a wide range of reaction conditions of 𝑇 = 175–220 ℃, Pop = 3.0 MPa, H2/EC = 

120–200 and 𝑆𝑉 = 0.5–2.2 h−1. Details regarding the kinetic equations and parameters are 

given in the Supporting Information (Section S1). 
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Since the two EC hydrogenation reactions ((R1) and (R3)) are dependent on the gas phase
EC concentration only, their effective reaction rates over the catalyst particle surface are:

robs = ηEC·rchem(CEC,s, Ts) (39)

The EG hydrogenation reaction (R3) is zeroth order; therefore, its effective reaction
rate is equal to the intrinsic reaction rate:

robs = rchem(CEG,s, Ts) (40)

The performance metrics of the reaction, EC conversion XEC, EG selectivity SEG,
MeOH selectivity SMeOH and total alcohols selectivity SAlcohol, are defined by the
following definitions:

XEC =

.
mEC,in −

.
mEC,out

.
mEC,in

(41)

SEG =

.
mEG,out/MEG

(
.

mEC,in −
.

mEC,out)/MEC
(42)

SMeOH =

.
mMeOH,out/MMeOH( .

mEC,in −
.

mEC,out
)
/MEC

(43)

SAlcohol =
SEG + SMeOH

2
(44)

2.8. Model Implementation

The multi-scale reactor models were implemented in the FLUENT software. The
computational domains were discretized using rectangular meshes refined in the inlet
regions and adjacent to the walls. Spatial discretization was conducted by the second-order
upwind differencing scheme. The pressure–velocity coupling was performed with the
SIMPLEC algorithm. User defined function (UDF) of FLUENT was used to couple the heat
and mass transport models and chemical kinetics to the reactor-level models. The inlet
boundary was set as uniform velocity. The outlet boundary was set as constant pressure
(operating pressure) and zero normal gradients of velocity, temperature and species mass
fractions. A no-slip, adiabatic or thermally coupled boundary was imposed on the reactor
walls depending on the reactor type. Axisymmetric boundaries were imposed on the
centerline of the reactor. The convergence criteria were set as all residuals below 10−3.
Simulations were performed on PC with Intel i9-9900X processors (Intel Corporation, Santa
Clara, CA, USA) and 64 GB RAM (G.skill International Enterprise Co., Ltd., Taipei, China).
The typical computation time under each operating condition is between 0.5 and 2 h.

3. Results and Discussion
3.1. Model Validation

Table 2 shows results of the grid independence study using EC conversion as the
most sensitive key variable. When the grid size exceeds 10,000, the EC conversions remain
unchanged for both adiabatic and heat-exchange reactor models with sphere/cylinder
catalysts. Therefore, the following work was carried out with a grid size of 10,000.

To validate the established multi-scale reactor and chemical kinetics model, we com-
pared the model predictions with pilot plant data. The EC hydrogenation pilot reactor was
operated at a production capacity of 1000 talcohol/a and had steadily run for over 72 h to
allow collection of all reaction products. The structure and working conditions of the pilot
reactor are shown in Table 3. Simulations were conducted with the same parameter set-
tings as the pilot reactor, including the reactor geometry, operating conditions and catalyst
properties. Figure 3 shows the mass flow rates of the converted EC and the produced EG,
MeOH and by-products measured in pilot plant run and those predicted by our model.
The model predictions are in quantitative agreement with the pilot plant data with relative
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errors for both the converted EC and the produced EG < 5%. The amount of produced
MeOH is underestimated by ~20%, which is accompanied by an overestimated amount of
by-products. The reason is suspected to be incomplete measurement of the volatile MeOH
in bench-scale experiments used for deriving the kinetics parameters. Nonetheless, the
multi-scale reactor model is reliable in predicting the generic reaction performance of EC
hydrogenation in industrial reactors and will be used to explore the operational behaviors
of different types of tubular reactors.

Table 2. Dependence of EC conversion on grid sizes in simulation.

Adiabatic Reactor Model
Mesh Size 1250 10,000 20,000

EC conversions (%)

20% length (sphere) 37.6 39.0 39.1
outlet (sphere) 94.1 94.0 94.0

20% length (cylinder) 29.7 30.2 30.1
outlet (cylinder) 86.0 85.1 84.8

Heat-Exchange Reactor Model
Mesh Size 2500 10,000 40,000

EC conversions (%)

20% length (sphere) 36.8 38.0 38.3
outlet (sphere) 93.2 93.2 93.2

20% length (cylinder) 33.7 34.8 35.1
outlet (cylinder) 89.4 89.4 89.4

Table 3. Structure and working conditions of the pilot reactor for EC hydrogenation.

Pilot Reactor Configuration

Tube Inner Diameter (m) 0.034
Tube length (m) 4

Tube number 95

Operating Conditions
EC mass flow (kg·h−1) 107.3

Feed EC to H2 molar ratio 170
Feed temperature (K) 458.2

Coolant type Conduction oil
Coolant mass flow rate (kg·h−1) 20,000

Coolant temperature (K) 453.2

Catalyst Information
Catalyst composition Cu/SiO2

Size and shape 3 × 5 mm cylinder
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3.2. Reactor Profiles
3.2.1. Adiabatic

As the simplest form of fixed bed reactors, adiabatic reactors are often designed with
multi-stage feeding in order to control the temperature rise of the catalytic bed by inter-
stage cooling. For the EC hydrogenation reaction, however, the adiabatic temperature
rise is estimated as only 10~20 K under typical operating conditions because of the high
H2/EC ratio, despite a considerable reaction enthalpy change (−87.3 kJ/mol). Therefore, a
one-stage adiabatic reactor is considered herein in view of a facile temperature control that
could be envisioned.

For the adiabatic reactor loaded with sphere catalysts (5 mm), Figure 4 shows the
contours of bed temperature and partial pressures of EC and EG under three different inlet
temperatures. The adiabatic reactor exhibits a plug-flow behavior with minimal radial
gradients of velocity, temperature and species concentrations. In the axial (flow) direction,
a mild adiabatic temperature rise of c.a. 12 K is observed, which is scarcely affected by the
variation of inlet temperatures from 443 to 483 K (Figure 4a−c). With the increase of the inlet
temperature, the average bed temperature increases, thus accelerating EC transformation
as reflected by the decrease of average PEC inside the catalyst bed. Consistently, in the front
part of the catalyst bed, PEG, is found to increase with the inlet temperature. PEG near the
reactor outlet, however, is lower for higher inlet temperatures as a result of the intensified
secondary EG hydrogenation reaction (R3). This side reaction has a high activation energy
of 114 kJ/mol (Table S1) and is sensitive to temperature rise than the main reaction (R1).
The consumption of EG in the rear part of the catalyst bed is remarkable when the local bed
temperature rises to above 473 K (Figure S3), corresponding to inlet temperatures above
463 K. Therefore, maintaining a moderate bed temperature is necessary to maximize the
selectivity to desired alcohol products.
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Another necessary practical consideration for reactor operation is that EC is a high
boiling-point organic liquid with a dew-point temperature of c.a. 450 K under the inlet
condition (Figure S2), which overlaps with the range of operating temperatures. If EC
liquefies within the catalyst bed, liquid film would cover the catalyst particle, not only
blocking the active sites but also causing coking in the longer term. At the inlet temperature
of 443 K, EC condensation is predicted to occur in the first c.a. 20% of the catalyst bed from



Processes 2022, 10, 688 12 of 25

the inlet (marked by a vertical line in Figure 4a) as judged by the local partial pressure
of EC. From the condensation boundary downstream to the reactor outlet, EC remains in
the gas phase as a consequence of both the increasing temperature profile of the adiabatic
reactor and the decreasing EC partial pressure with the reaction proceeding.

3.2.2. Boiling Water Cooling

Boiling water-cooled fixed-bed reactors often adopt a shell-and-tube structure in
which multiple parallel reaction tubes are immersed in flowing boiling water in a shell.
To enhance heat transfer from the tube to the coolant, a small tube diameter is chosen.
Figure 5 shows the contours of bed temperature and partial pressures of EC and EG within
a single reaction tube of the boiling-water cooled reactor under three different coolant
temperatures. Within the first 10% of the catalyst bed, the bed temperature approaches the
coolant temperature with the temperature gradients in the radial direction reducing from
20 K to zero (Figures 5a–c and S7a,c). No exotherm is observed within the entire catalyst
bed in the axial direction for the three coolant temperatures. Because of the relatively low
heat release from the reaction and the high convective heat transfer coefficient of boiling
water, the coolant temperature rather than the reactant inlet temperature is the determining
factor for the bed temperature (Figure S6a). When the coolant temperature increases, the
average PEC decreases with the accelerated EC hydrogenation reaction. Different from the
adiabatic reactor, an upward trend is observed in PEG with an increasing coolant temperature
from 423 K to 463 K because EC conversion to EG is promoted whilst the EG hydrogenation
side-reaction remains negligible in the temperature range. For the inlet temperature of 463 K, it
is remarkable that the boiling water-cooled reactor gives rise to an EG yield ~10% higher than
the adiabatic reactor, with only 12 K difference in the bed temperature.
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H2/EC = 200 and reactant inlet temperature of 463 K.

The lower bed temperatures relative to the adiabatic reactor increase the risk of EC
condensation. Figure 5a,b illustrate that the condensation zones are more extended in the
near-wall region than around the reactor centerline. Due to an oscillatorily increasing bed
porosity towards the reactor wall (Table S5), the EC flowrate increase towards the wall
(Figures S4 and S5), contributing to higher local partial pressures of EC. Such a behavior is
prominent for the multi-tubular heat-exchange reactors with high tube-to-particle diameter
ratios and thus considerable channeling flows near the wall.
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3.2.3. Conduction Oil Cooling

In the pilot plant reactor, conduction oil is selected as the coolant in consideration
of easiness of control and its satisfactory performance of heat removal. The heat transfer
coefficients of conduction oils are significantly lower than the boiling water and depend on
geometrical and operational parameters such as the oil flow rates, the distance between
adjacent baffle plates, the type of baffle, etc. The specific relationships are given in the
Supporting Information (Section S3.2). In general, conduction oil is not as effective as
boiling water in controlling the reactor temperature, especially under low oil flow rates.
Taking 25% open baffle, 1 m distance between adjacent baffle plates and the 200,000 kg·h−1

mass flow rate as the reference case, the resulting heat transfer coefficient is calculated to
be 619 W·m−2·K−1. These values will be used in the following study.

Figure 6 shows that the bed temperature drops quickly close to the inlet of the oil-
cooled reactor as a consequence of the low inlet temperature of the conduction oil. Then,
with the oil being heated up continuously by the exothermic reaction, the bed temperature
gradually rises towards the reactor outlet (Figure 6a−c and Figure S7a). The radial tem-
perature gradient in the catalyst bed reduces from 9 K at the inlet to zero after 10% of the
catalyst bed. Distinct from that of the boiling water-cooled reactor, the bed temperature of
the oil-cooled reactor is also affected by the inlet temperature of reactants: both the increase
of reactant inlet temperature and the coolant inlet temperature decrease the EG selectivity
(Figure S6b). Different also from both the adiabatic and the boiling water-cooled reactors is
that PEG increases slightly with the bed temperature for oil inlet temperatures below 463 K,
but decreases slightly with the bed temperature when the oil inlet temperature exceeds
463 K. The outlet flow rates of EG are the highest among the studied reactor types for
reactant inlet temperatures between 423 and 463 K thanks to the moderate temperature
profile, which balances between promoting EC conversion and preventing secondary EG
hydrogenation. Meanwhile, the predicted condensation region of EC is significantly smaller
than that of the boiling-water cooled reactor, and the condensation only appears under the
lowest coolant temperature of 423 K.
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3.3. Effects of Key Operating Variables

To elaborate the reactor’s operation behaviors, the effects of major operation variables
on the reactor performance are further depicted. Five operation variables are studied, in-
cluding the inlet temperature Tin, the coolant temperature Tc, the operating pressure Pop, the
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space velocity SV, and the inlet H2/EC. The chosen performance metrics are EC conversion
XEC, EG selectivity SEG, MeOH selectivity SMeOH and total alcohols selectivity SAlcohol.

3.3.1. Temperature

For all reactor types, Figure 7 shows that XEC and SMeOH increase while SEG and
SAlcohol decrease with the increase of inlet temperature. At higher temperatures, the faster
reaction results in a greater amount of EC being converted (XEC rises). Given that the
activation energies of Reaction 1, 2 and 3 (R1)–(R3) are 30.1, 28.1 and 113.8 kJ·mol−1,
respectively (Table S1), higher temperatures promote hydrogenation of EG to by-products
(SEG decreases) but inhibits EC conversion to CO instead of MeOH (SMeOH increases).
Comparison among different reactor types (Figure 7a–d) show slight differences in the EC
conversion. XEC of the adiabatic reactor is higher than that of the other two types of reactor
owing to its high average temperature of the catalyst bed. XEC of the boiling water-cooled
reactor is the lowest among the three types of reactor, but the difference from that of the
oil-cooled reactor diminishes as the coolant temperature is raised above 453 K. Since the
reactant inlet temperature also affects the performance of the oil-cooled reactor, Figure 7d
additionally illustrates the effect of reactant inlet temperature on XEC, SEG, SMeOH and
SAlcohol. The variations in the reactant inlet temperature and the oil temperature exhibit
similar influences on the reactor performance.
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Figure 7. Reactor performance under different reactant/coolant inlet temperatures: (a) adiabatic reactor
with Tin = 433–483 K, (b) boiling water-cooled reactor with Tin = 463 K and Tc = 423–463 K, (c) conduction
oil-cooled reactor with Tin = 463 K and Tc = 423–463 K, (d) conduction oil-cooled reactor with Tc = 463 K
and Tin = 433–483 K. Operating conditions: 3 MPa, 0.3 gEC·gcat−1·h−1, H2/EC = 200.
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EC condensation occurs in the boiling water-cooled reactor when the boiling water tem-
perature is 448 K (Figure 7b). This critical temperature is consistent with the reactant inlet
temperature leading to condensation in the adiabatic and oil-cooled reactors (Figure 7a,d)
because their inlet regions are the most prone to condensation. For the oil-cooled reactor,
moderate heat removal by the conduction oil combined with its relatively low heat capacity
yields a bed temperature higher than the initial oil temperature. Therefore, condensation
with a fixed reactant inlet temperature of 463 K does not occur until the oil temperature is
lowered to 428 K (Figure 7c).

3.3.2. H2/EC

In this work, a higher H2/EC means lower EC partial pressures under almost the same
H2 partial pressure (the variation in the H2 partial pressure is negligible for H2/EC > 80). As
shown in Figure 8a–c, higher H2/EC inhibits EC conversion because the EC consumption
reactions (R1 and R2) are positive-order with respect to EC. For the adiabatic reactor, the MeOH
selectivity increases slightly with H2/EC (Figure 8a). The reason is that SMeOH is related to
parallel reactions R1 and R2, which are 0.65-order and 1-order with respect to EC, respectively.
The lower the EC partial pressure, the lower the relative rate of Reaction 1 to Reaction 2, and
therefore the higher the MeOH selectivity. The EG selectivity increases more significantly with
H2/EC, because enhanced axial convective heat transfer by the gas mixture under high H2/EC
alleviates the adiabatic rise of bed temperature, which favors EG selectivity. For the boiling
water-cooled reactor, the variation of SMeOH with H2/EC in Figure 8b resembles that for the
adiabatic reactor. However, SEG and SAlcohol of the water-cooled reactor only increase by 1%
and 3%, respectively, for H2/EC from 80 to 200, because the catalyst bed is close to isothermal.
In Figure 8c, almost identical behavior is observed for the oil-cooled reactor as the boiling
water-cooled reactor, except that XEC of the latter is slightly higher for H2/EC > 160, and that
SEG and SAlcohol of the latter is slightly lower for H2/EC < 120. EC condensation happens when
inlet H2/EC is smaller than 120 regardless of the type of the reactor, provided that EC most
likely liquefies at the reactor inlet when its partial pressure is the highest.
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Figure 8. Reactor performance under different H2/EC: (a) adiabatic reactor, (b) boiling water-
cooled reactor, (c) conduction oil-cooled reactor. Operating conditions: reactant and coolant inlet
temperatures 463 K, 3 MPa, 0.3 gEC·gcat−1·h−1, 80–200 H2/EC.

3.3.3. Pressure and Space Velocity

Pressure and space velocity have a great impact on the catalytic reaction but a minor
influence on the transport characteristics. The influence of pressure and space velocity on
the reactor performance is exemplified by the case of the boiling water-cooled reactor in
view of the consistent behaviors among the different types of reactors. Figure 9a shows that
the increase of operating pressures accelerates EC hydrogenation as the partial pressure of
EC is increased (R1) and (R3). Meanwhile, since R1 and R2 are boosted at higher pressure
while remaining unaffected, an increase in EG selectivity is observed. The MeOH selectivity
is determined by the relative rates between R1 and R2. With a higher total pressure and
EC partial pressure, the rate of R1 increases less than that of R2 (EC orders 0.65 and 1),
resulting in lower MeOH selectivity. Although a higher operating pressure favors both EC
conversion and the selectivity of EG—the more value-added product—it may also lead
to EC condensation when exceeding 4.8 MPa. The optimal operating pressure is around
3 MPa when all performance metrics achieves a reasonable trade-off.
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Figure 9. Reactor performance of the boiling water-cooled reactor under the conditions of (a) 1–5 MPa,
0.3 gEC·gcat−1·h−1, (b) 3 MPa, 0.1–0.5 gEC·gcat−1·h−1 (Tin = 463 K, Tc = 463 K and H2/EC = 200).

Figure 9b depicts the influence of space velocity on the reactor performance. Lower
space velocity is beneficial for both XEC and SMeOH. To ensure a conversion over 90%,
the space velocity should be maintained below 0.3 gEC·gcat−1·h−1. The slightly higher
MeOH selectivity at low SV and high XEC originates from the fact that the main reaction
R1 has a smaller reaction order of EC than the parallel side-reaction R2 (i.e., R1 decays
slower at high EC conversion than R2). In contrast to MeOH, the EG selectivity is boosted
at high SV when the secondary EG hydrogenation reaction proceeds inadequately. Since
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high space velocity results in too large bed pressure drop (Figure S5b), a space veloc-
ity of around 0.3 gEC·gcat−1·h−1 is deemed feasible with balanced operational cost and
reaction performance.

The specific effects of key operating variables T, Pop, SV and H2/EC on the reactor
performance are summarized in the Table S7.

3.4. Operation Windows

Informed by the preceding illustrations, the different types of reactors response dif-
ferently to variations of operating parameters. The major variables that affect the reactor
performance and could be frequently changed in industrial practice include the inlet tem-
perature of reactants and coolant (T), the operating pressure (Pop), and space velocity
(SV). Therefore, the T, Pop and SV values required to reach certain XEC, SEG and SAlcohol
are further calculated for the different types of reactors to shed light on their respective
operating windows.

Figure 10 shows the demanded temperature and operating pressure for XEC, SEG
and SAlcohol to reach 90/95/98%, respectively. In brief, the contour lines for XEC = 90%
and 98% indicate that higher temperatures are required should the EC conversion be kept
constant at decreasing operating pressures. The contour lines for SEG = 90% and 95%
indicate that the operating pressure has negligible effects on SEG, which only decreases
with the increase of temperature. The 85% SAlcohol contour line shows a downward trend
with temperature for Pop > 3.5 MPa. This is because higher pressures decrease SMeOH with
SEG unaffected; thus, lower temperatures are demanded to compensate for the decrease
in SAlcohol. Additionally, EC condensation restrains the allowable scope of the operation
variables; the condensation regimes for the different types of reactors are marked in cyan
in Figure 10. As Pop increases, the dewpoint temperature of EC rises, thus enlarging the
condensation regime. In Figure 10b,c, EC condensation is unavoidable regardless of the
coolant temperature for Pop > 4.9 MPa because the reactants condensate at the reactor inlet
with the given inlet temperature of 463 K.

For all types of reactors under investigation, the contour lines divide the reactor’s
operating window (T and Pop) into different regimes with distinct reactor performance.
For instance, the red, triangular zone in Figure 10a denotes the Tin and Pop window for the
adiabatic reactor to achieve XEC > 90% and SEG > 95% under the SV of 0.3 gEC·gcat−1·h−1

and inlet H2/EC of 200. Figure 10a also indicates that the adiabatic reactor is not operable if
XEC > 98% and SEG > 95% are desired, as the corresponding regimes would overlap inside
the EC condensation regime with pressures over 5 MPa and inlet temperature below 450 K.
It can be concluded that the adiabatic reactor is difficult to operate under pressures >4 MPa
owing to a very narrow range of feasible inlet temperatures for adequate product yields.
In contrast to the adiabatic reactor, Figure 10b−d demonstrate that the boiling water
and conduction oil-cooled reactors exhibit wider operating windows of the inlet/coolant
temperatures under higher pressures. The reason is twofold: First, heat removal uplifts
the contour lines of SEG in the case of boiling water cooling and in the case of oil cooling
with varying inlet temperatures (Figure 10b,d). Second, the ascending temperature profile
along the oil-cooled reactor drastically lowers the EC condensation line on the oil inlet
temperature-reactor pressure diagram (Figure 10c). The reactors with heat exchange would
allow XEC > 98% and SEG > 95% with the demanded Tc and Pop being 463–465 K and
4.8–4.9 MPa for the boiling water-cooled reactor (green zone, Figure 10b), and 458–461 K
and 4.8–4.9 MPa for Tin = 463 K, or 466–474 K and 4.8–5.0 MPa for Tc = 453 K, respectively,
for the conduction oil-cooled reactor (Figure 10c,d). In all, the conduction oil-cooled reactor
demonstrates the best operability in terms of allowable reactant/coolant inlet temperatures,
especially under lower pressures.
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−1·h−1 and H2/EC = 200. Reactor type:
(a) adiabatic, (b) boiling water-cooled, (c) oil-cooled, Tin = 463 K, (d) oil-cooled, Tc = 453 K.

As the production capacity of reactors might be varied during industrial operation,
we further investigated the reactors’ operating windows with respect to various Tin/Tc
and SV in with Pop and H2/EC set to 3 MPa and 200, respectively. Figure 11 shows that
increasing temperature with the space velocity is required in order to maintain certain EC
conversions, and in contrast, the maximum temperature limits to keep the EG selectivity
and total alcohols selectivity above thresholds are uplifted under a higher SV. An exception
is found for the oil-cooled reactor with varying inlet temperatures, where the maximum
inlet temperature allowable for 85% total alcohols selectivity decreases again with the
increase of space velocity at above c.a. 0.4 gEC·gcat

−1·h−1. The EC condensation regime
remains invariant with the space velocity for the adiabatic and boiling water-cooled reactor,
as well as for the oil-cooled reactor with varying reactant inlet temperatures. In these cases,
whether EC condensates in the catalyst bed is determined by the inlet conditions. For the
oil-cooled reactor with varying oil inlet temperatures, the EC condensation regime shifts to
lower temperatures with increasing space velocity, under which conditions the initial sink
of bed temperature due to cooling is less prominent.
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Figure 11. Operation windows of reactors for demanded Tin/Tc -SV parameters on outlet EC
conversion, EG selectivity and total alcohol selectivity under 3 MPa and 200 H2/EC. Reactor type:
(a) adiabatic, (b) boiling water-cooled, (c) oil-cooled, Tin = 463 K, (d) oil-cooled, Tc = 453 K.

A very small operation window for XEC > 98% and SEG > 95% (green zone; Tin of
448–449 K, SV of 0.19–0.20 gEC·gcat

−1·h−1) is shown for the adiabatic reactor in Figure 11a.
However, common fluctuations in industry makes it difficult to keep Tin and SV static in the
range. For the boiling water-cooled reactor, the corresponding ranges of Tc and SV are c.a.
448–463 K and 0.10–0.22 gEC·gcat

−1·h−1, respectively, while for the conduction oil-cooled
reactor with varying oil inlet temperatures, the ranges of Tc and SV are c.a. 432–454 K and
0.10–0.21 gEC·gcat

−1·h−1. As in Figure 11b–d, the larger Tc-SV window of the boiling water-
cooled reactor benefits from an isothermal temperature profile that avoids deteriorating SEG
at higher water temperatures, while that of the conduction oil-cooled reactor from a wide
non-condensable regime. To sum up, the conduction oil-cooled reactor has the greatest
allowable scope of space velocity for a wide range of reactant/coolant inlet temperatures.
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4. Conclusions

In this work, multiscale reactor models for heterogenous EC hydrogenation to co-
produce MeOH and EG in industrial-type adiabatic, water-cooled and oil-cooled tubular
fixed-bed reactors are established and validated with bench-scale and pilot plant data.
The main and side reactions occurring during the heterogeneous EC hydrogenation over
Cu-based catalysts are described by a power-law engineering kinetics model involving
three independent reactions.

EC hydrogenation under typical operating conditions in the adiabatic reactor renders
a mild temperature rise of c.a. 12 K. However, bed temperatures above 473 K would signifi-
cantly reduce the selectivity to the primary product EG due to its secondary hydrogenation,
which is more temperature-sensitive than the main EC hydrogenation reaction. If the inlet
temperature is lower than 453 K, however, EC condensation might happen and deactivate
the catalyst, especially under low H2/EC and high operating pressures. The boiling water-
cooled reactor behaves close to isothermally regardless of the reactant inlet temperature,
with temperature gradients only existing in the first 10% of the catalyst bed, which is
beneficial for the improving the yield of EG. The conduction oil-cooled reactor shows a
minimum bed temperature near the bed entrance as the cold oil gets constantly heated
up towards the bed outlet. Such a U-shape temperature profile allows a relatively wide
scope of both the reactant inlet temperature and the oil inlet temperature with adequate
reactor performance.

Model-based operational analysis of the three different types of reactors further sug-
gests that the application of the adiabatic reactor in EC hydrogenation is restrained by a
very narrow operating window of the inlet temperature, especially under higher pressures
and space velocities, if practical EC conversion and alcohols selectivity are to be acquired
within the non-condensable regime of EC. The boiling water-cooled reactor exhibits no
restraint on the reactant inlet temperature and a relatively wide window of the coolant
temperature under different pressures and space velocities. The conduction oil-cooled
reactor has a sufficiently wide window of the reactant inlet temperature and a larger op-
erating window of the coolant temperature than the water-cooled reactor. This enables
reactor operation under higher pressures and space velocities, thus providing a greater
production flexibility. Understanding of these operational characteristics of representative
industrial-type reactors for EC hydrogenation not only reveals the key in reactor design,
but will also pave the way to further process optimization.

Supplementary Materials: The following supporting information can be downloaded at: https:
//www.mdpi.com/article/10.3390/pr10040688/s1, Figure S1: Model and experiment values de-
viation of EC hydrogenation reaction; Figure S2: EC condensation zone under the condition of
T = 410–530 K, Pop = 1–5 MPa and H2/EC = 40–200; Figure S3: Contours of PEG in different heat-
exchange-type reactors: (a) (d) (g) adiabatic, (b) (e) (h) boiling water-cooled, (c) (f) (i) oil-cooled, under
the conditions of 3 MPa, 0.3 gEC·gcat

–1·h–1, 200 H2/EC and inlet/coolant temperatures of (a) (d) (g)
inlet temperatures 443, 463, 483 K, (b)/(c) (e)/(f) (h)/(i) inlet temperature 463 K, coolant temperatures
423, 443, 463 K; Figure S4: Contours of u0 in different heat exchange type reactor: (a) adiabatic
(b) boiling water-cooled (c) oil-cooled under the conditions of 3 MPa, 0.3 gEC·gcat

–1·h–1, 200 H2/EC,
463 K inlet temperature and 463 K coolant temperature; Figure S5: The influence of SV on (a) superfi-
cial velocity and (b) bed pressure drop, in boiling water-cooled reactor under the conditions of 3 MPa,
0.3 gEC·gcat

–1·h–1 and 200 H2/EC; Figure S6: The influence of reactant/coolant inlet temperatures
on SEG under the conditions of 3 MPa, 0.3 gEC·gcat

–1·h–1 and 200 H2/EC: (a) boiling water-cooled,
(b) conduction oil-cooled reactor; Figure S7: Under the conditions of 3 MPa, 0.3 gEC·gcat

–1·h–1 and
200 H2/EC, (a) bed and coolant temperatures in the axial direction; bed temperatures in the radial di-
rection: (b) adiabatic, Tin = 443 K, (c) boiling water-cooled, Tin = 463 K and Tc = 443 K (d) conduction
oil-cooled reactors, Tin = 463 K and Tc = 423 K; Table S1: Intrinsic kinetic parameters; Table S2: Specific
heat capacity; Table S3: Thermal conductivity; Table S4: Viscosity; Table S5: Bed voidage; Table S6:
Influence of catalyst sizes and shapes on reactor performance; Table S7: Effect of key operating
variables on XEC, SEG, SMeOH. Refs. [62,64,65] are cited in supplementary materials.
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Notations

a Surface area of particles per unit volume (m−1)
cp,f Specific heat capacity of fluid (J·kg−1·K−1)
cp,oil Specific heat capacity of conduction oil (J·kg−1·K−1)
C2 Inertial loss coefficient (m−1)
CEC,center Concentration of EC in the center of catalyst (kmol·m−3)
CEC,gas Concentration of EC in the gas phase (kmol·m−3)
CEC,s Concentration of EC on the surface of catalyst (kmol·m−3)
dp Diameter of sphere (m)
da

p Diameter of sphere with equal specific surface area (m)
ds

p Diameter of sphere with equal surface area (m)
dv

p Diameter of sphere with equal volume (m)
D Bed or tube diameter (m)
De,ax Effective axis diffusion coefficient (m2·s−1)
De,r Effective radial diffusion coefficient (m2·s−1)
Deff, EC Effective diffusion coefficient of EC in the catalyst particle (m2·s−1)
DEC,m Molecular diffusivity of EC (m2·s−1)
DT,i Thermal diffusion coefficient (kg·m−1·s−1)
Ef Total fluid energy (m2·s−2)
Es Total solid energy (m2·s−2)
h0

j Enthalpy of formation of species j (J·kmol−1)
H2/EC Molar ratio of EC to H2
Ji Diffusion flux of species i vector (kg·m−2·s−1)
k Turbulence kinetic energy
ke,ax Effective axial thermal conductivity (W·m−1·K−1)
ke,r Effective radial thermal conductivity (W·m−1·K−1)
kf Thermal conductivity of fluid (W·m−1·K−1)
kg Gas-solid mass transfer coefficient (m·s−1)
ks Thermal conductivity of catalyst particle (W·m−1·K−1)
kv Pre-exponential factor
L Bed length (m)
.

mEC,in EC inlet mass flow (kg·h−1)
.

mEC,out EC outlet mass flow (kg·h−1)
.

mEG,out EG outlet mass flow (kg·h−1)
.

mMeOH,out MeOH outlet mass flow (kg·h−1)
.

moil Conduction oil mass flow (kg·h−1)
Mw Molecular weight (kg·kmol−1)
n Reaction order
Nu Nusselt number
p Static pressure (Pa)
PEC EC partial pressure (Pa)
PEG EG partial pressure (Pa)
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Pop Operating pressure (MPa)
Pe0

h Fluid Peclet number for heat transfer
Peh,ax Peclet number for axial heat conduction
Pe∞

h,r Peclet radial heat transfer for fully developed turbulence flow
Pem,ax Peclet number for axial mass dispersion
Pem,r Peclet number for radial mass dispersion
Pr Prandtl number
Qoil Heat flux to oil (W)
Qreaction Reaction heat (W)
rchem Intrinsic reaction rate (kmol·m−3·s−1)
robs Effective reaction rate (kmol·m−3·s−1)
R Ratio of tube diameter to catalyst’s volume-equivalent diameter
REC,s Effective consumption rate of EC at the particle surface (kmol·m−3·s−1)
Rj Volumetric rate of creation of species j (kmol·m−3·s−1)
Re Reynolds number based on particle diameter
SAlcohol Total alcohol selectivity
Scat Surface area of catalyst particle (m2)
SEG EG selectivity
Sh

f Energy source term (W·m−3)
Si Mass source term (kg·m−3·s−1)
SMeOH MeOH selectivity
Swall Surface area of wall (m2)
Sφ Momentum source term (kg·m−2·s−2)
Sc Schmidt number
Sh Sherwood number
SV Space velocity (gEC·gcat

−1·h−1)
t Time (s) or adjacent baffle plate space (m)
T Temperature (K)
Tb Boiling point of pressurized water (K)
Tc Coolant temperature (K)
Tin Reactant inlet temperature (K)
Toil Conduction oil temperature (K)
Ts Catalyst surface temperature (K)
Tw Wall temperature (K)
u0 Superficial velocity (m·s−1)
v Fluid flow velocity vector (m·s−1)
vcat Volume of catalyst particle (m3)
x X position along the bed axial direction (m)
XEC EC conversion
Xi Mass fraction of species i
Yi Mole fraction of species i
Greek letters
αf Gas-solid heat transfer coefficient (W·m−2·K−1)
∆rH Enthalpy of reaction (J·kmol−1)
∆P Bed pressure drop (Pa)
∆Tex Temperature difference between catalyst surface and gas phase (K)
∆Tin Temperature difference between catalyst surface and center (K)
εb Bed voidage
εcat Internal porosity of catalyst particle
ηEC Effectiveness factor for EC internal mass transfer
λeff,cat Effective thermal conductivity of catalyst particle (W·m−1·K−1)
µ Fluid viscosity (Pa·s)
ρf Fluid density (kg·m−3)
τ Stress tensor (Pa)
φgen,EC Generalized Thiele modulus of EC
ω Specific dissipation rate
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