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Abstract

:

Impurities in the CO2 stream should be removed to prevent eventual phase changes in CO2 transportation because a two-phase flow caused by the phase change in the pipeline necessitates additional overpressure and can induce equipment damage. In this study, CO2 compression and liquefaction (CCL) processes with a distillation column were used to remove non-condensable impurities and were compared with those with a flash. Three different feeds with a flow rate of 50.1 t/h (400,500 t/y) were supplied to the CCL processes and compressed to 65 bar to gauge pressure (barg) and 20 °C. Although the CO2 mixtures obtained through dehydration and flashing met the purity requirements for transportation and storage recommended in literature, the flash-separated CO2 product at 65 barg demonstrated the coexistence of gas and liquid phases, which restricted the temperature window for liquid CO2 transportation. When the distillation column was used instead of the flash, the operating temperature window at 65 barg widened by 3–6 °C owing to the high purity of CO2. However, the levelized cost of CO2 liquefaction (LCCL) increased by 2–4 $/t-CO2 varying with the feed purity because the distillation column consumed more cooling and heating duties than the flash. This study highlighted that a two-phase flow existed under certain operating conditions despite a high purity of CO2 (over 97 mol%), and the distillation column enhanced the operability of liquid CO2 transportation.
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1. Introduction


To meet the global energy demands, CO2 emissions from fossil fuels continue to increase [1]. CO2 capture and storage (CCS) is crucial for mitigating the CO2 concentration in the atmosphere for sustainable development considering the environment [2,3]. The CCS technology consists of CO2 capture (using absorption, adsorption, cryogenic purification, and membranes), CO2 compression and liquefaction (CCL), CO2 transportation (via trucks, ships, and pipelines), and sequestration in the ground, sea, and depleted reservoirs [4,5,6]. The composition of a CO2-rich mixture captured from combustion processes depends on the fuel type (e.g., coal, natural gas, oil, and biomass) and capture technologies, such as pre-, post-, and oxy-combustion [7,8,9]. The CO2 mixture contains various impurities such as H2O, H2S, CO, SO2, Ar, H2, CH4, O2, N2, and NH3 [10,11]. Water is produced by the combustion of fossil fuels. H2 and CH4 are the main impurities in steam methane reforming (SMR) for H2 production. O2 remains in the flue gas of oxy-combustion plants [12].



The purity of the CO2 mixture for pipeline transportation and storage is determined by considering the pipeline corrosion, undesirable side reactions, as well as environmental and economic factors [7,13,14]. Table 1 lists the recommended CO2 compositions [7,10]. The European project DYNAMIS (2008) proposed guidelines regarding the quality of CO2 for pipeline transportation [15], recommending a CO2 purity of greater than 95.5 vol% and a water content below 500 ppm-volume based (ppmv) [10]. NETL (2012) recommended purity limits for pipeline transportation and saline reservoir sequestration, indicating that the total amount of non-condensable components (N2, O2, Ar, CH4, CO, and H2) was less than 4 vol%, and the water content was less than 300 ppm-weight based (ppmwt) [10]. Abbas et al. (2013) reported the purification limits for the geological storage of CO2, recommending a CO2 purity of greater than 90 vol% and a water content below 500 ppmv [7]. The non-condensable gas content was limited to less than 4 vol% to avoid a two-phase flow in the pipeline transportation [7,10], increase the storage capacity, and decrease the compressor duty required for geological storage [11].



The strength of the pipelines must be increased to minimize the possibility of ductile fracture because N2, CH4, and H2 have low critical temperatures [8]. Toxic components such as CO and H2S pose safety concerns owing to exposure or leakage from the pipelines and geological sequestration [11,16]. Despite the purity limits of CO2 being satisfied, small amounts of impurities can affect the phase behavior during transportation, storage, and injection [13,16,17].



Pure CO2 is liquefied between the triple (5.2 bar, −56.5 °C) and critical points (73.8 bar, 31.1 °C) [18]. A CO2 stream with impurities has an increased critical pressure (Pc) and is liquefied at a higher pressure than pure CO2, which results in an increased power consumption [16]. Additionally, the pressure drop of an impure CO2 stream is higher than that of pure CO2 during pipeline transportation [19]. For a CO2 stream containing impurities, the pipeline pressure should be increased to prevent the phase change [16], and the liquefying temperature should be lower than that of pure CO2 owing to its low critical temperature (Tc).



Brownsort et al. (2019) reported that 99.7 vol% of CO2 is required to prevent the formation of dry ice during ship transportation [20]. Peletiri et al. (2019) analyzed the effect of impurities on CO2 fluid behavior, such as the density, viscosity, phase envelope, and critical point [8]. Goos et al. (2011) compared the phase envelopes of CO2 mixtures containing 5 and 10 mol% N2 during a CO2 compression process [21]. To remove volatile gases from an impure CO2 stream, a distillation column was used instead of a flash for the CO2 conditioning process for both pipeline and ship transport [13]. Xu et al. (2014) proposed a distillation column to produce high-purity CO2 from mixtures with CO2, N2, O2, and Ar to satisfy the specifications for CO2 transportation and storage [22].



Seo et al. (2016) compared the cost of CO2 liquefaction processes, including a liquefaction unit, storage tanks in the intermediate terminal, a CO2 carrier, and pumps, demonstrating an optimal liquefaction pressure of 15 bar (−27 °C) for ship-based CCS chains [23]. Adu et al. (2020) evaluated the CO2 avoidance cost ($72–$94/t-CO2) in CO2 capture and compression processes from 550 MW coal and natural gas-fired power plants [24]. The CO2 liquefaction cost under the purity requirements was assessed for pure and impure CO2 feeds at different pressures [25]. Gong et al. (2022) compared the total capital investment (TCI) and utility costs for open- and closed-cycle CO2 liquefaction processes at 7 and 15 bar for transportation [26]. Although these studies demonstrated scientific and technological advances in CCL, they failed to present the extent to which the CCL process with a distillation column removing impurities from the CO2-rich mixture improved the operability of pipeline and ship transportation. They also overlooked the increase in the CO2 liquefaction costs for the removal of impurities using distillation columns.



In this study, a process flow diagram (PFD) of CCL processes involving a flash or distillation column is presented, which focuses on the impurity removal from three different CO2-rich mixtures for stable CO2 transportation. The operating ranges that prevent the two-phase flow in CO2 transportation were investigated by analyzing the phase envelopes of liquefied CO2 produced from the bottom of the flash or distillation column. The levelized cost of CO2 compression and liquefaction (LCCL) was evaluated to examine the economic impact of the impurity removal from CO2-rich mixtures. This study demonstrated that a CCL process equipped with a distillation column improves the operability of CO2 transportation by removing non-condensable gases and preventing two-phase flow.




2. Process Description of CO2 Compression and Liquefaction


A CO2-rich mixture (50.068 t/h or 400,544 t/y) was supplied to a CCL process in an intermediate terminal for transportation and sequestration. The supplied CO2 mixture was assumed to be at 25 °C and 15 bar to gauge pressure (barg). Three CO2-rich mixtures satisfying the purity limits of DYNAMIS (see Table 1), except H2O, were considered as the CO2 feed: (i) CO2 captured from an SMR plant (Feed 1), (ii) CO2 captured from post-combustion with a main impurity of N2 (Feed 2), and (iii) CO2 containing H2 as an impurity (Feed 3).



Table 2 lists the temperature (T), pressure (P), mass flow rate (F), and composition (yi) of the three feeds. Feed 1 contained 99.13 mol% CO2, 0.7 mol% non-condensable gas (0.61 mol% H2, 0.09 mol% CH4), 200 ppm CO, and 1500 ppm H2O, which was provided by a Korean company. The compositions of Feeds 2 and 3 were 97 mol% CO2, 1500 ppm H2O, and 2.85 mol% N2 or H2, respectively, which were used to investigate the possibility of the two-phase flow in CO2 transportation at various operating conditions.



ASPEN Plus V14 (ASPEN Tech., Bedford, MA, USA, 2022) was used to conceptually design the CCL process. The Peng–Robinson (PR) equation of state (EOS), which is a cubic equation of state with binary interaction parameters accounting for the non-ideality of the fluid mixture, was selected to predict the thermodynamic properties of the fluids [27,28]. The PR EOS is frequently used for the phase equilibria of CO2 mixtures [29,30].



Figure 1 presents the phase envelopes obtained from the PR EOS, as well as the Pc and Tc values of pure CO2 [29] and a CO2 mixture with 14 mol% N2 [31]. The PR EOS was calculated using the density marching method [32], which is appropriate for calculating the phase envelope around the critical point (Tc, Pc), which was located at the edge of the phase envelope on the P and T plane (PT phase envelope). The left line of the critical point indicates the bubble points and the right line indicates the dew points. Two phases appeared between the bubble and dew points within certain ranges of P and T, as illustrated in Figure 1. The gas and liquid phases did not coexist for pure CO2 (thick black solid line) below the critical point, whereas the two phases appeared for the CO2 mixture with 14 mol% N2 (thin blue solid line).



The experimentally measured critical points are indicated by the circles. The mean error of Pc between the PR EOS and experimental values was 0.55%, whereas that of Tc was 6.40%. The critical points obtained from the PR EOS sufficiently agreed with the experimental data. The Tc value was lower and the Pc value was higher for the CO2 mixtures containing N2, when compared to those of pure CO2. Li et al. (2015) used the PR EOS to explain the effect of the impurities in CO2 mixtures on the phase change [10]. Babar et al. (2018) reported that the deviation between the PR EOS and experimental data in a CO2-CH4 binary system was ±3% for the three-phase locus [33]. Peletiri et al. (2017) selected the PR EOS to identify the pressure drop and phase change in pipeline transportation of CO2 flows containing impurities [34].



The CCL process includes a temperature swing adsorption (TSA) unit for H2O removal, a two-stage compressor and cooler, cooling water and chiller systems, an R134a refrigerant cycle system, and a flash or distillation column for non-condensable gas removal, as shown in Figure 2 and Figure 3. The CO2 feed first entered a TSA unit for dehydration to 49 ppmv H2O, which is the recommendation for CO2 transportation and storage based on the guideline [35]. The pressure drop in the TSA unit was 2 bar and the dewatered CO2 stream exited at 13 barg and 25 °C. The CO2 stream was compressed to 25.5 and 66.2 barg using the first and second compressors, respectively. The efficiencies of the compressors were set to 72%. The temperature that was elevated by compression was lowered to 40 °C by using the cooling water system, where the pressure drop in the coolers was 0.5 bar. The cooling tower was operated at 32–37 °C, where the heat loss was 5%.



The CO2 stream at 65.7 barg and 40 °C was cooled once again to 20 °C using a chiller. The chilled water system, which was capable in lowering the temperature of a fluid to 20 °C, was operated at 6–12 °C. The pressure drop in the chilled water cooler was 0.7 bar. For the production of chilled water at 6 °C in the chilled water system, a refrigeration cycle with an R134a refrigerant was used, which was operated at −2.9–35 °C and 1.6–7.9 barg [36]. The leakage fraction of the valves in the refrigeration cycle and chilled water system was set to 0.0001.



Liquefied CO2 was produced at the bottom of the flash or distillation column. The flash was operated at 65 barg and 20 °C. The eight-stage distillation column was used, where the feed was supplied to the third stage and the reflux ratio was 7.04 for Feeds 1 and 2, and 9.97 for Feed 3. The operating pressure of the distillation column ranged from 65 to 65.1 barg. A chiller was used to lower the condenser temperature of the distillation column; chiller from the chilled water system at 17.9 °C for Feed 1, and chiller from the refrigeration cycle at 2.7 and 3.3 °C for Feeds 2 and 3, respectively. Low-pressure steam was supplied to the reboiler of the distillation column. A chiller was used to adjust the temperature of the liquefied CO2 product to 20 °C at the bottom of the distillation column. The CO2 recovery of the distillation column was set to 93%, which was commonly used in other studies [13,22]. The liquefied CO2 was produced at 65 barg and 20 °C from both the flash and distillation column.




3. Methodology of Techno-Economic Analysis (TEA)


A techno-economic analysis (TEA) method [37,38] was employed to evaluate the economic feasibility of the CCL processes. An Aspen Process Economic Analyzer V14 (ASPEN Tech., Bedford, MA, USA, 2022) was used to calculate the total direct and indirect costs (TDIC) of each equipment, which included 4% for instrumentation and control, 9% for piping, and 4% for electrical systems of the total equipment cost [38]. The fixed capital investment (FCI) was obtained by adding the TDIC and project contingency (PC), which was set to 10% of the TDIC. The working capital (WC) was assumed to be 5% of the FCI, and the total capital investment (TCI) was the sum of the FCI and WC.



The total production cost (TPC) was calculated as the sum of the raw materials, utilities, and fixed costs. The raw material cost of CO2 was ignored, which was directly supplied by the CO2 capturing unit. The utility costs included those used for the cooling water, chiller, R134a refrigerant, LNG for steam, and electricity for compressors and pumps. The fixed cost consisted of the operating labor cost, maintenance cost (2% of FCI), operating charges (25% of labor cost), plant overhead (70% of labor cost), and general and administrative costs (8% of labor cost) [38,39,40].



Several economic assumptions were applied for the calculation of TPC: (i) the plant operates 8000 h per year, (ii) the plant life (Lp) and depreciation period is 30 years [40], (iii) the debt-to-equity ratio is 70% of the TCI [4], (iv) the inflation rate (α), corporation tax rate (β), and interest rate (γ) are 2%/y, 20%, and 6%/y, respectively [38]; (v) the supervisors and workers receive wages of $400,000 and $640,000 per year, respectively, (vi) a total of 16 workers and 5 supervisors work with three shifts a day [41], (vii) the operating cost of TSA is $0.371 per ton of the inlet stream [42], (viii) the electricity and LNG prices are 98 $/MWhe and 26.8 $/MWhth, respectively [38], (ix) the prices of cooling and chilled water are 0.273 $/m3 and 1.0 $/m3, respectively [4], and (x) the R134a refrigerant cost is 8.1 $/kg, which was converted from 6.7 €/kg in 2017 [43] using the inflation rate (2%/y) and a USD/EUR exchange rate of 1.1. All prices and costs were based on 2022.



The levelized cost of CO2 liquefaction (LCCL) was calculated using the total present values of the capital expenditure cost (Ccap), debt cost (Cdebt), and TPC for the plant life (N), which were divided by the total present value of the CO2 production rate (Fout) without impurities:


  LCCL   ( $ / t −  CO 2  ) =     ∑  n = 1     L   p          C   c a p , n   +     C   d e b t , n   + T P C   n         1 + γ     n           ∑  n = 1     L   p          F   o u t         1 + α     n          



(1)







Ccap was given as an annually-equal value of 30% FCI (equity) divided by Lp. Cdebt was calculated as the fully amortized principal and interest during the life of the plant (Lp). The annual TPC (TPCn) increased according to the inflation rate (α).




4. Results and Discussion


The CO2-product at 65 barg and 20 °C satisfied the purity requirements for transportation and sequestration shown in Table 1. The phase envelopes of the CO2 products obtained from the three feeds were compared, which demonstrated the range of two-phase flow in the P and T plane. The LCCL was calculated for the CCL processes equipped with a flash or distillation column.



4.1. Process Performance of CCL with Flash or Distillation Column


The product flow rate and purity, CO2 recovery, as well as the electricity and steam consumptions of the three feeds at a flow rate of 50.068 t/h (or 400, 544 t/y) are listed in Table 3. The product flow rates of the CCL processes with the flash were obtained from a phase equilibrium of a flash at 65 barg and 20 °C, whereas those of the CCL processes with the eight-stage distillation column were obtained from an operating condition achieving a 93% CO2 recovery. For Feed 1, with a high CO2 purity of 99.13 vol%, the purity of the product was slightly improved with a 100% recovery using a flash. The product flow rates from the CCL processes with a flash were relatively low for Feeds 2 and 3 owing to their high impurity content of N2 and H2, respectively. Liquefied products of 42.9 t/h (97.8 mol% CO2 and 2.2 mol% N2) and 33.1 t/hr (98.9 mol% CO2 and 1.1 mol% H2) were produced at the bottom of the flash for Feeds 2 and 3, resulting in low CO2 recoveries.



When the distillation column maintaining a recovery of 93% was used for the removal of impurities, high CO2 purities of 99.95, 99.81, and 99.99 mol% were achieved for Feeds 1, 2, and 3, respectively, implying that the CCL process with a distillation column can produce CO2 with a high purity for various feeds with different qualities, unlike a flash.



Feeds 1, 2, and 3 were compressed to 66.2 barg, consuming 1747, 1830, and 1867 kWe, respectively. When a flash was used, the CO2 streams after the two-stage compressor entered a cooler to reduce the temperature from 40 to 20 °C, and the heat duties of this cooler were 2.43, 2.06, and 1.78 MWth for Feeds 1–3, respectively, in which the cooling utility system consumed 707, 648, and 564 kWe of electricity, respectively. When the distillation column was used for Feed 1, chilled water (1539 = 3964 − 2425 kW) was used to cool the top product in the condenser to 17.9 °C and the CO2 product of the bottom to 20 °C, where 432 kWe (=1139 − 707 kWe) of electricity was additionally consumed. The R134a refrigerant was used to cool the top product to 2.7 °C in the condenser and a chiller was used to cool the liquefied CO2 at the bottom for Feed 2 containing N2, where an electricity of 556 kWe (=1204 − 648 kWe) was required to supply a cooling duty of 2.1 MW (=4.1 − 2.1 MW). Feed 3 containing H2 required 3.1 MW (=4.9 − 1.8 MW) to decease the temperature of the top product to 3.3 °C in the distillation column and the CO2 product at the bottom to 20 °C using the refrigeration cycle and chilled water system, respectively.



Steam was used to evaporate the bottom product in the reboilers of the distillation column. The reboiler temperatures were 26.2, 25.8, and 26.3 °C, where the heat duties were 1.70, 1.87, and 2.61 MWth for Feeds 1–3, respectively. The electricity and heat duty of Feed 3 in the cooling system and reboiler, respectively, were the highest, achieving 93% recovery.




4.2. Phase Envelope for CCL with a Flash or Distillation Column


The phase envelopes on the P and T plane were compared for the pure CO2, feed without water, and liquefied CO2 products separated from the flash and distillation columns for Feeds 1–3, as shown in Figure 4, Figure 5 and Figure 6, respectively. The critical point of pure CO2 was 31.1 °C and 72.8 barg, which is represented by a single line (thick black solid line) on the phase envelope, as shown in Figure 4. The left side of the single line represents the liquid phase, and the right side represents the gas phase. The phase envelope (thick green solid line) of the liquefied CO2 product from the distillation column is also a single line because its purity (99.95%) is high. However, the dehydrated Feed 1 (thin blue solid line) and liquefied CO2 product from the flash (thin red dashed line) indicate two phases at P = 65 barg, despite the purity (99.28%) being slightly lower than that of the CO2 product from the distillation column.



At 65.0 barg, the pure CO2 and CO2 product from the distillation column were in the liquid phase below 26.1 °C (inset of Figure 4). The CO2 product from the flash had a composition of 99.28 mol% CO2, 0.02 mol% CO, 0.61 mol% H2, and 0.09 mol% CH4, demonstrating a two-phase range from 22.8 to 25.3 °C at 65 barg. Assuming that the liquefied CO2 at 20 °C and 65 barg is transported via a pipeline or ship, the transportation temperature should be below 22.8 and 26.1 °C for the CO2 products from the flash and distillation columns, respectively. For Feed 1, the operating window of the CO2 product from the distillation column was approximately 3 °C wider during transportation than that of the CO2 from the flash.



The phase envelopes of the CO2-rich mixtures from the flash (thin red dashed line) and distillation column (thick green solid line) for Feed 2, which contained 2.9 mol% N2, are shown in Figure 5. The feed without water (thin blue solid line) at 65 barg has two phases ranging from 17.8 to 23.4 °C, whereas the gas and liquid phases coexist between 19.9 and 24.0 °C for the CO2 product from the flash (purity = 97.79%), as shown in the inset of Figure 5. The CO2 product at 65 barg should be transported below 19.9 °C to avoid the gas phase. Because the CO2 product from the distillation column (purity = 99.81%) does not exhibit the two-phase region, its temperature window for the liquid transportation is approximately 6 °C wider compared to that of the CO2 product from the flash.



The gas phase was inevitable for Feed 3 containing 2.9 mol% H2 (thin blue solid line) at 65 barg. Therefore, the purification of Feed 3 is necessary for liquid transportation at 65 barg. The gas and liquid phases coexist from 19.9 to 24.9 °C for the CO2 product from the flash (inset of Figure 6). As the CO2 product from the distillation column had a purity of 99.99 mol%, the two-phase region did not appear at 65 barg. Using a distillation column in the CCL process enables the flexible operation of CO2 transportation, widening the temperature window in which two-phase flow does not occur.




4.3. Economic Evaluation of CCL with a Flash or Distillation Column


The removal of impurities by the distillation column enhances the operability of CO2 transportation in the liquid, but increases the capital and production costs in the CCL process. Table 4 presents the TCI, TPC, and LCCL values of the CCL processes for Feeds 1–3.



The TCI for the flash separation with Feed 1 was the highest at 17.6 M$ because the amount of heat required to reduce the temperature to 20 °C was higher than those of Feeds 2 and 3, increasing the equipment cost of the cooling systems. Although the CO2 compressors consumed less electricity, the utility consumption was the highest, which resulted in the highest TPC (6.0 M$/yr) for Feed 1.



The TCI and TPC of the CCL processes with the distillation column were higher than those with the flash because the eight-stage distillation column consumed additional steam and refrigerant (or chiller). When the CCL processes with the distillation column were used, the LCCLs increased compared to those with the flash, except for Feed 3, where the LCCL of the CCL process with the flash was higher than that with the distillation column owing to the low recovery (see Eq. (1)). The LCCL of the CCL process with the flash for Feed 1 was the lowest at $13.2/t-CO2 owing to the high purity of Feed 1 (99.1%) and high recovery (100%). As the purity of the feed decreased, the LCCL increased, as demonstrated by Feeds 2 and 3.





5. Conclusions


Captured CO2 containing non-condensable impurities such as N2 and H2 can exhibit a two-phase region under certain operating conditions of transportation, injection, and sequestration. In this study, a CO2 compression and liquefaction (CCL) process with a distillation column was proposed to remove the impurities and avoid an eventual two-phase flow during transportation and storage. The CCL process included a temperature swing adsorption (TSA) for water removal, a two-stage compressor with a cooler, utility systems with a cooling water system, chilled water system, refrigeration cycles, and flash or distillation. The flash was operated at 65 barg and 20 °C, whereas the eight-stage distillation column was operated at a fixed CO2 recovery of 93%. The Peng–Robinson equation of state (PR EOS) was used to calculate the phase equilibrium, which was in sufficient agreement with the experimental critical points. The phase envelopes of the CO2 mixtures in the temperature (T) and pressure (P) plane were obtained using the PR EOS to identify the existence of a two-phase flow. Feed 1 (99.1 mol% CO2, 1500 ppm H2O, and 0.7 mol% non-condensable gases), Feed 2 (97.0 mol% CO2, 1500 ppm H2O, and 2.85 mol% N2), and Feed 3 (97.0 mol% CO2, 1500 ppm H2O, and 2.85 mol% H2) were supplied and liquefied at 65 barg and 20 °C.



The CO2 mixtures obtained through the TSA and flash met the purity requirements for transportation and storage, based on the recommendations reported in the literature. However, when a flash at 65 barg and 20 °C was used, the CO2 recoveries of Feeds 2 and 3 were low owing to non-condensable impurities (N2 and H2). In addition, the flash-separated CO2 product at 65 barg demonstrated the co-existence of the gas and liquid phases, restricting the temperature window of liquid CO2 transportation. Pure CO2 at 65 barg maintained the liquid phase below 26 °C, whereas the CO2 products from the flash should be transported below 23 °C for Feed 1 and below 20 °C for Feeds 2 and 3 to avoid a two-phase flow. The CO2 products from the distillation column exhibited a behavior similar to that of pure CO2 owing to their high purity. The CCL processes with a distillation column consumed more cooling and heating duties than those with the flash.



The total capital investment (TCI, 17–20 M$) and total production cost (TPC, 7–8 M$/y) of the CCL process with the distillation column were higher for Feeds 1–3, compared to the TCI (15–17 M$) and TPC (5–6 M$/y) with the flash. The levelized cost of CO2 liquefaction (LCCL) of the CCL process with the distillation column (17–18 $/t-CO2) was higher than that with the flash (13–19 $/t-CO2), except for Feed 3, where the recovery was low. Using the distillation column widened the operating temperature window of liquid transportation but increased the LCCL. The CCL process was limited to the CO2 products at 65 barg. Two-phase flow under various operating conditions during transportation and storage must be investigated. A more rigorous validation of the EOS is also required for the accurate prediction of the phase equilibrium. This study demonstrated that a two-phase flow existed under certain operating conditions, despite the CO2 purity being high (over 97 mol%), and the distillation column enhanced the operability of liquid CO2 transportation. The scientific findings will provide a valuable guideline for process design in the field of CCL for CCS.
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Figure 1. Phase envelopes obtained from the PR EOS. Critical pressure (Pc) and temperature (Tc) of pure CO2 (thick black solid line), CO2 mixtures with 14 mol% N2 (thin blue solid line), and experimental points (circles) are shown. 
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Figure 2. Process flow diagram (PFD) of a CO2 compression and liquefaction (CCL) process with a flash. 
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Figure 3. Process flow diagram (PFD) of a CO2 compression and liquefaction (CCL) process with a distillation column. 
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Figure 4. Phase envelopes of pure CO2, feed without water, and liquefied CO2 products from the flash and distillation column for Feed 1. 
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Figure 5. Phase envelopes of the pure CO2, feed without water, and liquefied CO2 products from the flash and distillation column for Feed 2. 
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Figure 6. Phase envelopes of the pure CO2, feed without water, and liquefied CO2 products from the flash and distillation column for Feed 3. 
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Table 1. Recommended purity of CO2 mixtures for pipeline transportation and geological storage [7,10].
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Component

	
Purity Limits for Pipeline

	
Purity Limits for Geological Storage




	
DYNAMIS

	
NETL






	
CO2

	
>95.5 vol%

	
95 vol%

	
>90 vol%




	
H2O

	
500 ppmv

	
300 ppmwt

	
<500 ppmv




	
H2S

	
200 ppmv

	
0.01 vol%

	
<1.5%




	
CO

	
2000 ppmv

	
35 ppmv

	
<4 vol% (all non-condensable gasses)




	
CH4

	
Aquifer < 4 vol%

	
4 vol%




	
N2

	
<4 vol%

(all non-condensable gasses)

	
4 vol%




	
Ar

	
4 vol%




	
H2

	
4 vol%




	
O2

	
-

	
4 vol%




	
NOx

	
-

	
100 ppmv

	
<200 ppmv




	
SOx

	
-

	
100 ppmv

	
<200 ppmv




	
NH3

	
-

	
50 ppmv

	











 





Table 2. Inlet conditions of three CO2-rich feeds.
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Feed 1

	
Feed 2

	
Feed 3






	
Temperature (T, °C)

	
25

	
25

	
25




	
Pressure (P, barg)

	
15

	
15

	
15




	
Mass flow rate (F, kg/hr)

	
50,068

	
50,068

	
50,068




	
Mole fraction (yi)




	
CO2

	
0.9913

	
0.9700

	
0.9700




	
CO

	
0.0002

	
0.0000

	
0.0000




	
H2

	
0.0061

	
0.0000

	
0.0285




	
CH4

	
0.0009

	
0.0000

	
0.0000




	
H2O

	
0.0015

	
0.0015

	
0.0015




	
N2

	
0.0000

	
0.0285

	
0.0000




	
Total

	
1.0000

	
1.0000

	
1.0000











 





Table 3. Process performances for CO2 compression and liquefaction (CCL) with a flash or distillation column from three different CO2-rich mixtures.
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Process Performance

	
Feed 1

	
Feed 2

	
Feed 3




	
Flash

	
Distil.

	
Flash

	
Distil.

	
Flash

	
Distil.






	
Feed

	
Flow rate (kg/h)

CO2 purity (mol%)

	
50,068

99.13

	
50,068

99.13

	
50,068

97.00

	
50,068

97.00

	
50,068

97.00

	
50,068

97.00




	
Product

	
Flow rate (kg/h)

CO2 purity (mol%)

	
50,038

99.28

	
46,508

99.95

	
42,892

97.79

	
45,735

99.81

	
33,084

98.94

	
46,472

99.99




	
CO2 recovery (%)

	
100.0

	
93.0

	
86.1

	
93.0

	
66.2

	
93.0




	
Electricity consumption (kWe)

	
CO2 compression

	
1747

	
1747

	
1830

	
1830

	
1867

	
1867




	
Cooling utilities

	
707

	
1139

	
648

	
1204

	
564

	
1396




	
Cooling duty after compressor (kW)

	
2425

	
3964

	
2060

	
4125

	
1775

	
4886




	
Steam consumption in reboiler (kWth)

	
-

	
1699

	
-

	
1871

	
-

	
2608











 





Table 4. Economic values of the CO2 compression and liquefaction (CCL) processes with a flash or distillation column.
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Economic Values

	
Feed 1

	
Feed 2

	
Feed 3




	
Flash

	
Distil.

	
Flash

	
Distil.

	
Flash

	
Distil.






	
Total capital investment

(TCI, M$)

	
17.55

	
20.56

	
16.00

	
17.60

	
15.57

	
19.44




	
Total production cost

(TPC, M$/y)

	
5.96

	
7.17

	
5.80

	
7.10

	
5.68

	
7.69




	
Levelized cost of CO2 liquefaction (LCCL, $/t-CO2)

	
13.24

	
17.07

	
14.90

	
16.90

	
18.90

	
18.07
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