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Abstract

:

H2 production via membrane-assisted steam methane reforming (MA-SMR) can ensure higher energy efficiency and lower emissions compared to conventional reforming processes (SMR). Ceramic-supported Pd–Ag membranes have been extensively investigated for membrane-assisted steam methane reforming applications, with outstanding performance. However, costs, sealings for integration in the reactor structure, and resistance to solicitations remain challenging issues. In this work, the surface quality of a low-cost, porous Hastelloy-X filter is improved by asymmetric filling with α-Al2O3 of decreasing size and deposition of γ-Al2O3 as an interdiffusion barrier. On the modified support, a thin Pd–Ag layer was deposited via electroless plating (ELP), resulting in a membrane with H2/N2 selectivity >10,000. The permeation characteristics of the membrane were studied, followed by testing for membrane-assisted methane steam reforming. The results showed the ability of the membrane reactor to overcome thermodynamic conversion of the conventional process for all explored operating conditions, as well as ensuring 99.3% H2 purity in the permeate stream at 500 °C and 4 bar.
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1. Introduction


Methane steam reforming (SMR) is a fundamental chemical process widely employed to produce hydrogen (H2) and synthesis gas (syngas), which are essential feedstocks in various industrial applications, including ammonia production, petrochemical processes, and clean energy technologies such as fuel cells [1]. The SMR process is endothermic, requiring high temperatures and substantial energy input, often achieved through the combustion of fossil fuels, which results in significant greenhouse gas emissions.



Hydrogen production via SMR is summarized by Equation (1), and it involves two main contributions. Methane reacts with steam to form H2 and CO (Equation (2)), which is also converted into CO2 and more H2 with a water–gas-shift reaction (Equation (3)). Currently, SMR is a consolidated process performed in a reformer reactor at high temperatures (800–900 °C) and 14–20 bar, followed by two water–gas-shift reactors and hydrogen separation and purification steps (i.e., PSA, cryogenic separation) [2,3].


  C   H   4   + 2   H   2   O = C   O   2   + 4   H   2   ,   ∆   H   0   = 165   k J / m o l  



(1)






  C   H   4   +   H   2   O = C O + 3   H   2   ,   ∆   H   0   = 206   k J / m o l  



(2)






  C O +   H   2   O = C   O   2   +   H   2   ,   ∆   H   0   = − 41   k J / m o l  



(3)







To address the environmental and energy efficiency challenges associated with conventional SMR, membrane reactors have emerged as a promising approach. In the context of SMR, membrane reactors hold the potential to mitigate the environmental impact of hydrogen and syngas production while enabling efficient resource utilization [4,5,6]. Membrane reactors combine catalysis and selective permeation within a single unit, allowing for simultaneous reaction and hydrogen separation by a selective membrane. In this way, the shift reactors, PSA, or cryogenic distillation units are avoided, enhancing conversion rates, reducing energy consumption, and potentially achieving high-purity product streams. For these reasons, membrane-assisted steam methane reforming (MA-SMR) was widely investigated in the literature both in fixed-bed and fluidized-bed conditions [6,7,8,9,10,11,12].



The potential of the technology favored the investigation of possible membrane candidates, such as ceramic-based membranes (i.e., silica [13,14], silica supported on γ-Al2O3 [15]) and dense metal membranes, both self-standing and supported. Among them, Pd-based membranes are the most suitable candidates for a membrane reactor for steam reforming due to their extensively discussed perm-selectivity to hydrogen [16,17]. Ceramic-supported Pd-based membranes are the most widely investigated for this type of application, yielding outstanding hydrogen purity, especially if equipped with additional ceramic protective layers [18,19,20]. However, the drawbacks related to reactor integration and gas tightness of their sealings remain challenges to overcome, making the investigation of metallic-supported membranes an interest for this application [21,22]. Porous metal filters that are able to withstand long high-temperature exposures and with controlled surface characteristics (which can mimic their deposition-ready ceramic counterparts) are scarce on the market at competitive prices for industrial scale-ups. For this reason, it is necessary to acquire cheaper options, which result in less surface quality and, thus, in membranes with larger defects. It is, therefore, imperative to develop suitable pre-treatments to bring these unrefined, large media-grade filters to sufficient surface quality for Pd–Ag deposition [23,24,25,26,27,28,29,30,31,32,33,34].



Given the aforementioned considerations, we propose a feasibility study of the integration of a newly developed Pd–Ag membrane supported on a cheap Hastelloy-X filter in an SMR reactor.



In this work, we propose the conditioning of a Hastelloy-X filter with a 0.5 µm media grade and 4.32 µm surface roughness to support a 6–8 µm thick Pd–Ag membrane without defects. The filter was treated via polishing, chemical etching, and asymmetrically filled with α-Al2O3 of decreasing size, reproducing the procedure followed in our previous work on ammonia decomposition applications [35]. The fabrication procedure focused on the reproduction of the pore size distribution of the asymmetrically filled support of our previously tested membrane. Specifically, reproduction by the target method (with the target being the pore size distribution) is characterized via capillary flow porometry (CFP) and surface morphology evolution analysis (via laser-optical confocal microscopy), filling the new support until the desired pore size distribution target is reached. The support was equipped with a γ-Al2O3 interdiffusion barrier to prevent Pd-support interdiffusion (chosen amongst several ceramic barriers developed in previous literature [17,36,37,38,39,40,41,42,43,44,45,46,47,48,49,50,51]), and the membrane was completed with the Pd–Ag layer via ELP. Subsequently, the permeation properties of the membrane were studied in ideal permeation conditions (H2 and N2) and CO/H2-mixture permeation conditions. Finally, the methane steam reforming reaction was performed in a fixed-bed membrane reactor at different temperatures and pressures, providing insightful information on the behavior of these newly developed membranes during short-term operation.




2. Materials and Methods


2.1. Support and Membrane Preparation


A commercial unrefined porous Hastelloy-X filter with an outer diameter of 1.2 cm, average surface roughness (Ra) of 4.32 µm, and 0.5 µm nominal media grade (MG) was acquired from Hebei Golden Flame Wire Mesh Co., Hengshui, China. The filter was cut into three pieces of 10 cm length each and welded to dense stainless steel (AISI316L) tubes to achieve a dead-end configuration. The rough filters were then polished in an industrial surface finishing machine (ERBA EVT-170, Erba Makina, Istanbul, Turkey) via a wet-polishing mechanism for 6 h to reduce the roughness profile peaks. The polished filters were then chemically etched in Aqua Regia via vertical immersion for 30 s to recover the superficial porosity that was lost during polishing. After the mordant attack, the filters were thoroughly rinsed with deionized water to remove all residuals and avoid the continuation of the etching process. Oxidation in a static air atmosphere was then performed in a furnace for 1 h at 750 °C, with a heating/cooling rate of 2 °C/min.



The filters’ superficial pore sizes were reduced via asymmetrical filler coating, developed in our previous work [24]. The fillers were embedded in the filter’s superficial pores via vacuum-assisted dip-coating for 60 s per immersion cycle. Between each cycle, the filter surface was gently rinsed with distilled water. The selected fillers were spherical particles of α-Al2O3 from Sumitomo of 18, 5, and 1.5 μm diameter. The particles (10 wt.%) were dispersed in water with a magnetic stirrer, while 67% HNO3 (Sigma-Aldrich, St. Louis, MO, USA) was added dropwise to protonate the particles‘ surfaces and improve the stability of the suspension.



In order to reproduce the highly selective membrane M1, which was tested for ammonia decomposition in our previous work [35], the superficial pore diameter distribution peak (~100 nm) of the M1′s filled support was set as the target. M2 was then reproduced by filling the support up until the target was reached. To achieve overlapping distributions, 30 coating cycles were performed with alumina 18 µm (AA-18, Sumitomo, Tokyo, Japan), 20 coating cycles with alumina 5 µm (AA-5, Sumitomo), and 10 with alumina 1.5 µm (AA-1, Sumitomo). For comparison purposes, S2 was filled using the same procedure (Table 1).



A mesoporous ceramic barrier was deposited onto M2 via dip-coating and sintering to prevent the strong interaction between the Pd and the metallic support [36,37,38,39,40,41,42,43] and to complete the improvement in the support’s surface roughness. For comparison purposes, this layer was deposited on a support (S3) without alumina fillings (Table 1). The treated supports were dipped in a solution containing 0.9 wt.% boehmite loading, 3.5 wt.% polyvinyl alcohol (PVA) (MW 130000, Sigma Aldrich), and 1 wt.% polyethylene glycol (PEG) (MW 400, Sigma Aldrich). The deposited layer was dried under rotation in a climate chamber at 40 °C and 60% relative humidity for 1 h and sintered for 1 h at 550 °C in a static air furnace, with a heating/cooling rate of 2 °C/min.



Onto M2 and S3 (both equipped with γ-Al2O3) Pd–Ag films were deposited via simultaneous electroless plating (SELP), developed by Llosa-Tanco and Pacheco-Tanaka [52] and used in our previous works [24,35]. For each membrane, two ELP processes were carried out, reaching a total Pd–Ag thickness of 6–8 µm. The membranes were annealed at 550 °C for 4 h under H2/Ar atmosphere. To avoid embrittlement, Solely Ar was employed under 300 °C. The complete M2 membrane is shown in Figure 1; both ends are welded to dense stainless steel tubes, one closed cap, and one open-end tube to allow the passage of H2. M2 was employed for the SMR studies.




2.2. Characterization


The membrane preparation procedure was characterized by the following techniques:




	
The surface roughness of the untreated and pre-treated filters was measured via contact profilometry (MarSurf PS 10, Mahr Gmbh, Esslingen, Germany). The media grade and elemental composition were provided by the supplier.



	
The N2 permeance of untreated and pre-treated filters was measured in a gas permeation setup, which is described in our previous work [23].



	
The presence of α-Al2O3 filler particles embedded in the treated filter was studied via scanning electron microscopy (SEM, Phenom Pro, ThermoFisher, Waltham, MA, USA) of a twin-filled filter’s cross-section (S2). To preserve the metallographic structure of the porous metal, the samples were prepared via scoring and breakage of the tube and observed as is.



	
The pore size distribution evolution of M2’s support during the reproduction procedure was measured via capillary flow porometry (CFP) [53] in a specifically designed setup described in our previous work [24] (See Supplementary Materials).



	
The superficial morphology of M2’s support filter was observed via optical-laser confocal microscopy (VKX-3000, Keyence, Osaka, Japan), both before and after interdiffusion layer deposition.



	
The thickness of the Pd–Ag layer was measured on S3 via SEM imaging with the SEM, Fei-Quanta- FEG250- 3D (FEI Company, Hillsboro, Oregon, USA).









2.3. Experimental Setup for Permeation and Methane Steam Reforming


Methane steam reforming tests were performed in a stainless steel tubular membrane reactor (Internal diameter = 4.5 cm, length = 28 cm) with the Pd–Ag membrane M2 immersed in a packed bed of catalyst (300 g, commercial 2 wt.% Rh/Al2O3, 1 mm spheres, Jonson Matthey, London, United Kingdom). The reactor temperature was controlled by an external oven via three thermocouples placed at different reactor heights. The reaction temperature was monitored via three thermocouples inside the reactor. The reactor was equipped with a porous stainless steel gas distributor to ensure uniform reactant gas feeding. The feedstock gases (CH4 and N2) were fed via mass flow controllers (Bronkhorst, Ruurlo, The Netherlands), while steam was fed through a controlled evaporation system (Bronkhorst). Note that N2 is fed solely to verify the correctness of the experimental mass balance.



The reaction products were rid of steam via downstream water coolers both at the retentate and permeate side, and the gases were sent to a microGC (Interscience, CompactGC 4.0, 3 channels, Saint Nom, France) for analysis. Moreover, the permeate and retentate streams flowed through a bubble flowmeter (Horiba Stec VP3/VP1, Yongin City, Republic of Korea) to fully characterize the outlet flow rates. The permeate stream tube was closed to perform standard SMR experiments, opened to have the permeate stream at atmospheric pressure, or connected to a vacuum pump for H2 to increase the permeating flow if necessary. The reaction pressure was controlled via a backpressure regulator (Bronkhorst) at the retentate side. A schematic representation of the setup is given in Figure 2.




2.4. Experimental Methods


Before the integration in the reactor, membrane M2 was sealed with graphite tape, pressed into a 1.3 cm stainless steel ring, and tested by introducing helium at 1 bar by the bore of the membrane and bubbling in ethanol to detect any possible leakages. As no leakages were observed, the membrane was connected to the reactor flange via Swagelok fittings. The reactor was heated to 500 °C under a N2 flow with a 2 °C/min heating ramp. The membrane was then activated in a H2 flow of 1 L/min until stable permeation. Subsequently, single-gas (H2 and N2) and binary-mixture (CO/H2) gas permeation tests were performed.



The reactor was cooled down at a 1 °C/min rate, and the M2 was subsequently submerged in the catalyst bed. Heating and activation were performed once again, reaching 400 °C. The procedure then followed with permeation tests in reactive conditions. During SMR operation, a vacuum was applied to the permeate side to maximize H2 permeance. The explored operating conditions are summarized in Table 2.



The single-gas permeation tests were performed at three different temperatures (400, 450, 500 °C) and pressures (1, 2, 3 barg) to retrieve the characteristic membrane activation energy (Ea). Moreover, pure H2 permeance and ideal H2/N2 selectivity were fully characterized.



Following the ideal conditions, CO/H2-mixture tests were performed to assess the effect of CO on the H2 permeance of the membrane. Specifically, the explored concentrations of CO ranged between 5 and 15% since a highly selective membrane would not allow >15% of CO to permeate through. For each explored concentration, the hydrogen permeation flux was evaluated at 400, 450, and 500 °C and 2, 3, and 4 bar at the retentate side.



Methane steam reforming tests were performed at 400, 450, and 500 °C to study realistic membrane operation temperatures. For each temperature, a conventional methane steam reforming reaction was carried out at the reference pressure of 4 bar retentate side by closing the permeate stream. Once the reference case was assessed, the permeate stream was restored, and the MA-SMR was performed in the specified pressure range (Table 2). For all cases, the reaction performance was monitored until steady operation. The composition and flow rates of both permeate and retentate streams were measured 5 times, as well as both outlet flow rates. The CH4 conversion was calculated as the consumed methane over the total methane inlet (Equation (4)); the H2 recovery factor (HRF) was calculated as the permeated hydrogen over the maximum amount of hydrogen producible at full conversion (Equation (5)), the hydrogen separation factor (SF) was calculated as the permeating hydrogen over the total hydrogen produced by the current reaction (Equation (6)), and the hydrogen purity (HP) was calculated as the percentage of H2 detected in the permeate stream.


    X   C   H   4     =   C   H   4 , i n   − C   H   4 , o u t     C   H   4 , i n      



(4)






    H   2 , r e c o v e r y   =     H   2 , p e r m     3 · C   H   4 , i n      



(5)






    H   2 , s e p a r a t i o n   =     H   2 , p e r m       H   2 , p r o d      



(6)









3. Results and Discussion


3.1. Support and Membrane Preparation


To obtain defect-free supported Pd–Ag membranes, the surface of the support should be smooth. However, the surface of the acquired porous Hastelloy filters presented a large average surface roughness (Ra). Therefore, before the tailored support filling procedure, the Hastelloy filter, M2, was polished, reducing its initial surface roughness (Ra) from 4.32 µm to 0.9 µm. The loss in superficial porosity due to the polishing procedure was then recovered via chemical etching, increasing the Ra to 1.2 µm but promoting an increase in the N2 permeance from ~1 × 10−5 mol/m2/s/Pa to ~5 × 10−5 mol/m2/s/Pa (at 1 barg trans-sample pressure). Following these physico-chemical pre-treatments, the α-Al2O3 filler was introduced into the large superficial openings.



In Figure 3, the surface morphology of a superficial pore mouth on the M2 support after filling and interdiffusion barrier deposition is shown in optical-laser view and height distribution. In Figure 3a, the presence of the asymmetrical filling configuration is clearly distinguishable, with filler of lower dimension (5 and 1.5 µm) laying onto larger alumina particles (18 µm), clogging a pore of the metallic filter. In the height distribution view (right), the highest and lowest points of the surface can be observed in red and blue, respectively. The filler particles can be observed in green, while the presence of blue zones indicates that the large pore structure has been reduced into relatively smaller (<50 μm) scattered pores.



In Figure 3b, the leveling effect and the further reductions in the sizes of superficial openings, thanks to the γ-Al2O3 interdiffusion barrier deposition, are clearly observable in the laser-optical view images. In the height imaging view, a reduction in the diameter of blue zones (lowest height points corresponding to superficial openings) can be observed. Furthermore, the height distribution is more symmetrically centered around 0 (green) with respect to Figure 3a, indicating a more uniform surface.



The presence of alumina filler in the support structure is further confirmed in Figure 4 by examination of a twin support cross-section (S2). The SEM imaging shows a clear presence of larger and smaller alumina particles inside a cross-sectional pore structure surrounded by Hastelloy-X alloy. The SEM examination of the twin support’s cross-section further confirms the presence of the filler not only onto the superficial pore openings but also well inside the pore necks, guaranteeing a reduction in the average pore diameter and thus avoiding the collapse of the palladium film inside the pore during electroless plating deposition.



In Figure 5, the pore size distribution evolution after successive fillings with α-Al2O3 18, 5, and 1.5 μm of M2 is shown. In particular, the pore size distribution peak of the filled M1’s support [35] is taken as a reference for reproduction, while the filling procedure was repeated on M2 until its distribution peak was comparable to the <100 nm target imposed by M1—the pore diameter’s distribution shifts towards smaller sizes as smaller particles are introduced into the pores (decreasing with each batch of 10 fillings of 5 μm alumina and reaching the target distribution after the last 10 fillings with 1.5 μm alumina). Specifically, as elucidated in our previous work [24], 18 μm particles clog the largest pores of the filter, while by adding 5 and 1.5 μm particles, an asymmetric structure is formed, similar to the case of asymmetric ceramic supports. By proceeding step by step, the reproduction, using the target of M1’s filter support, proved successful, resulting in a final support with an average pore size of ~60–90 nm.



In Figure 6, the cross-section of a twin Pd–Ag layer produced with the chosen plating parameters on S3 is shown. In particular, the metallic support, interdiffusion barrier, and the double-plated Pd–Ag layer (average thickness 6–8 µm) can be clearly distinguished. The same average layer thickness is taken as a reference for the M2 membrane.




3.2. Membrane Testing


H2 and N2 permeance and the ideal H2/N2 selectivity of M2 are shown in Table 3. The H2 permeance exhibits the typical behavior for Pd–Ag films, showing an increased value at higher temperatures due to the activated nature of the solution diffusion mechanism for hydrogen permeation through Pd membranes. Meanwhile, the N2 permeance decreases with increasing temperature, exhibiting the presence of a Knudsen-type transport of N2 through possible isolated defects in the membrane and/or its welding parts between porous and dense metals. This consideration is further confirmed by the increase in N2 permeance with trans-membrane pressure, which increased with a positive slope from 5.5 × 10−11 mol⋅s−1⋅m−2⋅Pa−1 (at 400 °C and 1 bar) to 9.3 × 10−11 mol⋅s−1⋅m−2⋅Pa−1 (at 400 °C and 3 bar). However, since the N2 permeance is still extremely low, the increase in H2 permeation with temperature prevails, resulting in increasing H2/N2 selectivity at high temperatures.



The linear regression performed on the H2 permeation flux across the membrane as a function of temperature resulted in an n-exponent of 0.53 with an average Rsq of 0.999 for all considered temperatures (Figure 7). This value slightly deviates from the 0.5 exponents of a purely Sieverts-driven transport mechanism, highlighting the possible effect of the support (i.e., interdiffusion barrier and/or filler) on the hydrogen transport mechanism. The activation energy for this membrane amounts to 9265 J/mol, a value in the same order of magnitude as typical ones for metallic-supported membranes [23,38]. This value entails the contribution of activation energy of hydrogen transport through the Pd–Ag layer, through the interdiffusion barrier (mesoporous, which implies a lower activation energy value given by Knudsen-type transport), through the filler, and the porous metal support (both likely contributing with the viscous flow-type of transport) [19,36].



Following the single-gas tests, a CO/H2 binary-mixture fed to the membrane is analyzed to simulate the main permeating species during the steam methane reforming reaction. In Figure 8, the permeation flux of hydrogen is shown as a function of CO partial pressure. CO is well known to inhibit the Pd surface, occupying active sites for hydrogen splitting, significantly reducing the H2 permeation flow [54,55]. Furthermore, concentration polarization effects can occur, and both effects can synergically lower the H2 flux across the membrane [56,57]. In our case, a mass transfer limitation effect can be observed with decreasing H2 partial pressure and, therefore, increased CO concentration in the feed, with a progressively reduced H2 flow compared to the pure H2 permeation case. In the case of a H2 and CO mixture in the feed, the flow reduction, with respect to the pure H2 at 1 bar, 5% of CO in the feed, and 450 °C, amounts to 64.6%. This value implies a significant reduction that cannot solely be explained by mass transfer limitation effects. Firstly, the behavior of the hydrogen flux in the presence of CO was studied by fitting the CO/H2 binary-mixture tests with the model equation proposed by Barbieri et al. [54]:


    H   2   p e r m e a n c e = ( 1 − α   T       K   C O     P   C O     1 +   K   C O     P   C O       ) π   0     e   −     E   a     R T      



(7)







By assessing H2 permeance at two different CO partial pressures, it is possible to retrieve the α reduction factor and the Langmuir affinity KCO; however, since M2 is a very thin membrane (6–8 μm), mass transfer limitation effects are expected, which should be considered together with the depletion effect. To better decouple the mass transfer limitation and CO inhibition contributions, a model that predicts external mass transfer limitation effects (via a Sherwood correlation) and the depletion effect was developed. The effect of CO inhibition was then quantified by fitting the Langmuir–Sieverts with the developed model. Moreover, the use of the model allows for calculating the Langmuir parameters for CO inhibition, resulting in values of α = 0.56 and KCO = 5.7 × 10−5 Pa−1 (values that are in line with the literature values for similar types of membranes [54]).



The resulting CO inhibition curve (Figure 9a, red) initially shows a sharp reduction in H2 permeance with respect to pure H2 right after the introduction of 5% CO (CO partial pressure 10 kPa) and a less pronounced decrease in H2 permeance for CO partial pressures larger than ~10 kPa. This behavior suggests that for feed CO concentrations above 5%, the membrane surface is progressively saturated with CO, and the H2 flow reduction due to CO inhibition is less pronounced. On the other hand, by increasing the CO partial pressure, the mass transfer limitation effect proportionally increases (Figure 9a, green). This has already been reported for thicker membranes and explained with DFT calculations by Gallucci et al. [58]. These behaviors can be further observed in Figure 9b, where both contributions to H2 flow reduction are quantified. At the highest CO partial pressure (30 kPa, corresponding to 15% CO in the feed), the H2 permeance reduction due to CO inhibition corresponds to 59% with respect to the pure H2 gas, while the contribution due to the mass transfer limitation effect is 48%. Even though the CO inhibition contribution prevails, at larger CO partial pressures, it increases with a lower slope with respect to the mass transfer limitation contribution. On the other hand, the mass transfer limitation contribution to H2 flow reduction keeps proportionally increasing with a larger slope when CO partial pressure in the feed increases. This behavior further confirms the membrane’s progressive surface saturation with CO gas.



While performing CO/H2 binary-mixture tests, the presence of methane was detected in the permeating flow without any CO detection. In Figure 10, the presence of methane in the permeating flow is shown as a function of CO concentration in the feed flow. The CH4 in the permeating flow reached values close to 275 ppm at 500 °C and at a higher trans-membrane pressure. This behavior is in accordance with methanation reaction thermodynamics:


  C O + 3   H   2   = C   H   4   +   H   2   O ,   ∆   H   0   = − 206   k J / m o l  



(8)







This is favored at high pressures and low temperatures (exothermic), with an almost complete CO conversion below 450 °C. The permeation of CO, which turns into CH4 in the permeate stream in the presence of H2, might indicate the presence of defects on the membrane surface, which expose the nickel–iron of the metallic support, which in turn could catalyze the methanation reaction (a methane presence was not previously detected with the ceramic-supported membranes tested in the same equipment, excluding possible catalytic activities of the stainless steel reactor and Swagelok stainless steel connections) [59].



The catalytic activity of the steel-based supports towards methanation was previously verified by Medrano et al. [21] by testing a bare, porous metallic support similar to the one employed in this work without any Pd–Ag layer. In their work, hydrogen conversion through the metallic support was detected. However, the direct presence of methane in the examined flow was not verified [21]. The presence of CH4 as a pollutant in the permeate stream is much less detrimental with respect to the poisoning effect of CO on most fuel cells and catalysts. Thus, the removal of CO from the H2 stream in the permeate side of the membrane reactor is a further advantage that results from the use of these metallic membrane supports.



In Table 4 and Table 5, the results of the MA-SMR studies are shown. In particular, the effects of the operating temperature and pressure on methane conversion, hydrogen recovery, and separation factors are listed. The methane conversion increases with the temperature, as expected for typical methane steam reforming processes. With the selected catalyst at the selected operating parameters, the thermodynamic equilibrium conversion is reached without the membrane (conventional process). Upon membrane installation, the thermodynamic equilibrium conversion of the conventional process is overcome for each of the investigated temperatures, with the highest conversion at 500 °C, where both membrane flux and reaction rates are faster. Similarly, to our previously investigated ammonia decomposition membrane reactor [35], the methane conversion configuration increases when increasing the trans-membrane pressure. This behavior is in contrast with what is expected from the conventional process, in which methane conversion decreases with increasing pressure due to thermodynamic constraints. However, in the case of a membrane reactor, the membrane’s presence counterbalances the detrimental pressure effect, which is beneficial for H2 permeation and increases the H2 removal contribution, owing to Le Chatelier’s principle [60].



Hydrogen recovery and separation factors are strictly correlated to the membrane’s performance. However, it is important to consider that the low achievable conversion at the selected operating conditions has a direct influence on the hydrogen recovery and separation factors, as well as the low membrane surface area considered in the study. Both HRF and SF increase when the operating trans-membrane pressure is increased due to the increased H2 permeation flux through the membrane. At the highest temperature and pressure (500 °C and 5 bar) 42.2% of the produced hydrogen passes through the membrane to the permeate side. This parameter can provide more of an indication for effective membrane performance as it accounts solely for the hydrogen produced by the process with its current methane conversion. The lower H2 permeance of the metallic-supported membrane, with respect to one of the ceramic relatives, directly influences the separation factor. Optimization on gas permeance increase across the membrane surface and/or installed membrane area increase will contribute to a large improvement for the separation factor and, in turn, hydrogen recovery and achievable CH4 conversion. Moreover, the presence of competing gases in the reaction zone and along the membrane surface (e.g., CO, CH4, H2O, CO2, N2) might significantly enhance the mass transfer limitations effects, decreasing the H2 permeating flux across the membrane [57]. All these parameters can be fine-tuned by means of dedicated membrane and membrane reactor modeling and design studies, which are beyond the scope of this work. Nevertheless, it can be affirmed that with the current membrane design, the thermodynamic conversion of the conventional process is surpassed for each of the explored reaction operating conditions, setting a starting point for further metallic-supported membrane optimization studies (Figure 11).



In Table 6, a comparison between this work and the work of Medrano et al. [21] (carried out using the same setup) is reported. In [21], the focus was on investigating the high-temperature stability of a metallic-supported membrane in fluidized-bed conditions. In our work, we chose similar operating parameters to compare the experimental results for our highly selective membrane in fixed-bed conditions at 500 °C. While most outcome reaction parameters result very similar (HRF and SF due to the low permeance of metallic-supported membranes), the conversion increase given by our reactor configuration is slightly higher, probably due to the different types of catalyst in our packed-bed configuration compared to the fluidized-bed configuration of Medrano et al. However, the most remarkable difference is constituted by the permeate stream composition, which accounts for 99.3% of H2 in the case of a highly selective membrane versus 97.6% for a low selectivity membrane. This difference can become relevant when the downstream application requires high-purity hydrogen (i.e., semiconductor manufacturing, fuel cells, or aerospace industry [61,62]), which can be achieved with improved membrane selectivity. Thus, these results highlight the importance of membrane optimization, which, in the case of metallic-supported membranes for SMR, calls for an increase in H2 permeance without H2 selectivity expenditures.





4. Conclusions


The modification of a rough metallic filter (0.5 μm media grade, 50 μm pore mouths) by polishing, opening the superficial pores by etching, and filling the pores by asymmetric deposition of the particles of α-Al2O3 (reported in our previous paper) has been successfully replicated in this work. The preparation procedure has been tuned by setting a suitable support pore size distribution peak target to ~100 nm after the filling procedure. The support was successfully used for the preparation of a 6 μm thick Pd–Ag selective layer. The reproduction method proved successful, guaranteeing membrane selectivity at 500 °C and 1 bar > ~10,000.



H2/CO mixture permeation tests showed an inhibition effect due to the presence of CO with a reduction in H2 permeance with respect to pure H2 gas, well in agreement with the behavior reported in the literature, which was successfully elucidated with a predictive mass transfer limitation model. Moreover, the presence of CH4 was detected in the permeate stream, confirming the membrane support’s catalytic activity towards the methanation reaction and, thus, the support’s ability to remove CO traces from the permeate stream (avoiding possible downstream PEM fuel cell poisoning).



The tests in the MA-SMR environment showed the ability to overcome the conventional process’ thermodynamic conversion of CH4 for all the explored operating conditions, promoting an increase in methane conversion with respect to a conventional process of up to 58% at 500 °C and 4 bar while guaranteeing at least 99.3% of hydrogen purity.



Overall, the selected preparation procedure and membrane reproduction method prove suitable for further optimization and utilization in membrane reactors, paving the way toward cheaper and easily scalable support options.
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Figure 1. Picture of prepared Pd–Ag membrane (M2) for SMR studies. 
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Figure 2. Steam methane reforming setup. (1) Gas feeding system (CO, N2, H2, CH4, and air via Bronkhorst mass flow controllers); (2) controlled evaporation system for steam feed; (3) membrane reactor; (4) condensation system; (5) analysis zone (Micro GC and Horiba Bubble flowmeters). 
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Figure 3. Surface morphology imaging via laser-optical confocal microscopy and height distribution view of (a) a superficial pore mouth on M2 support, asymmetrically filled with α-Al2O3 of decreasing particle size; (b) a superficial pore mouth on M2 support, asymmetrically filled with α-Al2O3 of decreasing particle size and equipped with a γ-Al2O3 interdiffusion barrier. 
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Figure 4. Cross-sectional SEM of S2 porous Hastelloy-X support filled asymmetrically with α-Al2O3 of decreasing particle size. 
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Figure 5. Pore diameter distribution shift, retrieved via CFP, of M2 support after multiple filling cycles with α-Al2O3 particles of 18, 5, and 1.5 μm, compared with reference target M1 [35]. 
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Figure 6. Cross-sectional SEM imaging of a 6–8 µm thick Pd–Ag layer, obtained via a double 5 h electroless plating procedure on the Hastelloy-X support equipped with γ-Al2O3 interdiffusion barrier (S3). 
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Figure 7. Linear regression on H2 permeating flux across the membrane under pure gas permeation conditions at different temperatures. Exponent n can be retrieved by considering the best fit for all explored temperatures. 
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Figure 8. H2 permeation flux under CO/H2 binary-mixture test conditions, evaluated at 450 °C with 5, 10, and 15% of CO in the feed flow and compared with pure H2 permeation case. 
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Figure 9. (a) H2 permeance as a function of different CO partial pressures at 450 °C and 2 bar total pressure. Comparison between experimental data points (black) and estimated points calculated with (1) fit parameters K0 and α, according to Equation (7) of the Sieverts–Langmuir model by Barbieri et al. (black, dashed); (2) predictive mass transfer limitation model by Ververs et al. (blue); and (3) sole CO inhibition contribution (red). (b) H2 permeance reduction given by CO inhibition (red) and mass transfer limitations (blue). 
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Figure 10. Methane concentration in the permeate stream as a function of CO concentration in the feed flow, evaluated at 1, 2, and 3 barg trans-membrane pressure and 500 °C. 
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Figure 11. Methane conversion of the M2A-SMR compared with conventional SMR experimental campaign and calculated thermodynamic equilibrium conversion for conventional SMR at 400, 450, and 500 °C and reference pressure conditions (4 bar). 
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Table 1. Prepared supports and their modifications.
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Support

	
Polishing

	
Etching

	
Filling with α-Al2O3

	
Ɣ-Al2O3

Layer

	
Pd–Ag

2 Layers




	
18 µm

	
5 µm

	
1.5 µm






	
M2

	
Yes

	
Yes

	
Yes

	
Yes

	
Yes

	
Yes

	
Yes




	
S2

	
Yes

	
Yes

	
Yes

	
Yes

	
Yes

	
--

	
--




	
S3

	
Yes

	
Yes

	
--

	
--

	
--

	
Yes

	
Yes











 





Table 2. Explored experimental conditions for single-gas permeation tests, binary-mixture permeation tests, and MA-SMR reaction tests. For SMR, a reference case without membrane was investigated at 4 bars for each examined temperature.
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Single-Gas Permeation Tests






	
Single gases investigated

	
H2, N2




	
Temperature (°C)

	
400, 450, 500




	
Retentate Pressure (bar)

	
2, 3, 4




	
Permeate Pressure (bar)

	
1




	
Binary-mixture permeation tests




	
Binary mixture

	
CO/H2




	
Temperature (°C)

	
400, 450, 500




	
Retentate Pressure (bar)

	
2, 3, 4




	
Permeate Pressure (bar)

	
1




	
CO in feed (vol%)

	
5, 10, 15




	
Methane steam reforming




	

	
Membrane-assisted

	
Conventional




	
Temperature (°C)

	
400, 450, 500

	
400, 450, 500




	
Retentate Pressure (bar)

	
2, 3, 4, 5

	
4




	
Permeate Pressure (-)

	
vacuum

	
-




	
CH4 in feed (%v/v)

	
24

	
24




	
Steam to Carbon ratio (-)

	
3:1

	
3:1











 





Table 3. H2 permeance, N2 permeance, and ideal H2 selectivity of M2 at 400, 450, and 500 °C and 1 bar trans-membrane pressure.
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	Temperature

(°C)
	H2 Permeance

(mol/s/m2/Pa)
	N2 Permeance

(mol/s/m2/Pa)
	H2/N2

Ideal Selectivity

(-)





	400
	6.3 × 10−7
	5.5 × 10−11
	11,454



	450
	6.4 × 10−7
	3.8 × 10−11
	16,842



	500
	7.5 × 10−7
	3.7 × 10−11
	20,270










 





Table 4. SMR temperature behavior: CH4 conversion, HRF, and SF evaluated at 4 bar and 400, 450, and 500 °C both for conventional and MA-SMR.
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Calculated

	
Conventional

	
Membrane Reactor




	
T

	
Thermodynamic Equilibrium Conversion

	
CH4

Conversion

	
CH4

Conversion

	
H2

Recovery

	
Separation Factor




	
(°C)

	
(%)

	
(%)

	
(%)

	
(%)

	
(%)






	
400

	
11.8

	
10.1

	
15.3

	
1.5

	
8.8




	
450

	
18.2

	
18.2

	
31.8

	
10.7

	
31.6




	
500

	
26.7

	
26.7

	
42.1

	
13.9

	
32.5











 





Table 5. SMR pressure behavior: CH4 conversion, HRF, and SF evaluated at 500 °C and 2, 3, 4, and 5 bar both for conventional and MA-SMR.
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Calculated

	
Conventional

	
Membrane Reactor




	
P

	
Thermodynamic Equilibrium Conversion

	
CH4

Conversion

	
CH4

Conversion

	
H2

Recovery

	
Separation Factor




	
(Bar)

	
(%)

	
(%)

	
(%)

	
(%)

	
(%)






	
2

	
34.4

	
-

	
39.0

	
10.4

	
19.4




	
3

	
29.7

	
-

	
39.9

	
12.6

	
26.2




	
4

	
26.7

	
26.7

	
42.1

	
13.9

	
32.5




	
5

	
24.6

	
-

	
52.4

	
15.4

	
42.2











 





Table 6. Comparison between the main reaction performance indicators of the M2-assisted SMR in fixed-bed configuration reported in this work and the membrane-assisted SMR in fluidized-bed configuration reported in previous work.
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This Work

	
Medrano et al. [21]




	
Reactor






	
Configuration

	
Fixed bed

	
Fluidized bed




	
Catalyst

	
2%wt Rh/Al2O3, 300 g

	
NiO/CaAl2O4, 300 g




	
Ghsv (L × min−1 × gcat−1)

	
0.012

	
0.012–0.017




	
Membrane




	
Configuration

	
Supported tubular

Pd-based membrane

	
Supported tubular

Pd-based membrane




	
Support (-)

	
Metallic

(Hastelloy-X, 0.5 μm MG, Hebei Golden Flame Wire Mesh Co., Hengshui, China)

	
Metallic

(Hastelloy-X, 0.1 μm MG, pre-treated)




	
Selective layer composition (-)

	
Pd–Ag

	
Pd–Ag




	
Selective layer thickness (μm)

	
  ~  6–8

	
  ~  6–8 *




	
Length

(mm)

	
90

	
137




	
H2 permeance before SMR

(at 450 °C and 1 barg) (mol/s/m2/Pa)

	
6.4 × 10−7

	
8.6 × 10−7




	
H2/N2 ideal perm-selectivity before SMR

(at 450 °C and 1 barg)

(-)

	
16,842

	
574




	
CH4 conversion increase (%)




	
T = 500 °C, 4 bar

	
58

	
46 **




	
H2 recovery factor (%)




	
T = 500 °C, 4 bar

	
14

	
17 **




	
H2 separation factor (%)




	
T = 500 °C, 4 bar

	
33

	
35 **




	
H2 in permeate side (%)




	
T = 500 °C, 4 bar

	
99.3

	
97.6








* Derived from SEM imaging in the manuscript.** Derived from manuscript’s plots analysis.
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