

  processes-08-00078




processes-08-00078







Processes 2020, 8(1), 78; doi:10.3390/pr8010078




Article



Modeling, Simulation, and Operability Analysis of a Nonisothermal, Countercurrent, Polymer Membrane Reactor



Brent A. Bishop[image: Orcid] and Fernando V. Lima *





Department of Chemical and Biomedical Engineering, West Virginia University, Morgantown, WV 26506, USA









*



Correspondence: Fernando.Lima@mail.wvu.edu; Tel.: +1-304-280-0903







Received: 16 October 2019 / Accepted: 2 January 2020 / Published: 7 January 2020



Abstract

:

As interest in the modularization and intensification of chemical processes continues to grow, more research must be directed towards the modeling and analysis of these units. Intensified process units such as polymer membrane reactors pose unique challenges pertaining to design and operation that have not been fully addressed. In this work, a novel approach for modeling membrane reactors is developed in AVEVA’s Simcentral Simulation Platform. The produced model allows for the simulation of polymer membrane reactors under nonisothermal and countercurrent operation for the first time. This model is then applied to generate an operability mapping to study how operating points translate to overall unit performance. This work demonstrates how operability analyses can be used to identify areas of improvement in membrane reactor design, other than just using operability mapping studies to identify optimal input conditions. The performed analysis enables the quantification of the Pareto frontier that ultimately leads to design improvements that both increase overall performance and decreases the cost of the unit.
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1. Introduction


Modular equipment is an emerging technology that offers many potential benefits in terms of increased safety, flexibility, and ease of modification [1]. However, to take advantage of or access the benefits of modular plants, traditional processes must be significantly reduced in size for easier transportation and assembly. This design philosophy goes against the long-standing tradition of building massive chemical plants to take advantage of economies of scale. These modular plants cannot simply be smaller versions of traditional processes, but they must also be more efficient than their traditional counterparts.



This concept of increased efficiency of process units gave rise to the technologies associated with process intensification. Process intensification (PI) is defined as “any chemical engineering development that leads to substantially smaller, cleaner, and more energy efficient technologies.” [1] In many cases, this is achieved by combining multiple phenomena in a single process unit (i.e., reactive distillation, reactive crystallization, [2] and membrane reactors) rather than performing step-by-step unit operations. Although PI can greatly improve the efficiency of the unit, intensified processes pose challenges to modeling and in the control/operations of these units.



As combinations of phenomena are introduced in a unit, the complexity of the resulting problem grows. In the case of a membrane reactor, reaction kinetics, heat duty, and membrane permeation must all be considered at every point along the reactor. For some cases, the problem can be simplified by making isothermal assumptions to remove the heat duty or enthalpy from permeation, cocurrent operation to avoid boundary value problems, and utilization of membrane materials such as palladium where only one component is capable of permeating into or out of the process. These simplifications greatly reduce the time required to run online optimization or modeling studies, but at the cost of a loss in accuracy.



These aforementioned phenomena are so interdependent, that the removal of any one of them can result in very different results. These simplifying assumptions may lead to a gap in understanding of the behavior of membrane reactors.



The first objective in this research is to present a modeling methodology that addresses these issues in which the fundamental phenomena present are broken down into individual blocks that are assembled to create the complex behavior of a membrane reactor. This method provides a reliable way of simulating a countercurrent, nonisothermal, and bidirectional-permeation membrane reactor model.



Second, with the use of this model, operability analysis [3,4] is performed for a polymer membrane reactor for the first time. The operability concept is used to study the relationship between unit performance and operational decisions. This analysis helps with improving the understanding of the benefits and drawbacks of polymer membranes and provides a direction for future work in the design of membrane materials.



Third, the operability analyses are also employed to drive future membrane reactor design decisions. Others have used operability analysis previously to improve membrane reactor design [3,4,5,6], but this proposed approach differs in a key way. Prior work in operability either looked at how design changes could be used to improve a nominal operating point or what the optimal nominal point of a given design would be. In this work, operability is used to identify the Pareto frontier for optimization in order to drive design decisions for overall performance improvement.



These three contributions form the necessary foundation for future work in developing an effective mixed-integer algorithm for determining an optimum modular design that improves unit operability. The outline of the rest of this paper is as follows. First, the membrane reactor modeling, simulation, and operability analysis approaches are introduced. These approaches are then employed for simulating the polymer membrane reactor unit and performing the operability mapping for identifying the Pareto frontier and redesigning the membrane reactor. The paper is closed with conclusions and some directions for future work.




2. Modeling, Simulation, and Operability Approach


2.1. Membrane Reactor Modeling Approach


For this study, a water-gas shift membrane reactor (WGS-MR) system in a shell and tube reactor is considered as shown in Figure 1. The membrane reactor model is developed as a one-dimensional, nonisothermal, single tube, and countercurrent unit. The unit is assumed to be operated at steady-state using pressure-driven flow calculations in the AVEVA SimCentral Simulation Platform (AVEVA Group plc. Cambridge, UK) The process side, which is a packed bed, is modeled using the Ergun Equation (1), while the sweep gas side uses the Colbrooke Equation (2) for modeling the pressure drop.



Ergun equation, tube:


    d  p t    d z   =   150 μ      D p   2         (  1 − ϵ  )   2     ϵ 3     v s  +   1.75 ρ    D p       (  1 − ϵ  )     ϵ 3     v s   |   v s   |   



(1)




where μ is the fluid’s viscosity, Dp is the catalyst particle diameter, ε is the void fraction of the catalyst, vs is the superficial velocity of the fluid, and  ρ  is the fluid density.



Colebrook equation, shell:


    d  p s    d z   =   64 f μ  v s    2    D h   2     



(2)




where Dh is the hydraulic diameter of the shell side and f is the Darcy friction factor that can be obtained by solving the implicit formula:


   1   f    = − 2 log  (   ϵ  3.7  D h    +   2.51   R e  f     )   



(3)







On the tube side of the reactor, the water-gas shift reaction and membrane permeation take place, whereas only membrane permeation contributes to changes in the mole balance of the shell side. Therefore, the mole balance can be described by Equations (4) and (5) below, assuming plug-flow operation.



Mole balance, tube:


    d  F  i , t     d z   =  r i   A t  −  J i  π  d t   



(4)




where    F  i , t     is the molar flow rate in the tube,    r i    is the species reaction rate,    A t    is the cross sectional area of a single tube,    J i    is the molar flux across the membrane, and    d t    is the diameter of a single tube. The subscript i denotes the species and z is the reactor axial coordinate. For the water-gas shift reaction,    r i  =  r  C O     for i = CO, H2O,    r i  = −  r  C O     for i = CO2, H2, and    r i  = 0   for N2. The reaction rate,    r  C O    , is assumed to be for the low-temperature water-gas shift. (Cu/ZnO/Al2O3) catalyst and is modeled using the reaction provided in Reference [7].



Mole balance, shell:


  −   d  F  i , s     d z   =  J i  π  d t   



(5)




where    F  i , s     is the flowrate in the shell. For this study, counter-current operation is used, and thus, a negative sign is required. The molar flux of a polymer membrane can be captured using a Fickian diffusion model with the partial pressure gradient of each component as the driving force:


   J i  =    Q  i , o    δ   (   p  i , t   −  p  i , s    )   



(6)




in which    Q  i , o     is the permeance, δ is the membrane thickness, and    p  i , t     and    p  i , s     are the partial pressures of species i on the tube and shell sides, respectively. For the case of the considered polybenzimidazole-based polymer membrane, the permeance values selected for this study come from References [8,9,10,11] and are shown in Table 1.



Hence, in this case, all the species that are present are capable of crossing through the membrane. This is important to consider for later as the sweep gas, steam, is three times more permeable than the hydrogen through the polymer membrane whereas the other species permeabilities are very low, but not negligible.



Lastly, the energy balances for each side of the reactor are considered for the calculation of their temperatures. In a membrane reactor, there are three factors that contribute to changes in temperature: reactions, heat duty, and the Joules-Thomson effect as material permeates from one side of the membrane to the other. Considering a thin control volume along the length of the membrane reactor, these three effects can be modeled with the following energy balances:



Energy balance, tube:


  0 =   d  (   F t   H t   )    d z   +   ∑  i   J i  π  d t    ∫    p t     p s       (    ∂  H i    ∂ p    )     T i    d p + U π  d t   (   T t  −  T s   )   



(7)







Energy balance, shell:


  0 =   d  (   F s   H s   )    d z   +   ∑  i   J i  π  d t    ∫    p t     p s       (    ∂  H i    ∂ p    )     T i    d p + U π  d t   (   T t  −  T s   )   



(8)




in which the central term accounts for the Joule-Thomson effect caused by material leaving or entering each side through the membrane. pt is the total tube pressure, ps is the total shell pressure, and      (    ∂  H i    ∂ p    )     T i      is the isothermal Joule-Thomson coefficient for species i at constant temperature    T i    (where    T i    is the temperature of the side species i originated). The last term in the balance accounts for the heat duty across the membrane where U is the overall heat transfer coefficient, which is assumed to have a value of 30 W/m2-K for gas-to-gas convective heat transfer [12]. Normally, this value would change as a function of mass flowrate of the tube and shell sides; however, the dominating terms for heat duty on the lab scale reactor studied are the heat transfer area and the temperature gradient so potential U variations are expected to have a minimal effect when compared to the heats of reaction and Joule-Thomson effects. Finally, the temperature change due to the reaction is accounted for by the change in composition in the expanded form of the first term.




2.2. Block-Based Modeling and Simulation Approach


To simulate the polymer membrane reactor, a model was developed using AVEVA’s equation-oriented SimCentral Simulation Platform [13] employing a block-based phenomena concept. This method allows for the simulation of complex membrane systems that may take too long in other platforms to calculate all the operating conditions required for a reasonable operability analysis to take place.



The model is constructed by discretizing along the length of the membrane reactor and modeling each of the produced sections using a model element referred to as “MemElem.” MemElem is further broken down into submodels, where each of which captures the various phenomena that occur in a membrane reactor. A block diagram of how these submodels are connected to each other within the MemElem model is provided in Figure 2.



For a thin slice along the length of a membrane reactor, the tube and shell sides of the reactor can be assumed to operate as a continuous stirred-tank reactor (CSTR), where the outlets are equal to the current state of the reactor, depicted in Figure 2 as “TubeState” and “ShellState.” These state submodels determine the thermodynamic state on each side of the reactor and send that information (in this case the molar composition (Z), pressure, and temperature) to the other submodels. The other submodels handle the calculations of the membrane permeation (Flux Model, PermStateS, and PermStateT) and reaction kinetics (Tube Rxn). The results from all the submodels are used by the MemElem model to calculate the mass and energy balances. Lastly, these thin sections of membrane can be combined in series to produce the full membrane reactor structure as seen in Figure 3.



This methodology allows for the simulation of countercurrent, nonisothermal, and bidirectional permeation of a polymer membrane system quickly enough that it can be solved in real-time in a dynamic simulation using an Intel® Core™ i7-4790 CPU @ 3.60GHz processor. Although for the purposes of this analysis, all simulations will be performed at steady-state conditions, the dynamic simulation and control of this reactor will be subject of subsequent studies.



By dividing the model into blocks that are dedicated to each of the phenomena that occur in the membrane reactor unit, additional features and unit customization are available to the user. By adding or removing blocks from the model, MemElem is thus capable of simulating a membrane reactor, membrane separator, packed-bed reactor, or heat exchanger. For example, if a user is interested in using MemElem to simulate a stand-alone packed-bed reactor with heat transfer, they would remove the Flux Model, PermStateS, and PermStateT blocks (see blocks in Figure 2). The potential benefits of being able to do this customization are covered in more depth in the Results section.



Although a block-based phenomena approach to modeling and simulating membrane reactor systems in an equation-oriented modeling environment provides the ability for conducting mixed-integer design optimizations, control studies, etc., the initialization process for this approach is challenging and the swapping in and out of the blocks may cause the model to become unsolved if the transition between solutions is discontinuous.



In equation-oriented modeling, it is necessary that the solver can find a unique solution at every step of the initialization process. This means two conditions should remain true throughout the initialization process: (1) the system of equations that describe the model must have a finite number of solutions; (2) the transition between intermediate solutions should be either continuous or smooth. If the system has infinitely many solutions, the solver will be unable to find a solution because the system is indeterminate. This can be a problem for the PermStateS and PermStateT blocks, which require N + 2 independent thermodynamic properties to be uniquely defined. During the initialization process, there is no material permeating across the membrane; therefore, there is no unique solution for what the N component mole fractions of the permeating material are and the PermState blocks can become unsolved. Arbitrary values could be sent to the PermState submodels so they remain solved, but this can lead to the second issue described above. If the provided arbitrary values are very different from the actual values in the final solution, the solver is unlikely to arrive at a solution, especially if the system is in countercurrent mode. Because the initialization approach is the most challenging barrier in the modeling of the countercurrent, nonisothermal, polymer membrane reactor, a comprehensive description of the developed approach is a necessary point of discussion.



This process begins by flowing the contents of the tube and shell side cocurrently with specified pressure drops for each side and no heat or mass transfer interactions between the two sides. This allows the TubeState and ShellState submodels in Figure 2 to solve for initial solutions for the thermodynamic states of the tube and shell side and gives MemElem the opportunity to establish an initial mass and energy balance for the system. Once the model is filled with initial values, the goal is then to introduce each element of the desired model in such a way that the two conditions mentioned above can be satisfied. The elements that need to be added to the initial model are: (1) pressure drop; (2) reaction kinetics; (3) countercurrent operation; (4) membrane permeation and heat transfer. This order of adding elements in steps 1–4 was determined to be the most effective in initializing the block-based modeling approach as each step provides the best possible guess for the next element to be added to the model.



Lastly, a series of “contact” variables, C, are implemented that facilitate the transition from step 3 to step 4. The standard formula used for these contact variables is of the form:


  S =  S 1  ∗  (  1 − C  )  +  S 2  ∗ C  



(9)




where S is the solution used by the model, S1 represents an initial solution, and S2 represents a desired solution. By switching the value of the contact variable from 0 to 1, the value of S will switch from S1 to S2 continuously rather than discretely, making the model much easier for the solver to determine a solution. This same concept has also been applied at the block level of the model where contact variables can remove entire blocks from the model. This feature, combined with the fact that the block-based approach allows for simulating multiple unit operations by adding or removing blocks, creates a design space for a membrane reactor model using this MemElem concept that is homotopic. That is to say, every possible topological design for the unit is connected to every other design through a continuous deformation. This is especially appealing for a mixed-integer optimization problem, as the solution space can now be continuous and the transitions can take place without having to reinitialize the model.



This initialization procedure makes this model very useful for conducting operability analyses where many operating conditions must be simulated in quick succession. To demonstrate this, two performance metrics are selected for the membrane reactor unit. Reactor performance is assessed using the metrics of H2 recovery (RH2) and CO2 capture (CCO2) defined as follows:


   R   H 2    =    H 2    i n   p e r m e a t e    (   H 2  + C O  )  i n   f e e d   =    F   H 2  , p      F   H 2  , f   +  F  C O , f      



(10)






   C  C  O 2    =   c a r b o n   i n   r e t e n t a t e   c a r b o n   i n   f e e d   =    F  C O , r   +  F  C  O 2  , r      F  C O , f   +  F  C  O 2  , f      



(11)







To achieve the different values for RH2 and CCO2, the process flowrate and sweep gas flowrate are manipulated with the use of two flow control valves, FC1 and FC2, as shown in Figure 4.



The valves are sized assuming they are 50% open at the nominal operating point. The manual positions of FC1 and FC2 are then varied between 10–100% open and the values of hydrogen recovery and carbon capture are recorded to produce the operability mapping in Section 3.2 below.




2.3. Operability Analysis


Operability ultimately serves as the interface between design and control [14]. Traditionally, when creating a plant, the unit will undergo a design phase for the pieces of equipment before it undergoes a design phase for the control system. However, as the interest in intensified processes grows, the literature has identified that “process design, operation, and control should be considered simultaneously, or in other terms, they should be fully integrated” [15] for intensified processes. Because operability can provide the interface between design and control, any intensified process (such as the polymer membrane reactor unit considered in this work) should undergo such an analysis to identify the control challenges upfront and to determine if any design changes can be implemented to mitigate these challenges. Set-point operability is used in this research to measure the performance of the membrane reactor design, as defined in the operability analysis for square systems [14]. The mapping of inputs (  u ∈  ℝ m   ) of a model (M) to its outputs (  y ∈  ℝ p   ) can be formulated the following way:


  M =  {       x ˙  = f  (  x , u  )        y = g  (  x , u  )           h 1   (   x ˙  , x , y ,  u ˙  , u  )  = 0          h 2   (   x ˙  , x , y ,  u ˙  , u  )  ≥ 0        



(12)




in which   x ∈  ℝ n    are the state variables and    h 1    and    h 2    are equality and inequality process constraints, respectively. Additionally,   x ˙   and   u ˙   represent time derivatives associated with  x  and  u , respectively, and  f  and  g  are nonlinear process maps.



Using the operability mapping concept, there are two sets of inputs and outputs that are important in this analysis:



Available Input Set (AIS): The set of all operational inputs or manipulated variables that are available to produce change to the output of the process and is defined as:


  A I S =  {  u |  u i  m i n   ≤  u i  ≤    u i  m a x   ; 1 ≤ i ≤ m  }   



(13)







For this study, the AIS for the polymer membrane reactor consists of the sweep gas flowrate and the syngas flow rate into the membrane unit.



Achievable Output Set (AOS): This set consists of all possible outputs that can be achieved, given the available input set and is mathematically defined as:


  A O  S u  =  {  y | M  ( u )  ; ∀ u ∈ A I S  }   



(14)







For the purposes of this study, the AOS consists of the achievable hydrogen recovery and carbon capture for the unit to analyze how the polymer membrane reactor performs under different operating conditions. In this study, the ideal performance for any membrane would be 100% recovery of hydrogen and 100% capture of CO2, thus, high performance in these two outputs is desired. A schematic visual depiction of these spaces is provided in Figure 5.



Because the AOS corresponds to the set of all the outputs that can be achieved given the entire set of inputs, the ideal objective is to improve the design until the entire AOS meets some desired output specifications. In the ideal case, all the available inputs would map to a desired region of the output space. In the opposite case, if the unit is designed considering only the nominal operating point, a control system could face significant challenges, as the window for effective control shrinks significantly, making process disturbances much more difficult to reject. Therefore, the goal of the operability analyses in this paper is to determine design changes that can expand the AOS, and therefore, move the membrane reactor closer to the ideal case as described above.





3. Results


3.1. Simulation of the Polymer Membrane Reactor Model


The operating conditions for this study are taken from Reference [8]. The reactor utilizes as process stream a syngas feed that has undergone the necessary removal of impurities, while the chosen sweep gas is steam. The inlet composition of these streams can be found in Table 2.



The syngas feed enters the tube side of the reactor at 300 °C, 47.63 atm, and with a volumetric flow rate of 400 cm3/min. The sweep gas enters the shell as pure, saturated steam at 25.86 atm and a volumetric flowrate of 400 cm3/min. The reactor consists of a single tube (1.02 cm diameter) and shell (6.12 cm diameter) arrangement with a total reactor length of 300 cm. A membrane thickness of 100 nm is selected to reflect an industrially relevant thickness [9,10,11]. Under these conditions, a simulation was run using the block-based phenomena modeling approach and compared to the simulation data from Radcliffe et al. [8] for validation. The results of such comparison are shown in Table 3. In future work, the authors will pursue the additional validation of the model with experimental data.



Using the nominal conditions described above, profiles for the permeation rates of hydrogen and steam are produced as shown in Figure 6.



Although the other components, CO2, CO, and N2, are also permeating through the membrane, they are permeating at a much lower rate than H2 and H2O, depicted in Figure 6. This result shows an interesting characteristic of the polymer membrane. For about the first sixth of the reactor, H2O (steam) is being removed from the tube side along with the H2 product. However, for the remainder of the reactor, steam is being injected into the tube side of the reactor. During this time, the sweep gas enters the catalytic tube side, reacts to become hydrogen, and then permeates back to the shell side as a product. This is a nice property for an equilibrium-limited reaction such as WGS, because not only is the membrane removing a main product, but it is also providing steam injection for enhanced conversion. This would be a useful property for cases where the CO/H2O ratio of the feed becomes greater than one and there is insufficient steam to convert all the CO to CO2.



Temperature is also an important factor to consider as WGS is known to produce a significant amount of heat and becomes equilibrium limited as the temperature increases. The temperature profiles for the tube and shell sides at the nominal operating condition and for a syngas feed at 200 °C can be seen in Figure 7.



It is important to note in Figure 7 the temperature spike at the beginning of the reactor. The conditions at the inlet of the reactor lie very far to the left of equilibrium. This is evidenced by the fact that steam is permeating out of the tube side at the beginning of the process. The reaction rates are much greater than in a normal WGS reactor because H2 product is being removed, thus, also removing a major equilibrium limitation, but also introducing a large temperature spike. This problem of excess heat in polymer membrane reactors was reported by Singh et al. [11] who stated that “syngas operating temperatures in the vicinity of the water-gas shift (WGS) reactors ranges from 200 to 500 °C, depending on the WGS stage and catalyst used.” This illustrates the importance of including the nonisothermal reactor operation in the modeling approach, as the reactor inlet temperature for our past study [8] leads to reactor temperatures that exceed the glass transition temperature (Tg = 450 °C) and would eventually cause degradation of the polymer membrane material.



These simulation results indicate many research pathways for the design of membrane reactors. Most membrane reactor models require simplifications to the problem in order to produce results in a tractable manner, especially when performing an operability analysis (or online optimization) that requires many simulations to be run to produce the output space for further analysis. However, these simplifications are harder to justify in the design and simulation of intensified processes. The purpose of combining phenomena such as mass transfer and kinetics is to see how the performance of the unit can be improved by having them work in tandem. However, as shown earlier with the temperature profile in Figure 7, there are also difficult challenges that arise when combining them. As more phenomena are combined in these process units, the more interdependent they become, and the more difficult it is to design the equipment to meet the desired output specifications [2,15,16].



Isothermal operation is often assumed for a few reasons. The reaction rate, equilibrium, and the membrane permeance are all affected by the temperature in the reactor. When this is coupled with the interdependence that the phenomena have with each other, it creates a very complex behavior and difficult calculation before even considering how the tube side of the membrane reactor might interact with the shell side for heat transfer calculations.



The difficulty in solving for the state of the tube or shell side of the membrane reactor is a reason the Joule-Thomson is normally not considered. In most cases, the Joule-Thomson effect has a minor impact on the accuracy of the temperature and requires accurate knowledge of the temperature at a given point in the reactor to calculate accurately. Many membranes, such as palladium-based membranes, are highly selective to only H2, and therefore, do not need to consider this effect. Because of this, it is normally not worthwhile from a modeling perspective unless other nonisothermal factors are being considered in the model. However, in the case of polymer membranes with a high selectivity for H2O permeation and nearly a 22 atm difference in pressure across the membrane wall, the Joules-Thomson effect may be more important to include.



The stated complexities are also the reason for avoiding countercurrent operation in membrane reactor simulation. The significant dependency on the states of each side of the reactor creates a very difficult boundary-value problem, where even slight changes to the conditions of one side of the reactor can lead to dramatically different solutions overall. In most traditional unit operations such as heat exchangers and reactors, the profiles will still have similar shapes, but will shift, compress, or contract as unit operations are varied. However, with the membrane reactor model, different operating points lead to dramatically different behaviors, and because of this, countercurrent operation is generally avoided.



Lastly, membranes such as the polybenzimidazole are able to have multiple components permeating in both directions simultaneously. This only becomes difficult when combined with countercurrent operation as this allows for a circulation effect to occur in the membrane reactor. For example, steam flows countercurrently to the tube side, permeates to the tube side, reacts to become hydrogen, flows cocurrently within the tube, and then permeates back to the shell side before leaving the reactor. Given all these aforementioned challenges, the proposed model of the comprehensive nonisothermal, countercurrent membrane reactor with bidirectional permeation is thus one of the significant contributions of this work.




3.2. Operability Analysis of Polymer Membrane Reactors


Once a reliable modeling approach is established, an operability analysis is conducted using the process model to see the behavior of the polymer membrane at various operating conditions. The results of this operability mapping can be found in Figure 8.



This operability mapping in Figure 8 provides a good representation of the challenges caused by the nonlinearity of the system. It appears that if the flowrate of sweep gas increases to much more than that of the syngas (process flow), then the output becomes very constrained in terms of achievability (indicated by the square markers in Figure 8). This contrasts with the opposite mode of operation (sweep gas flow rate is much less than the syngas flowrate), where the two-dimensional input space is still mapped to another two-dimensional output space.



The achievable output set (AOS) also appears to form a Pareto front. The use of input-output mapping was also demonstrated by Messac and Mattson for generating Pareto points through physical programming [17]. Employing this concept in an operability framework proves to be a useful tool in identifying both operational shortcomings and potential design solutions for the polymer membrane reactor. To show this, an analysis is conducted to identify which points in the output space fit the definition of a Pareto optimal point. A point is considered to be Pareto optimal if one objective cannot be improved without degrading another objective. This analysis is performed using a MATLAB script that checks each point in the output set for Pareto optimality. Since the ideal membrane output would be 100% CO2 capture with 100% H2 recovery, a “best compromise” point is defined here as the Pareto optimal point with the shortest Euclidean distance between itself, and the ideal output point. This analysis is performed in MATLAB using the pdist function with the ‘Euclidean’ norm option. The result of this analysis is shown in Figure 9.



This Pareto frontier in Figure 9, by definition, characterizes the best performance this polymer membrane reactor design can achieve, given the available inputs. To see how this operability analysis can help drive future design decisions, three operating points are selected from the Pareto front for further analysis based on where they are located in the output space; (i) high CO2 capture, low H2 recovery; (ii) low CO2 capture, high H2 recovery; (iii) a “best compromise” point (shown as a green star in Figure 9). The points at each end of the Pareto front were selected and for the purpose of easier comparison, the H2 and H2O fluxes associated with these points were calculated, shown in Figure 10.



The profiles in Figure 10 explain how the high CO2 capture or high H2 recovery is achieved. In Figure 10a, the process reaches an equilibrium within the first third of the reactor due to a relatively high flowrate of sweep gas. Slightly manipulating the sweep gas flowrate at this condition would reduce the permeation, but the membrane reactor would still reach this equilibrium. This results in very good H2 recovery, but poor CO2 capture as CO2 continues to permeate out of the tube side despite the H2 recovery process already being finished. Conversely, Figure 10b shows that steam injection is occurring at the end of the membrane reactor, leaving little room left in the reactor for the sweep gas to capture the newly produced H2 product. This low sweep gas flowrate means that very little CO2 will escape from the reactor, leading to optimum CO2 capture, but at the cost of reducing H2 recovery.



The operating points selected for the simulations in Figure 10 show what is happening at the extreme ends of the Pareto frontier. For the next simulation, the best compromise point is selected from the elbow of the Pareto front to see how the polymer membrane reactor can achieve both high H2 recovery and CO2 capture. The results of this simulation are shown in Figure 11.



Unlike the simulation in Figure 10a, the process did not hit an equilibrium point where all potential H2 recovery is completed. This means that although CO2 is still being lost to the shell side, H2 is also being recovered. Another improvement is that the steam injection process is completed before reaching the end of the membrane reactor. Taking what was learned from Figure 10b, this avoids hydrogen being formed at the end of the membrane reactor and not having space remaining to be captured. There are three lessons to be learned from this analysis; (i) steam injection appears to be beneficial at the beginning of the reactor; (ii) the end of the reactor should be primarily used for H2 recovery; (iii) CO2 continues to permeate out of the tube side at all points of the reactor (an undesired feature).



By further analyzing the Pareto frontier in Figure 9, the polymer membrane reactor does not struggle to recover H2 but seems to be limited in its ability to capture CO2. Therefore, the goal should be to push the Pareto front upward by improving the CO2 capture of the unit. However, as previously mentioned, there is no operational change that can achieve this improvement. Therefore, a design change must be proposed to improve the process in this direction.




3.3. Redesign of the Polymer Membrane Reactor


The first two points learned from the operability analysis above focus on improving H2 recovery and should remain features of any new design decision. The third point deals with CO2 permeating out of the tube side, reducing the CO2 capture of the unit and should be the focus of the design change. CO2 permeation is increased by an increase in sweep gas flow in the presence of the membrane. Because sweep gas flow is needed for the H2 recovery to occur, one obvious choice is to strategically remove the polymer membrane from certain areas of the reactor. Because membrane is needed at the beginning of the membrane reactor for the steam injection and at the end for H2 recovery, the only place left is to remove it from the center of the reactor. The proposed redesign to avoid the issue of unnecessary CO2 permeation is shown in Figure 12.



To simulate this redesign, the contact variables along with the block-based modeling approach described above can be used to allow for the removal of membrane without the need to reinitialize the model. Figure 13 shows the block-diagram representation for the packed-bed reactor section of the unit.



The input space from the original operability analysis is applied to this new design modeled and simulated in the AVEVA SimCentral Simulation Platform. An example, using the best compromise operating point along with the new design, produces the flux profiles found in Figure 14.



For this new design, in Figure 14, steam injection is still taking place in the beginning of the membrane reactor and is almost complete by the end of the reactor while H2 is being recovered at the end of the membrane reactor as desired. Additionally, it is important to compare the flux of CO2 in both designs (in Figure 11 versus Figure 14) with the desire for reducing the CO2 lost to the shell side. This comparison is shown in Figure 15.



By removing the polymer membrane from the center of the reactor, less CO2 can permeate to the sweep gas, thus improving the capture percentage while maintaining a similar H2 recovery. The Pareto analysis was conducted again on this new design and compared to the original design as shown in Figure 16.



Note that not only this new design change pushes the maximum CO2 capture closer to 100%, it also increased the minimum possible CO2 capture from 5.8% to 38.1%. Moreover, this design potentially brings economic benefits, as the amount of membrane material required to achieve the outputs is reduced. This study shows that operability analyses can provide insights for improving the design of membrane reactors in terms of performance targets and/or cost.





4. Conclusions and Future Work


This paper introduced a new modeling and operability analysis method for polymer membrane reactor studies. The modeling approach presented aimed to reduce the number of simplifying assumptions as much as possible to capture the complex behavior of polymer membranes. As a result, the following features were included in the membrane model for the study where normally some combination of them would be excluded: (i) nonisothermal operation—heat transfer across the tube wall, Joule-Thomson cooling and heating, heat of reaction, and thermal inertia for dynamic calculations; (ii) countercurrent operation; (iii) simultaneous, bidirectional permeation of multiple components.



Although this study is performed assuming steady-state operations, it should be noted that the polymer membrane reactor model also runs reliably in a dynamic simulation where additional features such as thermal inertia from the membrane materials can be considered. The hope is to continue to push these bounds in future work to further study the interdependence of phenomena and improve the overall operation of intensified equipment.



This modeling approach allowed for the first operability analysis of a polymer membrane reactor. In this work, an operability analysis showed a few important considerations when operating a polymer-based membrane reactor (1) nearly half of the available input space was mapped to a one-dimensional curve in the output space; and (2) although such reactors are able to recover H2 effectively, it comes at the cost of lower CO2 capture.



The first point is an undesirable feature of many membrane reactors and leads to problems for those who have worked in operability. If one is interested in which inputs are required to achieve a desired output, it is impossible to perform back calculations if more than one input can achieve that output. This fact would also be relevant for control studies associated with membrane. The second point highlights the tradeoff of switching to a polymer-based membrane rather than a more expensive palladium membrane, but also provides an objective for improving polymer membrane design.



This work also presented a new contribution for operability analyses. This type of analysis has always been useful for seeing how inputs translate to the output space. The use of operability to determine the Pareto front was employed in this study to motivate design changes to the WGS polymer membrane reactor unit. By applying this concept to the operability analysis, a best tradeoff point can be selected and compared to other operating points to determine possible design changes to improve the operability of the system. Although the process of running the analysis, diagnosing the problem areas, and using this info to develop a new design had a logical thought process applied to it, it is still an empirical approach. Future work will focus on the development of a mathematical optimization algorithm using the block-based modeling approach, and the operability and Pareto analyses shown in this work to design equipment with the objective of improving or expanding the entire output set given an available input set.
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Figure 1. Schematic of the polymer membrane which consists of a tube packed with catalyst surrounded by a polymer membrane to allow simultaneous reaction and permeation. 
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Figure 2. The submodel structure for the MemElem model. 
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Figure 3. Each MemElem submodel [1, 2, …, N − 1, N] is combined in series to complete the calculation of the full polymer membrane reactor unit. 
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Figure 4. Depiction of the membrane reactor and control valves present in the simulation. 
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Figure 5. Example of an available input set (AIS) being mapped to an achievable output set (AOS) with the use of a process model (M). 
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Figure 6. Profile of the permeation rates for hydrogen and steam down the length of the polymer membrane reactor. 
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Figure 7. Temperature profiles of the tube and shell sides for nonisothermal operations. 
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Figure 8. Input-output mapping of the polymer membrane reactor. For ease of understanding, parts of the mapping region (shown using the x and ◻ markings) are marked differently to see how the inputs are mapped to the output space. 
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Figure 9. AOS points with the Pareto frontier included and the “best compromise” marked by a star. 
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Figure 10. (a) Flux profile with the highest H2 recovery. (b) Flux profile with the highest CO2 capture. 






Figure 10. (a) Flux profile with the highest H2 recovery. (b) Flux profile with the highest CO2 capture.



[image: Processes 08 00078 g010]







[image: Processes 08 00078 g011 550] 





Figure 11. Flux profile for the “best compromise” operating condition (syngas-to-steam ratio = 0.92). 
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Figure 12. Proposed redesign of the polymer membrane reactor with membrane being removed from the center of the unit (MR = polymer membrane reactor, R = Reactor). 
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Figure 13. Diagram representing how removal of the Flux, PermStateT, and PermStateS submodels leads to the MemElem model of a packed-bed reactor. 
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Figure 14. Flux profiles for the modified membrane reactor design with the membrane tube being replaced by a non-permeative tube. 
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Figure 15. (a) Flux profile for the original design showing the continuous permeation of CO2 out of the reactor. (b) Flux profile for the modified design where the polymer membrane was replaced with non-permeative tubes in the center. 






Figure 15. (a) Flux profile for the original design showing the continuous permeation of CO2 out of the reactor. (b) Flux profile for the modified design where the polymer membrane was replaced with non-permeative tubes in the center.



[image: Processes 08 00078 g015]







[image: Processes 08 00078 g016 550] 





Figure 16. Comparison of the Pareto fronts for the original and modified designs. 
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Table 1. Component permeance (Qi,o) and permeability (Pi,o) values used reported in gas permeation units (GPU) and barrer, respectively, as well as the ideal selectivities (αH2/i) of hydrogen relative to other components in the syngas.
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	Component (i)
	Qi,o (GPU)
	Pi,o (Barrer)
	αH2/i





	H2
	250.0
	25.00
	1.00



	CO2
	8.9
	0.89
	28.1



	H2O
	750.0
	75.00
	0.33



	CO
	2.5
	0.25
	100



	N2
	2.5
	0.25
	100
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Table 2. Molar composition of inlet streams, given in mole fraction.
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	Component
	Syngas Feed
	Steam Sweep





	H2
	0.1933
	0



	CO2
	0.0568
	0



	H2O
	0.4886
	1



	CO
	0.2443
	0



	N2
	0.017
	0
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Table 3. Comparison between the block-based proposed approach and literature [8].
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	Component
	Proposed Approach (%)
	Radcliffe et al. [8] (%)
	Error (%)





	XCO
	99.83
	99.36
	0.47



	RH2
	98.12
	98.38
	−0.26



	CCO2
	75.72
	75.77
	−0.07



	PurityCO2+H2O,r
	95.55
	96.05
	−0.52



	PurityH2,p
	42.00
	42.05
	−0.12
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